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SUMMARY 

Heat capacities and enthalpies are the basic thermodynamic quantities available 

through calorimetry. Accurate isobaric heat capacity, cp, enthalpy of fusion ΔfusH, and 

enthalpy of vaporisation ΔvapH data for hydrocarbon mixtures at low temperatures and 

high pressures are important to the design and operation of liquefied natural gas (LNG) 

plants.  However relatively few experimental measurements of mixture heat capacities 

have been made at high pressure and low temperature due to the expensive and 

complicated equipment and procedures involved for determining accurate and 

reproducible data. The equations of state used to calculate the calorimetric properties of 

these mixtures are usually regressed only to pressure-volume-temperature (PVT) and 

vapour liquid equilibria (VLE) data, and their ability to provide accurate heat capacity 

data has been rarely tested. To illustrate this problem and highlight the need for such 

experimental data, substantial inconsistencies in the prediction of cp by two EOS of 

industrial importance: the GERG 2008 EOS
1
 as implemented in the software REFPROP 

9.1
2
 (GERG 2008) and the Peng Robinson EOS

3
  as implemented in the process 

simulation software Aspen HYSYS,
4
 (PR-HYSYS) for binary mixture of methane (1) + 

butane (4) with x1 = 0.60 have been demonstrated in this work. 

To help address this problem, a commercial differential scanning calorimeter 

(DSC) Setaram BT2.15 was converted to a specialized high-pressure cryogenic 

calorimeter for isobaric heat capacity measurements of mixtures of light hydrocarbons. 

The optimised DSC was adapted to enable measurements of the cp of pure liquids, 

binary and multi-component mixtures of light hydrocarbons, such as those 

representatives of mixtures in an LNG plant. Three key modifications to the commercial 

DSC were required to enable these accurate cryogenic, high-pressure liquid cp 

measurements: (1) improved methods of transferring liquid from the DSC calorimeter to 

stabilise the instrument’s baseline; (2) incorporation of a ballast volume so that the 

liquid sample’s thermal expansion did not cause significant pressure changes; and (3) 

active heating of the tubing connecting the sample cell to the ballast volume to prevent 

convective heat transfer at low temperatures. These modifications were validated by 



Summary 

 

 

measurements of cp for liquid methane, ethane and propane over the ranges (108 to 

258) K, (1.1 to 6.4) MPa, with relative standard deviations of the measurements from 

the reference EOS values for these pure fluids of 0.5 %, 1.0 % and 1.5 %, respectively.  

Isobaric heat capacity cp measurements of mixtures were then conducted 

between (108 and 168) K at pressures between (1 and 6) MPa for methane (1) + 

propane (3) and methane (1) + butane (4) with methane mole fractions ranging from 0.6 

to 0.96, as well as for a five component mixture that was similar in composition to that 

of a commercial mixed refrigerant. The most significant result uncovered by these 

measurements was that for the methane + butane system with x1 = 0.6, the relative 

deviations between the data and the GERG EOS predictions increased to more than 

100 % at 118 K. Using a simplistic approach, the binary interaction parameters of the 

GERG EOS were adjusted to assess whether the poor cp predictions for the methane + 

butane binary system at low temperatures were related to the inclusion of an erroneous 

VLE data set at 244 K in its original development. While it was possible to improve the 

prediction of both the limited cp and VLE data sets selected, the required changes in the 

values of two of the binary interaction parameters were about 30 % and 50 %, which 

would very likely introduce significant errors in the prediction of the thermodynamic 

properties of this binary mixture at other conditions. A global regression of the GERG 

2008 EOS to all the available high quality thermodynamic data available for this binary 

mixture is therefore recommended. 

While enthalpies of fusion for pure fluids including water, mercury and two 

ionic liquids were made successfully with the DSC, preliminary efforts to obtain 

reliable melting temperature and ΔfusH for binary mixtures of methane + hexane and 

methane + butane were largely unsuccessful. However, the mixture studies were useful 

because they helped identify the challenges to such measurements that must be 

overcome in future work. In particular, the steep slope of the SLE curve in the T-x plane 

for hydrocarbon mixtures at conditions relevant to LNG production acts to smear out 

the thermogram measured along a melting pathway. Furthermore, the inability to 

quantify the mass of material that has solidified from a liquid mixture makes reliable 

measurements of ΔfusH difficult. Potentially, the most valuable types of SLE 
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measurement for LNG applications that could be conducted with the DSC apparatus 

would involve ternary or multi-component mixtures, with the objective being to 

investigate the impact of additional light components in the liquid solvent on the 

melting temperature of the heavy solute. 

Finally, the specialised DSC was used to investigate the viability of measuring 

the measurements of ΔvapH for both pure fluids and mixtures along both condensation 

and evaporation pathways. By incorporating a high pressure syringe pump into the 

apparatus, measurements of ΔvapH for pure methane and ethane by either pathway were 

validated to within 3 % for the temperature ranges 108 to 133 K and 191 to 214 K, 

respectively. For mixtures, the effect of distillation meant that the value of ΔvapH 

measured along an evaporation pathway, along which the composition varied, was 

physically different to the value of ΔvapH measured along a condensation pathway in 

which the composition was held constant. By capturing and analysing the composition 

of vaporised samples, ΔvapH measurements for a mixture of 0.80CH4 + 0.20C2H6 at 

193 K were found to be consistent to within 2 % of the values calculated using the 

GERG EOS for both pathways. However, successful measurements of ΔvapH with the 

current apparatus were found to be limited to mixtures that are sufficiently lean and/or 

made at temperatures that are sufficiently high.  
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NOMENCLATURE 

Abbreviation  Definition 
 
 

IEA   International Energy Agency 

CGS   Coal Seam Gas  

EDR   economic demonstrated resources  

SDR    sub economic demonstrated resources  

LNG   Liquefied Natural Gas 

BP   British Petroleum 

NWSSC  North-West Shelf Shipping Company  

RET Australian Government Department of Resources, Energy and 
Tourism 

GA    Geoscience Australia  

BREE   Bureau of Resources and Energy Economics, Australia. 

MCHE   Main Cryogenic Heat Exchanger 

cp   Isobaric heat capacity 
res
pc    Residual heat capacity 

id
pc    Ideal gas heat capacity  

cσ    Saturated liquid heat capacity 

γσ    Slope of the vapour pressure curve 

Hres    residual enthalpy  

Δfus H   enthalpy of fusion  

ΔvapH    enthalpy of vaporization  

C3MR    propane pre-cooled mixed refrigerant 

MR   mixed refrigerants  

EOS   Equation of State 

PR   Peng-Robinson 

GERG   The Groupe European de Recherche Gaziere 

PR–REFPROP  Peng-Robinson as implemented in REFPROP 

PR–HYSYS  Peng-Robinson as implemented in HYSYS 

OD   outside diameter 



Nomenclature 

 

 

ID   inside diameter ID 

HPLC    A high-pressure liquid chromatography pump 

PI   Proportional-integral control 

Vcell    Volume of the cell 

ΔTstep    Temperature step 

IUPAC   International Union of Pure and Applied Chemistry  

IACT    International Association of Chemical Thermodynamics  

ICTAC   International Confederation for Thermal Analysis and Calorimetry  

ESTAC   the European Society of Thermal Analysis and Calorimetry  

v   specific volume  

α   coefficient of thermal expansion  

κT   isothermal compressibility  

H   Enthalpy 

U   Internal Energy 

P   Pressure 

V   Volume 

T   Temperature 

R   Gas constant 

Po   Pressure at reference state 

f   Fugacity 

VLE   Vapour-Liquid Equilibrium 

PVT   Pressure Volume Temperature  

SLE   Solid-Liquid  Equilibrium  

Tc   Critical point 

x   Liquid mole fraction 

Vm   Molar volume 

a   PR EOS critical property-dependent parameter. 

b   PR EOS critical property-dependent parameter. 

α   PR parameter dependent on temperature and acentric factor. 

φ   Fugacity coefficient 

φo   Reference fugacity coefficient 

Tref   Reference temperature  

Patm   Atmospheric pressure 
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z   Overall composition 

PRT   Platinum resistance thermometer 

GC   Gas Chromatograph 

DSC   Differential Scanning Calorimeter 

Q   Heat flow 

ρ   Density 

t   Time 
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Chapter 1 Introduction. 

This Chapter introduces the motivation for the work and describes the extensive 

resources of natural gas in Australia. The central theme of the research, specific goals, 

objectives of the research and outline of the thesis are presented in this chapter. 

1.1 World demand for clean energy 

 

The world has an increasing requirement for clean energy sources due to global concern 

and awareness of CO2 emissions. Many countries already have placed a carbon tax on 

all commercial and domestic sources of CO2 emissions. A demand from domestic, 

commercial and industrial users for clean fuel is escalating at an ever increasing rate. 

Natural gas is the cleanest fossil fuel, the most environmentally friendly, and produces 

significantly lower carbon emissions than oil and coal, thus becoming a popular choice 

for consumers. All fossil fuels have some effect on the environment. The different 

pollutants related with them and average percentage emissions of pollutants from coal, 

oil and natural gas are shown in Figure1.1  

 

Figure 1.1 Average percentage emissions of different pollutants from the use of coal, 

oil and natural gas are shown in the bar chart and table converted to kg/kJ 

from the original data in pound per billion Btu of energy. (source: Energy 

Information Administration, Office of Oil and Gas, U.S. Department of 

Energy, Washington).
5
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Traditionally natural gas was considered as a domestic commodity but now, due to the 

higher cost of oil and the requirement of the environmental friendly fuels, natural gas is 

gaining more attention as an alternate fuel. Natural gas is an important fuel source for 

transportation and electricity generation as well as a major feedstock for fertilizers. 

Global proven reserves of natural gas at the end of 2010 were 7033.82 EJ (exajoule)  

(6363.6 tcf) and current production rate is 121.42 EJ (109.9 tcf) which is equal to 58 

years of supply at the current production rate.6 Global proven reserves and reserves to 

production ratio of various fossil fuels are shown in Table 1.1 and Figure1.2. The 

International Energy Agency (IEA) estimates that globally there are over 15500 EJ 

(14124 tcf) of remaining recoverable resources of conventional gas sufficient for 120 

years at current production rate.  Estimated conventional and unconventional gas 

resources have  also been made, giving total gas reserves sufficient to last for more than 

250 years.6 

 

Figure 1.2 The global proven reserves of fossil fuels in exajoule [EJ], global 

production in EJ per year and proven reserves to production ratio in years 

are shown in the bar chart.
6
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 Table 1.1 The global proven reserves of fossil fuels, global production and proven 

reserves to production ratio.   

1.2 Australia’s natural gas resources and production capacity 

 
Australia is fortunate to have large natural gas resources mostly in the subsea but some 

onshore. The location and infrastructure of conventional gas resources, coal seam gas 

resources, gas basins, and gas processing plants are shown in the Figure 1.3.7 Major 

conventional gas resources (around 92 %) are located in the Carnarvon, Browse and 

Bonaparte basins off the North West coast. Large coal seam gas (CGS) resources are 

located in coal basins of Queensland and New South Wales. Tight gas accumulations 

are in South Australia, Western Australia and Victoria.7 The Gladstone and Queensland 

Curtis facilities are being sourced from coal seam gas (CSG) associated with coal 

deposits. 

Australia’s economically demonstrated resources (EDR) and sub economically 

demonstrated resources (SDR) of conventional gas at the beginning of 2011 were 173 

EJ (157 tcf) (Geoscience Australia 2012),7 which are sufficient for 54 years based on 

current production capacity. In addition to these demonstrated (EDR &SDR) resources 

of conventional gas Australia has abundant unconventional gas resources of coal seam 

gas (CSG), tight gas, shale gas, inferred resources and potential in ground resources 

(geothermal)  which are shown in Table 1.27. Coal seam gas (CSG) is the name given to 

any naturally occurring gas trapped in underground coal seams by water and ground 

pressure. The most common gas found in coal seams is methane. 

Proven reserves 

2010 

Production 

2010

Reserves to 

production ratio 

Carbon dioxide 

emission

Exajoule  [EJ] [EJ/year] [years]  [g / kWh]

Natural gas 7033.82 121.42 57.93 370

crude oil 8708.54 163.29 53.33 640

coal 18505.66 154.91 119.46 720

The global proven reserves of fossil fuels 

Fossil fuel
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Figure 1.3 The location of Australia’s gas resources and infrastructure from 

reference.
7
 

Shale gas is a natural gas accumulation that is locked in tiny bubble-like pockets within 

layered sedimentary rock. Shale gas is trapped in shale rock, which can be released by 

the advanced technique of rock fracturing, whereas tight gas is dispersed within low-

porosity silt or sand areas that create a tight-fitting environment for the gas: special 

procedures and equipment are required for gathering shale and tight gas. Additional 

costs are associated with their production.. 
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Table 1.2 Total Australia gas resources (Conventional gas demonstrated resources as 

of January 2011; CSG demonstrated resources as of January 2012), 

adapted from reference 
7
. 

1.3 Liquefaction of natural gas 

 

The Australian gas sites from where the majority of natural gas is available are in 

remote areas or in the sea. Australia’s domestic gas consumption is small compared to 

its current production capacity. To export Australian gas to the large consumer 

populations in Asia, particularly Japan, Korea, India and China, by offshore pipeline 

would involve considerable cost. The cost of pipeline transport is an increasing function 

of the pipeline length because it carries with it high capital, maintenance and operational 

costs. The general rule of thumb is that beyond 4000 km it is more economical to 

liquefy natural gas and to use shipment as a means of the transportation8. Natural gas 

can be purified to primarily methane and then condensed into a liquid (LNG) by cooling 

it to around -160 oC (113 K) at atmospheric pressure. The liquefaction is ultimately 

economical because in liquid form the natural gas occupies a very small volume 

compared to methane gas: only 1/600th  the volume of the natural gas at standard 

temperature and pressure. Thus the liquefaction process helps reach the volumetric 

energy density needed to make the shipping of the gas economically viable. LNG can be 

transported safely and easily in custom made tankers or containers with a volumetric 

PJ tcf PJ tcf PJ tcf PJ tcf PJ tcf

EDR (economic 

demonstrated 

resources) 113,400  103           35,905    33             - - - - 149,305  136           

SDR (sub-economic 

demonstrated 

resources) 59,600    54             65,529    60             - - 2,200       2                127,329  116           

Inferred Resources 11,000    10             122,020  111           22,052    20             - - 155,072  141           

Potential in ground 

resources unknown unknown 35,434    31             unknown unknown 433,400  394           468,834  425           

Total 184,000  167           258,888  235           22,052    20             435,600  396           900,540  818           

Total Australia Gas Resources
Conventional Gas Coal Seam Gas Tight Gas Shale Gas Total Gas

Resource Category
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capacity of between 140,000 m3 to 180,000 m3. The BP LNG tanker operated by North-

West Shelf Shipping Company (NWSSC), the Northwest Shearwater is shown in 

Figure 1.4. 

  

 

Figure 1.4 The BP LNG tanker of  NWSSC from reference 
9
.
 

1.4 Australian LNG exports. 

 
In 2011 Australia exported around 48 % of its total production (18 Mt, 972 PJ, 0.9 tcf) 

as LNG (liquefied natural gas) worth approximately $10.4 billion and as a result has 

become  the third largest LNG exporter in the Asia Pacific and the fourth largest in the 

world.7 Australia is still expanding and upgrading its current facilities and new projects 

are also being planned. An estimated $186 billion of investments are planned for the 

construction and operation of new natural gas processing projects over the coming 

decade and projects awaiting final investment decisions involve additional investments 

of about $50 billion. Australia’s existing, under construction and future planned natural 

gas liquefaction facilities and their capacities as of August 2012 are shown in the Table 

1.3. If all projects eventuate then by the end of the decade the Australia’s LNG export 
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capacity will exceed Qatar’s and Nigeria’s capacities, currently the major LNG 

suppliers in the world. 7 

Project Capacity 
(mtpa) 

Capex 
($billion) Status 

Operating 
North West Shelf (NWS) 17.1 27 Producing 

Darwin LNG 3.7 1.8 Producing 

Pluto - Train 1 4.3 15 Producing 

Sub total 25 44   
Under Construction 

NWS - GWF Development - 2.5 Early-2016 

NWS - Life Extension - 5 2013 

North Rankin – Redevelopment - 5.3 2015 

Prelude 3.5 8.5 2016 

Gladstone LNG*1 7.8 16.2 2015 

Queensland Curtis LNG*1 8.5 19.6 2014 

Wheatstone 8.9 24 2016 

Ichthys 8.4 27 Late-2016 

Gorgon 15 43 2015 

Australia Pacific LNG 14 35 
Train 1 - 2015 

Train 2 - 2016 

Sub total 66 186   

Awaiting Final Investment Decision (FID) 
Pluto - Train 3 4.3 8 TBD 

Pluto - Train 2 4.3 10 TBD 

Browse 12 35 TBD 

Sub total 20.6 53   
Total projects in Australia 111.6 283   

Table 1.3 Australia’s existing, under construction and future planned LNG facilities 

with their capacities in million tonne per annum (source: Australian 

Government Department of Resources, Energy and Tourism (RET) 

Geoscience Australia (GA) and the Bureau of Resources and Energy 

Economics (BREE).
7 

1.5 Natural gas compositions  

 
Natural gas is a methane rich, colourless and odourless gas mixture containing ethane, 

propane, butane, pentane and other components. Other components in natural gas can 

                                                 
*1Coal Seam Gas (CSG). 
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include hexane, octane, decane and some heavier aromatic hydrocarbons. Natural gas 

can also contain toxic, hazardous and less valuable components like carbon dioxide, 

hydrogen sulphide, nitrogen and mercury with widely varying mole fractions in the gas 

mixture; their concentration depends on geographical location and geological properties 

of the well. Compositions of some natural gas reservoirs from various sources are given 

in Table 1.4.10  

Component Australia Abu Dhabi Malaysia Indonesia Brunei Qatar 

(100 x) Karratha Das Island Bintulu Arun Bontang Lumut Ras 
Laffan 

Methane 87.8 87.1 91.2 89.2 90.6 89.4 89.6 

Ethane 8.3 11.4 4.3 8.6 6 6.35 6.3 

Propane 2.98 1.27 2.87 1.67 2.48 2.8 2.19 

Butanes 0.875 0.141 1.36 0.51 0.82 1.3 1.07 

Pentanes 0 0.001 0.01 0.02 0.01 0 0.04 

Other ~ ~ 0.18 ~ ~ 0.11 0.77 

Table 1.4 Typical natural gas mole fractions, as 100 x from different geographical 

locations from reference 
10

.  

1.6 LNG Processing 

 

Natural gas feedstock for LNG production in Australia can currently be sourced from 

conventional natural gas fields or from coal seam gas (CSG) associated with coal 

deposits. The liquefaction of natural gas is carried out in a gas processing plant. The 

feed stream from the well can contain toxic and corrosive components and their removal 

is essential. The undesirable components and problems related with them are tabulated 

in Table 1.5.8 
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Table 1.5 Typical undesirable component in well stream and problems related with 

them, adapted from reference 
8
.
 

The first step is the removal of acid gases like Hydrogen sulpfide (H2S) and Carbon 

dioxide (CO2) in an amine gas sweetening plant using selected amines. In the second 

step natural gas is dried as water is a major cause for hydrate formation and it can freeze 

out in the heat exchangers or in the piping during the liquefaction of the gas stream. In 

conventional gas processing, water is usually removed by using a glycol dehydration 

process in a glycol scrubber; however to achieve the low water content required for 

LNG production, dehydration is achieved by drying using molecular sieve absorbers 

containing zeolites. The third step is the removal of mercury from the gas stream as 

mercury can react with the aluminium tubing of the main cryogenic heat exchanger 

(MCHE), the heart of LNG plant. Mercury is removed by trapping it in the activated 

charcoal bed containing sulfur. In the last step the sweet gas stream is taken into a pre 

cooler and then to a cryogenic distillation column, (known as the scrub column), which 

is used to recover propane and heavier hydrocarbons and limit the concentration of 

these components heading to the MCHE. Almost 70 % of the total energy requirement 

for liquefaction is utilized at in liquefying the gas once it enters the MCHE. A process 

block diagram of a typical LNG facility is shown in Figure 1.5. 11 

Substance Problems
Hydrogen sulfide (H2S ) Toxic and corrosive
Carbon dioxide (CO2 ) Corrosive, crystalize in cryogenic conditions, and no heating value
Mercury (Hg ) Toxic and corrosive mainly with Aluminium
Water (H2O ) Corrosive, freeze in tubes and form hydrates
Heavy hydrocarbons (C7+ ) Condense during transport
Nitrogen (N2 ) No heating value

Toxic, corrosive and low value components in natural gas.
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Figure 1.5 Schematic of a typical liquefied natural gas plant from reference
11

.
 

1.7 Selection of refrigerant and cooling cycle 

 
The liquefaction of the natural gas is a highly energy demanding process. The 

liquefaction is achieved by using pure or mixed refrigerants. The selection of the 

refrigerant and the cooling cycle is the most critical decision made at the design stage.  

Pure and mixed refrigerants are widely used in cascade refrigeration cycles. When using 

pure refrigerants the cooling curve of the refrigerant is like a stair step curve against the 

natural gas. A typical temperature – enthalpy removal diagram (i.e cooling curve) for 

the liquefaction of natural gas is shown in Figure 1.6.12 In contrast a mixed refrigerant 

curve is smoother and stays closer to the curve of the natural gas. This indicates that 

mixed refrigerant, typically composed of mixtures of methane, ethane, propane, and 

butane is a better choice as a refrigerant because the thermodynamic efficiency of heat 

transfer is maximised when the temperature difference between the heat source and sink 

is minimised. The composition of the mixed refrigerant is an important factor which 

determines how close the refrigerant curve can match the cooling curve of natural gas. 
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However, while mixed refrigerant processes are more efficient and the most commonly 

utilised in LNG production, cycles based on pure fluids are becoming increasingly 

popular for their simplicity and robustness of their engineering operations. 

 

Figure 1.6 Cooling curves of pure- and mixed refrigerants vs. natural gas, from 

reference  
12

. 

The most commonly used refrigeration cycle in LNG facilities is C3MR, as shown in 

Figure 1.7, which uses pure propane in a pre-cool stage and a mixed refrigerant in the 

MCHE. 

 

Figure 1.7 Propane pre-cooled mixed refrigerant (C3MR) process, from reference 
13

. 
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The liquefaction process essentially works like any conventional refrigerator. In a basic 

refrigeration cycle, the refrigerant is first compressed and passed through the condenser, 

to produce a high-pressure liquid phase. It then passes through an expansion valve or 

turbo-expander where the temperature and pressure of the refrigerant are lowered via an 

isenthalpic or near-isentropic expansion, respectively. The liquid refrigerant is now at a 

lower temperature than the natural gas, and energy is exchanged between the two fluids 

in the evaporator, where the refrigerant vaporizes. In the C3MR process,  first natural 

gas is cooled down to -35oC (238.15 K) by the propane cycle, than it is cooled further to 

-161.48 oC (111.67 K) by the mixed refrigerant (MR) cycle. 

1.8 Role of calorimetric data in the design, simulation, and operation of LNG 

plant 

 
Heat capacities and enthalpies are the basic thermodynamic quantities available through 

calorimetry. Accurate isobaric heat capacity, cp, and enthalpy of vapourisation ΔvapH 

data for hydrocarbon systems at low temperatures and high pressures are important to 

the design and operation of liquefied natural gas (LNG) plants. Knowledge of these 

properties is useful not only for reliable simulations of the heat transfer operations, but 

also in the design of the main cryogenic heat exchanger (MCHE).   Knowledge of the 

heat capacities and enthalpies is also useful in the design and operation of fractionation 

towers used to separate mixtures, where a knowledge of the vapour liquid equilibrium 

(VLE) on each tray of a cryogenic distillation column depends sensitively on the tray’s 

temperature, which in turn is determined by an energy balance involving fluid 

enthalpies.14 The enthalpy of fusion ΔvapH for heavy hydrocarbon components in the 

natural gas that is being liquefied is also important because it can be used to determine 

the solubility of that component in the liquefying natural gas as a function of 

temperature, pressure and composition. If the threshold concentration at which heavy 

hydrocarbons entering the MCHE should be kept below is not accurately known, their 
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potential solidification in the cryogenic section of the plant can cause reduced heat 

transfer efficiency or even blockages, both of which have significant economic 

implications.  

1.9 Limitations of current thermodynamic models and quality of existing data 

 

Aspen HYSYS and PRO-II are well known process simulators which are widely used 

by the oil and gas industry for the design of equipment and process simulations. These 

software use various equations of state (EOS) coupled with experimental data from 

different sources to predict thermo-physical behaviour of gas mixtures and mixed 

refrigerants for the design of equipment size and plant capacities. The most frequently 

used equations of state are the SRK (the Soave, Redlich and Kwong 1972) and the PR 

(Peng and Robinson 1976). These equations of state are only as accurate as the 

thermodynamic data to which they are tuned and limited data exists for cryogenic, high 

pressure multi-component gas mixtures.15 Furthermore, the cubic EOS’s used by 

simulators are known to have several significant deficiencies which introduce additional 

uncertainty in the simulator’s results16. Whiting (1996) suggested that different 

algorithms used by process simulators during the design phase can affect equipment 

design.17  Presently, due to a lack of reliable experimental thermodynamic data at 

relevant conditions, larger design margins need to be included resulting in an oversizing 

of process equipment. More accurate process simulators have the potential to reduce the 

construction and operation costs of a liquefaction facility. In addition, accurate process 

simulation data will result in the reduction in operational cost of LNG plants.18 The 

capital and the operational costs of the main cryogenic heat exchanger (MCHE) and 

scrub columns are very large and any improvements in energy or processing efficiency 

will have a significant effect on the viability of future developments.  
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1.10 Data needs to improve LNG process description 

 

Accurate prediction of the thermodynamic properties of natural gas at low temperature 

and high pressure is of great importance to the design of low temperature gas separation 

and liquefaction plants. However relatively few experimental measurements of heat 

capacities have been made at high pressure and low temperature due to the expensive 

and complicated equipment and procedures involved for determining accurate and 

reproducible data. In the development of a fundamental equation of state for ethane, no 

caloric data were used due to the poor quality of available isobaric heat capacity data for 

ethane.19  Haase and Tillman (1994), and Shmaksov(1973) investigated heat capacities 

near the critical isochor of ethane no experimental uncertainties were provided19. 

Isobaric heat capacity data for binary mixtures and multicomponent hydrocarbon 

mixtures over a wide range of temperature and pressure are minimal.  

The equations of state used to calculate the calorimetric properties of these mixtures are 

usually regressed only to pressure-volume-temperature (PVT) and vapour liquid 

equilibria (VLE) data, and their ability to provide accurate heat capacity data has been 

rarely tested. This is in part because there are few accurate measurements of isobaric 

heat capacity cp for binary and multicomponent hydrocarbon liquid mixtures at 

conditions relevant to LNG operations. The substantial inconsistencies of the prediction 

of cp by two EOS of industrial importance: the GERG 2008 EOS1 as implemented in the 

software REFPROP 9.12 (GERG 2008) and the Peng Robinson EOS3  as implemented 

in the process simulation software Aspen HYSYS,4 (PR-HYSYS) and as in the software 

REFPROP 9.12 (PR-REFPROP) for binary mixture of methane (1) + butane (4) with x1 

= 0.60 are shown in Figure 1.8. 
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Figure 1.8 Relative deviations (cp-cp,ref)/cp,ref of the predicted isobaric heat capacity cp  

for methane (1) +  butane (4) with x1 = 0.60,  from cp,ref   calculated from 

GERG 2008.
1
 Calculated:---, PR–REFPROP,

3
 x1 = 0.60 , p = 5.20 MPa;   ̶ 

· ̶  , PR–HYSYS,
3
 x1 = 0.60 , p = 5.20 MPa. 

One reason for the observed deviations of the PR-HYSYS and PR-REPROP from the 

GERG 2008 predictions is that the latter was developed for methane rich mixtures and 

the calorimetric data sets used in its development were mainly for pure components 

with very limited binary calorimetric data. Resolving this type of inconsistency is 

particularly important, for example, to the design of mixed refrigerants that often 

include butane. 

1.11 Goals and objectives of this research 

 

The main goal of this research was to develop a novel differential scanning calorimeter 

technique capable of measuring accurate isobaric heat capacity, cp, and potentially the 

enthalpy of fusion, ΔfusH, and enthalpy of vaporization, ΔvapH for pure hydrocarbons and 

binary mixtures similar to LNG at high pressures and cryogenic temperatures. The 

specific aims of this research are: 
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 Convert / modify a commercial differential scanning calorimeter (DSC) Setaram 

BT2.15 to a specialized high-pressure cryogenic calorimeter, to optimise it for 

heat isobaric capacity measurements of mixtures of light hydrocarbons. These 

included: 

o Developing methods and procedures for loading a sample into the 

calorimeter and removing the sample from of the calorimeter 

quantitatively for analysis. 

o Controlling any temperature inversion in the feed tube due to nitrogen 

boil off in the main calorimeter cooling system. 

o Ensuring the pressure of the liquid sample did not increase significantly 

as the temperature scan was conducted, and that vaporisation did not 

corrupt the cp measurement. 

 Use the optimised DSC to measure the cp of pure fluids, binary and multi-

component mixtures of light hydrocarbons, such as those representative of 

mixtures in an LNG plant, to test the performance of various equations of state 

used to model such plants. 

 Explore the potential of using the optimised DSC to measure enthalpies of 

fusion and vaporisation directly in these mixtures.  

1.12 Outline of thesis 

 

This thesis is presented in a hybrid format. The content of Chapters 1, 2, 6 and 7 has not 

yet been published elsewhere. Some or all of the content of Chapters 3, 4, and 5 has 

been published as refereed journal publications. That content has been partially re-

formatted here to be consistent with the style of the thesis, although headings from the 

journal articles are retained. Chapter 6, which has not yet been published, is presented in 

a similar format to Chapters 3, 4 and 5 so that it can be submitted readily for publication 

at a later stage. 

The outline of the thesis is as follows: 
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Chapter 1  Introduces the motivation for the work and the natural gas resources in 

Australia. The central theme of the research, specific goals, objectives 

of the research and outline of the thesis are presented in this chapter. 

Chapter 2  Presents a literature review highlighting the importance of this 

research, and identifies the specific opportunities for improvement to 

the DSC and the advantages and disadvantage associated with the 

final design. 

Chapter 3  Describes the modified calorimetric system and its operation, the data 

analysis techniques used, and results of cp measurements made for 

pure and binary liquid hydrocarbons to demonstrate the capability of 

the system.  

Chapter 4  Outlines the procedures and additional modifications required for 

mixture measurements and presents results of cp measurements made 

for liquid binary and multicomponent mixtures at low temperatures 

and high pressures. 

Chapter 5 Presents the methods and analysis of melting temperature and 

enthalpy of fusion measurements made for pure mercury, water, two 

ionic liquids, and mixtures of methane + butane and methane + 

hexane. 

Chapter 6  Describes the modifications to the apparatus and method needed to 

attempt measurements of the enthalpy of vaporization. Results 

obtained for pure methane, pure ethane and binary mixtures of 

methane + ethane, methane + propane and ethane + propane are 

presented and analysed. 

Chapter 7  Presents the research conclusions, highlights the original contributions 

made by this research, and discusses future research directions.  
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Chapter 2 Literature review.  

 

This chapter reviews calorimetric data that would be useful for LNG processing. In this 

chapter the following are considered: Calorimetric methods for measuring isobaric heat 

capacity, enthalpy of fusion and enthalpy of vaporization for liquids (pure, binary, and 

multicomponent) at high pressure and low temperature. Binary and multicomponent 

fluids are identified for which isobaric heat capacities need to be measured. 

2.1 Direct measurement of isobaric heat capacity and enthalpy of liquids 

 

Measurements of heat capacities of pure liquids and mixtures through calorimetry have 

a long history and many distinguished scientists have contributed to the development of 

state of the art equipment, methods and procedures. This calorimetric research work and 

experimental results in various fields were of interest for many regional, national and 

international organization and associations. They organize regular scientific meetings 

and published experimental results and methods. These organizations include the 

Physical Chemistry Division Committee of the International Union of Pure and Applied 

Chemistry (IUPAC), International Association of Chemical Thermodynamics (IACT), 

International Confederation for Thermal Analysis and Calorimetry (ICTAC), the 

European Society of Thermal Analysis and Calorimetry (ESTAC) and many others in 

France, Germany, Poland and Russia. 

Many reviews articles, monographs, and books on the calorimetric method and its 

application have been written over the last century. The Reader is referred to the 

monographs edited by McCullough and Scott,20 Hemminger and Hӧhne,21 Marsh and 

O’Hare,22 Goodwin et al., 23 and by Wilhelm and Letcher.24 Interpretation and advances 

in the understanding of the isobaric heat capacities of chemically reacting  liquids was 

given by Blandamer et al.25 and heat capacities of chemically non reacting liquids by 

Wilhelm.26 The thermodynamics of liquid mixtures including detailed experimental and 



Chapter 2  

20 | P a g e  

 

theoretical aspects of the thermodynamic properties of liquid mixture were reviewed by 

Marsh.27-29 Experimental results on the thermodynamic properties of binary and 

multicomponent organic liquid mixtures were published in various bibliographies and in 

the annual edition of the Bulletin of Chemical thermodynamics-IUPAC, R.D.Freeman 

(editor), Oklahoma State University Press, Stillwater, OK74078. 28 The International 

Union of Pure and Applied Chemistry (IUPAC), through the previous Commission on 

Thermodynamics, has prepared monographs and reviews on the experimental 

procedures, standards and reporting of uncertainties for heat capacity measurement of 

pure liquid. A review monograph entitled  “Heat capacity of liquids: Critical Review 

and Recommended Values”  was published  in 1996 in the Journal of Physical and 

Chemical Reference Data as Monograph No.6  and supplements I and II were added to 

the Monograph in 2001 and 2010, respectively.30,31  

2.2 Review of calorimetric properties data needed for LNG production 

 

This section is devoted to the examination of the literature which is relevant to the 

accurate isobaric heat capacity measurements of cryogenic, high pressure pure, binary, 

and multicomponent hydrocarbon fluids including refrigerant mixtures, which were 

experimentally investigated in this work over a wide temperature and pressure range. 

Isobaric heat capacity, cp and enthalpy of fusion, ΔfusH data for pure fluids are available 

in the literature over a wide range of temperature and pressure. Reference equations of 

states are available for most pure fluids. However, measurements of the isobaric heat 

capacity, cp and enthalpy of fusion, ΔfusH for multicomponent hydrocarbon systems at 

low temperatures and high pressures are limited and are of variable quality.  Due to the 

experimental difficulties related with the direct measurement of heat capacities of 

mixtures, most of the values for binary and multicomponent mixtures used in process 

simulators are  calculated or estimated using basic thermodynamic relations based on 
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PVT and VLE measurements and cubic equation of state (EOS).32 These values have 

unknown uncertainties and are used in various simulators used by the oil and gas 

industry for the design of equipment and processes and to predict thermo-physical 

behaviour of liquid and gas mixtures.33 The cubic EOS’s used are known to have 

several significant deficiencies which introduce additional uncertainty in the simulator’s 

predictions.16 Selected heat capacity literature data of pure fluids, binary mixtures and 

multicomponent mixtures along with references and reference equation of states are 

listed in Table 2.1.  

Fluid Heat Capacity References Reference 
EOS  

Methane Wiebe and Brevoot,34 Hestermans and 
White,35 Jones et al. ,36 Van Kasteren and 
Zeldenrust.37  

Setzmann and 
Wagner38 

Ethane Wiebe and Brevoot,39 Witt et al.,40  Roder 
et al.,41 Grini  et al.42  

Bucker and 
Wagner19 

Propane Kemp and Egan,43  Perkins et al.44 Lemmon et al.45 

methylbenzene (toluene) Grolier and Faradjzadeh,
46

 Fortier and 

Benson’s,
47

 Scott et al,
48 Chirico and 

Steele,
49

 *Lemmon and Span.50 

Lemmon and 
Span50 

Heptane McCullough and  Messerly,51 Douglas et 
al.,52 Bissengaliyeva et al., 53 *Span and 
Wagner.54 

Span and 
Wagner54 

Heptane + Toluene Holzhauer and Ziegler,
55

 Fortier and 

Benson,
47

 Grolier and Faradjzadeh.
46 

 

Methane + Propane Yesavage,56  Mather,57 Manker,58 Grini et 
al. 59

 

 

Methane + Butane No literature data available for the 
system. 

 

Methane + Ethane + 
Propane 

Furtado.32
   

Methane + Ethane + 
Propane + Butane + 
Nitrogen 

No literature data available for the 
system. 

 

* comparison between the EOS and literature heat capacity data is discussed in detail by Span and 

Wagner
54

 for heptane, and Lemmon and Span
50

 for toluene. 

Table 2.1 Selected literature reference for heat capacity of pure fluids, binary and 

multicomponent mixture (mixed refrigerant) and the reference EOS 
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2.3 Calorimetric methods 

 

The choice of calorimetric method and selection of suitable apparatus is not simple 

because it involves consideration of many factors e.g. temperature range, pressure 

range, accuracy desired, properties of the samples, cost of the apparatus, duration of 

experiments, and many other factors. Commercially available calorimeters come in 

many shapes and sizes and their applications are generally limited. All calorimeters 

have some advantages and disadvantages; some are limited by such factors as sample 

size, sample loading methods, mode of measurements (static or dynamic), mixing 

methods, heating and cooling rate, sensitivity and working range (temperature and 

pressure limits). Some are limited by the measuring technique such as steady state 

(adiabatic, isothermal, or isoperibol), transient or flow, drop and relaxation, or 

differential scanning. Advantages and disadvantages of various calorimetric methods 

are discussed by McCullough and Scott.20  Various types of calorimeters  have been 

described by  McCullough and Scott,20 Hemminger and Hӧhne,60 Marsh and O’Hare,22 

Goodwin et al.,23 and Zielenkiewicz.61 Classifications of heat capacity calorimeters 

based on the sample’s thermal properties and the temperature conditions of heat transfer 

between a calorimeter and its surroundings have been presented by Zielenkiewicz.61 

Recent advances in calorimetry have been described in references23,62-66 Adiabatic 

calorimeters are recognized as the most accurate method for heat capacity 

measurements at low temperature (20 K to 350 K).20 They are poorly suited for 

measurements at high pressure and often require skilful operation and/or have less 

versatility than other calorimeters.20 Enthalpy of mixing calorimeters are used to study 

molecular interactions and chemical thermodynamics.67 The development of the 

enthalpy of mixing calorimeter with and without  a vapour space and the use of Calvet 

type commercial calorimeters has been described by Grolier.67 Other popular types of 

calorimeters are flow calorimeters which have been used for heat capacity and enthalpy 
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of mixing measurements on liquids at low temperature. They have the advantage of 

rapidly making measurements at one temperature on mixtures over the composition 

range but large sample volumes are required, particularly for measurements over a 

temperature range and it is necessary to measure the mass flow of the test fluids and 

reference fluids which reduce the total accuracy. Differential Scanning Calorimetry 

(DSC) is one of the most versatile techniques for heat capacity and enthalpy of fusion 

measurements. Most commercial DSC apparatus are designed to work with small 

sample sizes and as a result gives poor accuracy. It has been demonstrated recently that 

accurate heat capacities for liquids can be measured in DSC apparatus if large samples 

and slow scan rates are used.68,69   

It is challenging to design an apparatus that can measure different thermal properties, 

such as heat capacities, enthalpies of fusion and enthalpy of vaporization (measured by 

both condensing and vaporizing samples) over a wide range of temperature and 

pressure. To minimize the degree of instrument development required to acquire reliable 

calorimetric data for cryogenic liquids at high pressures, we chose to base our 

calorimeter on a commercially available low temperature DSC and modify it as 

necessary to achieve the functionality required.70  

2.4 Differential Scanning Calorimetery (DSC) 

 

Differential Scanning Calorimetery (DSC) is one of the most convenient techniques 

available to obtain reasonably accurate measurements of a sample’s thermal behaviour 

over a wide range of conditions. It can be used to study enthalpy changes associated 

with phase transitions and reactions as well as heat capacities. There are many 

commercial DSC systems available, and Setaram is an industry leader with the C80 

model being one of the most widely used high-end DSCs available for high temperature 

measurement, having an operational temperature range of (293 to 573) K. The low 
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temperature version of the C80, the BT2.15 has an operational temperature range of (77 

to 473) K. In DSC the temperature of a block containing a sample cell and a reference 

cell is changed and the amount of heat that flows into (and out of) the two cells is 

measured using sensors (thermopiles) that, by calibration, allow voltages produced in 

the sensors by the thermo-electric effect to be converted to spatial temperature 

differences, and therefore to heat flows. To achieve high accuracy (< 5 % in total heat) 

with a DSC it is necessary to follow the principle of Tian-Calvet. Albert Tian (1880-

1972) professor of chemistry at the Faculty of Science, University of Provence, France 

(1923-1950) invented the heat flux micro-calorimeter with a thermopile of 42 junctions 

+ 7 thermocouples and used Joule or Peltier power compensation for heat flow 

calibration. Edouard Calvet (1895-1966) Tian’s PhD student introduced a differential 

arrangement to the calorimeter in 1947, making the DSC unit an extremely versatile 

method. Tian recognized that accurate measurements of the heat flow into a sample 

measured by DSC require a nearly isothermal environment in which small temperature 

gradients could be reliably related to heat flows. Calvet showed that by measuring the 

difference in the heat flow into the sample and into the reference cell many systematic 

errors related to the imperfect network of thermopiles could be cancelled out.  

Both the C80 and BT2.15 instruments have two cells and operate in a difference mode 

by having a network of thermocouples mounted cylindrically around the two cells 

contained in a massive, near-isothermal stainless steel block. The block contains two 

thermometers, one located centrally to measure the temperature of the sample and 

reference cells and another mounted near the outer surface to control the heaters (known 

as the furnace) used to set the block’s temperature. A cross section of Setaram C80 

calorimetric block and 3D schematic of the sensors is shown in Figure 2.1. The BT2.15 

is significantly more massive than the C80 because it also contains a liquid nitrogen 
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Dewar surrounding the main block so that measurements can be made at temperatures 

down to 77 K. 

  

Figure 2.1 Cross section of Setaram C80 DSC, The Setaram BT2.15 DSC has similar 

3D sensors, from reference 
70

.
 

Most commercially available DSCs are not designed for both high-pressure and 

cryogenic operation as is required in this research. Furthermore, when measuring liquid 

samples the liquid-vapour interface is normally contained within the cell and, thus, the 

heat-flux sensing region. However, this leads to two problems when measuring liquid 

samples by scanning the temperature. The first is the thermal expansion of the liquid. If 

the cell is filled completely, a large potentially unsafe pressure can build-up due to this 

expansion so it is necessary to have a vapour-filled space above the liquid surface – 

often an inert gas like N2. The second problem, which is most acute when measuring 

volatile liquid samples, is the effect of the enthalpy of vaporization on the measurement 

when the vapour-liquid interface is located in the sensing region. The BT2.15 design 

uses liquid nitrogen and its boil-off vapour to cool the entire system, with the furnace 
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supplying various amounts of heat to the block’s temperature above 77 K. Setaram 

supplies high pressure cells with connecting tubes having pressure rating of 10 MPa. 

However, the combination of the high pressure cell with a connecting tube can mean 

that the temperature of some point in the fill stem connecting the sample block to the 

high-pressure manifold is at a temperature below that of the sample cell. It is necessary 

for accurate, high-pressure cp measurements that the level of the liquid-vapour interface 

be located in the fill stem because otherwise the measurement would be corrupted by 

heats associated with vaporisation. However, if there is a temperature inversion along 

the stem when it contains liquid it will result in significant heat transfer to the 

calorimeter cell by convection. This effect is difficult to compensate for because the 

heat flow due to convection is large. To illustrate this problem, the temperature profile  

along  the calorimeter fill stem was measured as a function of height above the top of 

the sample cell, using six specialized thermometers shown in Figure 2.2 (published as 

supplementary information  to reference) 71. This problem has been partially addressed 

by other researchers68,69  but some additional refinements were made as part of this 

project. To measure heat capacities under high pressure and low temperature conditions 

relevant to LNG plants significant modifications to Setaram BT2.15 DSC were carried 

out. The details of the modification are given in the next Chapter and have been 

published in reference. 71  
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Figure 2.2 The temperature profile of the calorimeter’s measurement cell tubing 

plotted as a function of height, d, above the bottom of the measurement 

cell. Solid curves are temperature profiles with the heater control system 

on, dashed curves are temperature profiles with heaters off.  The vertical 

grey lines indicate the location of platinum resistance thermometers on the 

tubing.  The cell height is represented by (0 to 80) mm and the auxiliary 

furnace is at 525 mm. 
71

  

2.5 Prediction of heat capacity and enthalpy 

 

Heat capacities and enthalpies of pure fluids can be predicted reliably from various 

advanced equations of states over a wide range of temperature and pressure because all 

such equations were developed using very accurate experimental data including heat 

capacity data. For binary and multi-component mixtures, these advanced equations use 

the limited amount of experimental VLE and other data available. Calorimetric 

properties of binary mixtures can be estimated from ideal mixing of the gas properties 

of pure fluids by combining these with the contributions of non-ideality relative to the 

perfect gas mixture (EOS method) or relative to the pure fluids at their standard state 
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(activity coefficient method). Various mixing rules are used to find the excess or 

residual contributions due to these two types of non-ideality.  

The most commonly used equation of state (EOS) for hydrocarbons in industry and in 

various process simulators is the Peng and Robinson (PR) EOS.3 This equation and its 

various parameters are reproduced below in the format of ref 67. The PR EOS belongs 

to a family of equations called Cubic Equations of State because the equation is cubic in 

molar volume Vm. For pure fluids, the PR EOS has two parameters “a” and “b” which 

are related to the fluid’s critical properties and a third term α that is temperature 

dependent and also depends on the molecule’s shape through the acentric factor ω.72,73 

As indicated below, the PR EOS can be used to determine all the residual 

thermodynamic properties of a fluid, including the residual enthalpy, Hres given by eq.2-

8. The heat capacity at constant pressure is related to Hres, via eq. 2-11and 2-12. 
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Here res
pc is the residual heat capacity, which is the difference between the real fluid’s 

(measured) heat capacity at a given temperature and pressure, and the heat capacity of 

an ideal gas id
pc  at the same temperature and pressure. Mixing rules which combine 

these pure fluid parameters are used to enable the PR EOS to describe mixtures. The 

accuracy of the PR EOS can be improved by using alternate mixing rules or through the 

use of another adjustable parameter ijk  named the binary interaction parameter. This 

parameter is usually determined by regression of the EOS to experimental vapour-

liquid-equilibria (VLE) data but it also affects the EOS prediction of the fluid’s heat 

capacity. An additional method of tuning the PR EOS is by volume translation 

described by Peneloux et al.72  While this method was originally developed to improve 

the model’s prediction of density, it also influences the model’s prediction of Hres. Thus 

by using these two methods it should be possible to tune the PR EOS to both VLE and 

cp data for binary mixtures. 
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Chapter 3 Isobaric Heat Capacity Measurements of Liquid Methane, 

Ethane, Propane by Differential Scanning Calorimetry at High 

Pressures and Low Temperatures 

 

This chapter is an adapted version of the journal article by Syed et al. published in the 

Journal of Chemical and Engineering data.71 While the section headings from the 

journal article have been retained, the figures, equations, tables and references have 

been are renumbered and are in line with the thesis format. Furthermore, the material 

that was included as Supporting Information to the journal article has been integrated 

into the Chapter to maximise coherency. This chapter describes the modified 

calorimeter and its operation. Isobaric heat capacity measurements of liquid methane, 

ethane, propane, heptane, methylbenzene and a heptane (1) + methylbenzene (2) 

mixture are also reported and published71 to demonstrate the capability of the 

calorimeter system.  

3.1 Abstract 

 

 A commercial differential scanning calorimeter (DSC) was adapted to allow accurate 

isobaric heat capacity, cp, measurements of cryogenic, high pressure liquids. At (sub-

critical) temperatures between (108.15 and 258.15) K and pressures between (1.1 and 

6.35) MPa, the standard deviation in the measured cp values was 0.005·cp for methane, 

0.01·cp for ethane, and 0.015·cp for propane, which is comparable to both the scatter of 

cp data for these liquids measured using other techniques and with the scatter of those 

data sets about the reference EOS values. Three key modifications to the commercial 

DSC were required to enable these accurate cryogenic, high-pressure liquid cp 

measurements. First, methods of loading and removing the liquid from the calorimeter 

without moving the sample cell were developed and tested with high boiling 

temperature liquids; this modification improved the repeatability. Second, a ballast 

volume containing a high-pressure vapour phase at constant temperature was connected 
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to the DSC cell so that the liquid sample’s thermal expansion did not cause significant 

changes in pressure. A third modification was required because the boil-off vapour from 

the liquid nitrogen used to cool the calorimeter resulted in a temperature inversion, and 

hence convection, along the tubing connecting the DSC’s sample cell to the ballast 

volume at T > 173 K that led to an unstable calorimetric signal. The modifications to the 

specialized DSC were tested by measuring cp values for heptane, methylbenzene and a 

heptane (1) + methylbenzene (2) mixture with x1 = 0.38 at atmospheric pressure and 

temperatures of (228.15, 238.15, 303.15 and 313.15) K. The measured values had 

relative deviations from those measured adiabatically by Holzhauer and Ziegler (J. 

Phys. Chem. 1975, 79, 590-604) of less than 0.006·cp, indicating that the specialized 

DSC could be used for fluid and fluid mixtures at conditions relevant to liquefied 

natural gas (LNG) production. 

3.2 Introduction 

 

Accurate heat capacity, cp, and enthalpy data for hydrocarbon systems at low 

temperatures and high pressures are crucial to the design and operation of liquefied 

natural gas (LNG) plants. Knowledge of these properties is critical not only to the 

reliable simulation of heat transfer operations, such as the main cryogenic heat 

exchanger at the heart of the LNG plant but also to units such as fractionation towers 

used to separate mixtures: the vapour liquid equilibrium (VLE) on each tray of a 

cryogenic distillation column depends sensitively on the tray’s temperature, which in 

turn is determined by an energy balance involving fluid enthalpies. Recently, in an 

effort to help improve the performance of thermodynamic models in process simulators 

used to simulate LNG plants, we have reported VLE measurements of hydrocarbon 

mixtures at low temperatures and high-pressures.74,75 In this work we report the 

development of a specialized differential scanning calorimeter (DSC) that will 
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ultimately be used to measure heat capacities of mixtures of hydrocarbon liquids at high 

pressures and cryogenic temperatures. Such measurements are needed because both the 

product LNG and the refrigerant fluid are liquid mixtures that can span a wide range of 

composition and undergo heat transfer over a wide range of temperatures and pressures. 

However, very few cp or enthalpy data are reported in the literature for such mixtures at 

these conditions and generally the equations of state (EOS) used to predict the calorific 

properties of these mixtures are regressed only to pressure-volume-temperature and 

VLE data. The purpose of this paper is to describe the modifications of the commercial 

DSC required to make such measurements and to demonstrate its performance using 

methane, ethane, propane, heptane, methylbenzene (toluene) and heptane (1) + toluene 

(2) at x1 = 0.38. 

While adiabatic calorimeters are recognized as the most accurate method for heat 

capacity measurements at low temperature they are poorly suited for measurements at 

high pressure and often require skillful operation and/or have less versatility than other 

calorimeters. Flow calorimeters have been used for heat capacity measurements on 

liquids at low temperature64,76 and have the advantage of rapidly making measurements 

at one temperature on mixtures over the composition range but large sample volumes 

are required, particularly for measurements over a temperature range. Differential 

scanning calorimetry is one of the most versatile techniques for heat capacity and 

enthalpy of fusion measurements with many commercial apparatus available, and it has 

been demonstrated recently that accurate heat capacities for liquids can be measured by 

DSC systems if large samples and slow scan rates are used.68,69  To minimize the degree 

of instrument development required to acquire new cp data for cryogenic liquids at high-

pressures, we chose to base our specialized calorimeter on a commercially available 

DSC and modify it as necessary to achieve the functionality required.  
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3.3 Apparatus 

 

The specialized calorimeter was based on a Setaram BT2.15 Tian-Calvet heat flow 

DSC, which has an operational temperature range of (77 to 473) K.77 This base DSC 

was used previously to measure the heat capacity of ionic liquids by Hughes et al.68 who 

provided the details of the instrument’s power detection threshold, sensitivity, heat flux 

sensor calibration  as well as the step method of measurement.  In those experiments the 

sample cell was removed from the calorimeter block, filled with a known mass of 

material, closed and lowered back into the calorimeter block so that measurements 

could be made. Repeat measurements indicated a standard relative uncertainty of 

0.03·cp, with much of the uncertainty arising from changes in the sample cell’s 

orientation in, and surface contact with, the calorimeter block each time it was removed 

and reinserted. 

The schematic of the modified calorimeter is shown in Figure 3.1. The stainless steel 

sample cells were provided by the manufacturer; they had a volume of about 8.5 mL, a 

pressure rating of 10 MPa and a connecting tube with an outside diameter (OD) of 4 

mm and an inside diameter (ID) of 3 mm. This tube connected the sample cell with the 

high-pressure vapour ballast manifold. In addition, a stainless steel sample injection 

tube with OD of 1.59 mm and ID of 1.08 mm was inserted into the connecting tube and 

sealed using Swagelok fittings so that (liquid) samples could be delivered and displaced 

from the cell without removing it from the calorimeter block. This concentric tube in 

tube design was similar to that used by Coxam et al.78 with their Setaram C80 DSC.  A 

high-pressure liquid chromatography (HPLC) pump (Shimadzu LC-10AT VP) was used 

to deliver liquid phase samples to the bottom of the DSC sample cell. For fluids that are 

gases at room temperature, filling was achieved by setting the calorimeter block to a 

sufficiently low temperature (such that freezing did not occur) and rapidly pressurizing 

the sample cell so that the fluid quickly condensed. To remove samples from the cells, a 
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working vacuum was applied to the manifold and then dry nitrogen was delivered 

through the sample injection tube to displace the sample and/or flush out the sample 

cell. 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 3.1 Modified Setaram BT2.15 DSC for high pressure measurements of the heat 

capacities of volatile liquids at low temperature.  The left hand side shows 

an enlarged view of the measurement cell that contains the sample fluid.  

Three heaters (H1, H2 and H3) were mounted on the tubing supplying the 

fluid to the measurement cell with six platinum resistance thermometers 

(PRTs) to monitor the temperature profile along the tube.  The reference 

cell side (not shown) was identically fitted with heaters and PRTs.  The 

right hand side shows the gas supply and ballast manifold.  Gas was 

supplied to each cell and ballast cylinder individually via a regulator.  

Ballast cylinders (one each for the measurement cell and reference cell) 

were temperature controlled in a glycol + water bath at (306 ± 1) K.  The 

purpose of the ballast cylinders was to buffer the effect of thermal 

expansion of the liquid sample so that the pressure remained relatively 

constant. 

The location of the liquid-vapour interface within the apparatus is crucial. If the liquid’s 

enthalpy of vaporization is significant then the interface cannot be within the 

calorimetric block during a temperature scan without affecting the measured value of cp. 

In addition the position of the interface will change during a temperature scan as the 

liquid expands, and to prevent significant changes in pressure, it is necessary to allow 
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for this expansion.  Coxam et al.78 and Schrödle et al.69 described modifications to the 

Setaram C80 DSC which enabled high-pressure cp measurements of aqueous solutions 

at high temperatures (323 K to 573 K). A ballast vessel containing N2 connected to the 

DSC sample cell allowed the system pressure to remain nearly constant as the aqueous 

solution expanded. The level of the interface between the N2 ballast gas and the liquid 

solution was kept at a sufficient height in the connecting tube so that any vaporization 

effects would have minimal effect on the calorimetric signal.  Thus, the method of 

Coxam et al.78 and Schrödle et al.69 leads to measurements of the liquid’s volumetric 

heat capacity at constant pressure and conversion of these data to massic isobaric heat 

capacities requires knowledge of the fluid’s density at the measured temperature and 

pressure. 

The first attempt to make measurements with the Setaram BT2.15 calorimeter on 

propane using the technique described by Coxam et al.78 and Schrödle et al.69 led to an 

unstable calorimetric signal as shown in Figure 3.2 most-likely caused by convective 

heat flow between the calorimetric cell and the connecting tube. To avoid this 

convection, Coxam et al.78 operated their C80 DSC in an inverted mode; this approach 

worked because they only operated their calorimeter at temperatures greater than 

ambient, which meant that the sample was always less dense in the calorimetric cell 

than in the tubing leading from the cell.  An alternative approach was used by Dordain 

et al.79-81 and by Schrödle et al.69 to prevent convection from occurring in their 

connecting tubes. Dordain et al employed a custom-made ‘preheater’ to maintain the top 

of their Setaram C80 DSC at a higher temperature than the calorimetric cell throughout 

the scan.  Schrödle et al. also placed a heater on the tubing inside their Setaram C80 

DSC.  The BT 2.15 calorimeter is factory built with an auxiliary furnace where the 

connecting tube enters at the top, for the primary purpose of avoiding condensation 

from forming on the instrument’s electronics. However, even with this auxiliary 
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furnace, the design and low operational temperature range of the BT2.15 calorimeter 

makes the problem of convection in the tubing much more severe than for the Setaram 

C80 DSC, which can only operate at temperatures above ambient. To demonstrate this, 

six platinum resistance thermometers were mounted on the outside of the connecting 

tube within the calorimeter so that its temperature profile could be monitored when the 

cell was located in the calorimetric block.  

 

 

Figure 3.2. DSC scan for propane from (253 to 263) K without temperature control 

along the connecting tube. The heat flow Q is plotted as a function of time 

(scan details: initial isothermal period of 4 h followed by 10 K step with 

scan rate of 0.025 K·min
-1

 and final isothermal period of 4 h). 

The measured temperature profile as a function of distance from the bottom of the cell 

is shown in Figure 2.2 of the previous chapter for several cell temperatures from (93 to 

248) K.  For cell temperatures above 173 K, the use of liquid nitrogen and its boil-off 

vapour as a coolant caused the temperatures at some points along the connecting tubing 

to be lower than that of the cell. When the connecting tube was filled with liquid, as it 

must be for high-pressure liquid cp measurements, these temperature inversions gave 

rise to convective heat flow which resulted in an unstable calorimetric signal.  This 
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problem was overcome by the addition of three heaters spaced along the connecting 

tube inside the calorimeter as shown in Figure 3.1; similar heaters were also added to 

the connecting tube for the reference cell. The power to each of the heaters H1, H2 and 

H3 was adjusted by a proportional-integral (PI) control algorithm implemented in 

software (LabVIEW 9.0) to maintain temperatures T1, T2 and T3, respectively, at a set-

point 0.5 K greater than the calorimeter’s furnace temperature. The auxiliary furnace 

temperature was maintained at either 293.15 K or 303.15 K. This temperature control 

scheme ensured that the liquid-vapour interface was maintained in the upper sections of 

the calorimeter’s tubing between T4 and the auxiliary furnace and well away from the 

calorimeter thermopile. Whenever liquid nitrogen was used with the calorimeter, this 

extra level of apparatus temperature control was essential for obtaining stable 

calorimeter signals such as that shown in Figure 3.3, particularly at temperatures 

greater than 173 K.  The tubing of the reference cell was also heated using the same 

control algorithm.   

We note that Hykrda et al.82 in their measurements of the heat capacity of refrigerant 

R227 avoided the problem of temperature inversion and convection in the tubing of 

their Setaram BT2.15 by modifying their cooling system.  Cooling of the calorimetric 

block was achieved with chilled ethanol from a refrigerated circulation bath rather than 

using liquid nitrogen.  This technique avoided the problem of convection in the tubing 

but limited the calorimeter to temperatures of 200 K or above. 
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Figure 3.3. DSC scan for propane from (253 to 263) K with temperature control along 

the connecting tube. The heat flow Q is plotted as a function of time (scan 

details: initial isothermal period of 4 h followed by 10 K step with scan 

rate of 0.15 K·min
-1

 and final isothermal period of 6 h). 

3.4 Method and materials 

 

The suppliers and purities of the gases and liquids used in this work are listed in Table 

3.1. All the components except heptane had a mole fraction purity of 0.999 or greater.  

The heptane’s mole fraction purity listed by the supplier was only 0.95. Analysis of the 

heptane by GC electron ionisation mass spectrometry established that primary 

impurities were 2-methylhexane, 3-methylhexane, methylcyclohexane and 1,3-

dimethylcyclopentane. We estimated the effect of these impurities on the heat capacity 

of the heptane sample by considering it to be an ideal solution and by using the heat 

capacity data of Huffman and coworkers83-86 and Becker et al.87 for the primary 

impurities. At (228.15 and 238.15) K the heptane sample’s heat capacity was estimated 

to be only 0.005·cp lower than that of pure heptane while at (303.15 and 313.15) K it 

was larger by only 0.001·cp. A mixture of heptane (1) + toluene (2) was gravimetrically 

prepared with x1 = (0.38  0.02). The mixture was prepared at this composition because 

it is near to the maximum excess heat capacity for the binary system at the temperatures 
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studied, and it facilitated comparison with the adiabatic calorimetry results of Holzhauer 

and Ziegler.88 

Table 3.1 Chemical Suppliers and Purities of the Gases and Liquids 

Chemical 
Name Supplier 

Supplier Mole 
Fraction Purity 

Methane Air Liquide 0.99995 
Ethane Coregas Pty Ltd 0.9999 
Propane Air Liquide 0.9999 
Heptane RCI Lab Scan Limited 0.95 
Toluene Sigma Aldrich 0.999 

 
For samples that are liquids at room temperature the measurement cell was filled using 

the HPLC pump connected to the narrow bore injection tube leading to the bottom of 

the cell.  The line to the vapour ballast manifold was broken after valve 2M in Figure 

3.1 and a tube was connected in its place to a graduated beaker.  This ensured that once 

the injected liquid appeared in the beaker, the entire volume of tubing inside the 

calorimetric housing was filled with liquid at atmospheric pressure.  Heat capacities 

were measured using the step method;69 for the measurements of toluene, heptane and 

their mixture the heating rate was 0.03 Kmin-1 and the calorimeter was held at constant 

temperature for 5.5 h before and after each step (i.e. 11 h at the temperature between 

two temperature ramps). Two 10 K steps were measured over the range (223.15 to 

243.15) K and another two 10 K steps were measured from (298.15 to 318.15) K.  To 

remove the sample from the measurement cell the calorimeter was heated to the normal 

boiling point temperature of the liquid and dry nitrogen was flushed through the cell.  

The liquid that was displaced out the cell was collected in the graduated beaker.  This 

flushing was continued for a period of at least 12 h to ensure that all the liquid had been 

displaced or evaporated.   

For methane, propane and ethane, steps of 10 K were also used but the heating rate was 

increased to 0.15 Kmin-1 and the calorimeter was held at constant temperature before 
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and after each scan for 4 h and 6 h, respectively (10 h total between scans). These hold 

times were found to be necessary to allow the net heat flow signal to return to a stable 

baseline.  To remove the sample, the system was depressurized by venting and the 

calorimeter was heated, if necessary, to above the fluid’s normal boiling point 

temperature. 

Baseline scans with nitrogen in both the measurement and reference cell were 

performed before and after each series of measurements and the results of the baseline 

scans were compared for any shifts.  For measurements on heptane and toluene it was 

found that dry N2 had to be circulated for a period of greater than 12 h for the relative 

difference between the baseline scan integrated areas (in joule) to be less than 1 %.  

Over multiple runs the difference between calibration scans was at most 0.026 J 

representing only about 1 % of the baseline scan area or 0.03 % of a typical sample scan 

area. 

Propane has a saturation pressure of less than 1 MPa at 300 K which was close to the 

maximum temperature at which the vapour ballast temperature could be set. Thus to 

make propane measurements at pressures greater than 1 MPa, it was not possible to use 

pure propane vapour in the ballast. To achieve higher pressures, compressed nitrogen 

was added into the ballast vessel. Any mass transfer of nitrogen into the liquid propane 

contained within the calorimetric measurement cell would be greatly limited by the 

small surface area of the vapour-liquid interface and long length of tubing between the 

interface and the calorimetric block. There was no evidence of any effect of dissolved 

N2 on the measured propane heat capacities. 

Two methods for the calculation of isobaric massic heat capacities were considered in 

this work: the ‘two-step’ method and the ‘three-step’ method.  Both methods require 

knowledge of the density of the liquid in the sample cell as a function of temperature 
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and pressure. In the two-step method isobaric massic heat capacities were calculated 

from: 

 s b

cell step

d d
p

t t
c

V T

  




   3-1 

where sdt is the integrated heat flow difference between the measurement cell filled 

with sample and the reference cell containing dry N2 at atmospheric pressure over the 

temperature step (scan), bdt  is the integrated heat flow difference for the calibration 

scans where both the measurement and reference cells were filled with dry N2, ρ is the 

fluid density found at the mean temperature of the step, Vcell is the volume of the cell (a 

volume which equates to the volume of fluid for which the thermopile is measuring a 

heat flux signal) and ΔTstep is the temperature step.  Liquid densities were calculated 

using the (default) reference equations of state implemented in the software REFPROP 

9.0,89 which were Setzmann and Wagner38 for methane, Bucker and Wagner19 for 

ethane, Lemmon et al.45 for propane, Span and Wagner54 for heptane, and Lemmon and 

Span50 for toluene. 

The volume of the cell was estimated from careful measurements of the sample cell’s 

dimensions to be about 8.5 mL; however it was difficult to determine Vcell with 

sufficient precision using this method because of the uncertainty associated with 

assembling the cell and compressing the sealing gasket. Furthermore the required 

volume is that seen by the thermopiles; hence, it was determined from calibration 

measurements of toluene’s ambient pressure heat capacity at 303.15 K [from a 

temperature step of 10 K from (298.15 to 308.15) K)].  At this temperature the isobaric 

heat capacity and density of pure toluene are (1.7171 ± 0.0086) kJ·kg-1·K-1 and (857.57 

± 0.43) kg·m-3, respectively.  From these values, a cell volume of (8.506 ± 0.043) ml 

was calculated using eq. 3-1. Subsequent ‘calibration’ measurements with heptane at 

this condition gave values of Vcell that had similar precision and were consistent with 
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this value. At temperatures significantly below 303 K it was necessary to account for 

the thermal contraction of the sample cell’s volume when using the two-step method. 

The value of Vcell used in eq. 3-1 was calculated at each temperature using the 

correlation of Mann et al.90,91 for the ratio  T 293.15 Kl l  for the linear thermal expansion 

of 316 stainless steel. The correction amounts to approximately 0.008·Vcell at 108 K.  

The ‘three-step’ method is generally considered to provide more accurate heat capacity 

values, in part because it does not require knowledge of the sample cell’s volume. The 

method does, however, require an additional set of scans with the sample cell filled with 

a reference material of known heat capacity and the reference cell filled with dry N2.  

Thus more time is required to complete the measurement. Evaluating eq 3-1 for the 

sample fluid and then the reference fluid and taking their ratio leads to the elimination 

of Vcell 

 s bref
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Here cp,ref and ρref are the (known) heat capacity and density of the reference material 

and ref dt is the integrated heat flow difference between the measurement cell 

containing the reference material and the reference cell containing dry N2 at 

atmospheric pressure over the temperature step. 

Our measurements of multiple ‘reference’ pure fluids at overlapping conditions 

provided an opportunity to compare the two- and three-step methods. The differences in 

the heat capacities obtained using the two methods were negligible as long as the 

volume of the cell was corrected for thermal contraction. Thus, given the reduced 

number of scans required, the two-step method appears to be preferable for the systems 

studied in this work. 
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3.5 Results and Discussion 

 

To test the modifications that were made to the DSC, measurements of the heat capacity 

of heptane (1), toluene (2) and the mixture of toluene and heptane were completed at 

atmospheric pressure. Isobaric heat capacities, cp, for heptane, and toluene at T = 

(228.15, 238.15, 303.15 and 313.15) K are reported in Table 3.4. 

Table 3.2 Experimental Isobaric Heat Capacities of Toluene, Heptane and Heptane 

(1) + Toluene (2) with x1 = 0.38 at p = 0.1 MPa 
a  

Toluene 
T/K cp/J·g-1·K-1 
228.15 1.502 
228.15 1.510 
238.15 1.528 
238.15 1.530 
303.15 1.726 
303.15 1.711 
313.15 1.762 
313.15 1.758 
Heptane 
T/K cp/J·g-1·K-1 
228.15 2.019 
228.15 2.011 
238.15 2.058 
238.15 2.047 
303.15 2.255 
303.15 2.248 
313.15 2.287 
313.15 2.304 
Toluene (1) + Heptane (2), x1 = 0.38 
T/K cp/J·g-1·K-1 
303.15 1.907 
313.15 1.951 
228.15 1.712 
238.15 1.730 

a Standard uncertainties u are u(x1) = 0.02, u(T) = 0.25 K,  u(p) = 10 kPa, and combined 
expanded uncertainty Uc(cp) = 0.02·cp with 95 % level of confidence (k ≈ 2). 

 

Holzhauer and Ziegler88 measured these fluids and their mixtures with an adiabatic 

calorimeter over the temperature range of (180 to 320) K with a stated “accuracy” of 
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0.002·cp and an estimated standard uncertainty of about 0.005·cp. They presented their 

cp results as a smoothed correlation of temperature and composition: 
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Here, x1 is the mole fraction of heptane, x2 is the mole fraction of toluene, and the 

coefficients a1i, a2i, A0i, A1, and A2 are given in Table IV and Table V of Holzhauer and 

Ziegler,88 and reproduced here in Table 3.3 and Table 3.4  Figure 3.4 shows a 

comparison of the cp values measured in this work for the pure liquids and their mixture 

with eq 3-3.  

Table 3.3.  Holzhauer and Ziegler’s List of Polynomial Coefficients Representing the 

Heat Capacity Data of the Pure Substances (in units of J·mol
-1

·K
-1

) 

 Heptane (j = 1) Toulene (j = 2) 
aj0  8.6618820×102  1.8743814×102 

aj1 -9.9628490×100 -7.3026493×10-1 

aj2  5.4561085×10-2  2.9613602×10-3 

aj3 -1.3079634×10-4 -2.8661704×10-6 

aj4  1.1957392×10-7 0 
σ* 0.0745 0.0748 

*Standard deviation 

Table 3.4 Holzhauer and Ziegler’s Polynomials Coefficients Representing the Heat 

Capacity Data of the Heptane + Toluene Mixtures from (182 to 312) K (in 

units of J·mol
-1

·K
-1

) 

A00  -170.41964 
A01  1.6721478 
A02 -5.8374682×10-3 

A03 6.9944750×10-6 

A1 2.318104 

A2  1.384904 
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Figure 3.4 Relative deviations of toluene, heptane and heptane (1) + toluene (2) with 

x1 = 0.38 heat capacities, cp, from eq 3-3, cp,calc, reported by Holzhauer and 

Ziegler.
88

 This work: , toluene; , heptane; , heptane (1) + toluene (2) 

with x1 = 0.38; , Fortier and Benson
47

 (calculated from difference in 

excess heat capacities using Fortier and Benson’s polynomial fit to their 

experimental results and eq 3-3); , Grolier and Faradjzadeh
46

 with x1 = 

0.3832. Calculated:  ̶  ··, toluene equation of state of Lemmon and Span
50

; -

--, heptane equation of state of Setzmann and Wagner
38

; ···, heptane (1) + 

toluene (2) with x1 = 0.38 calculated using default pure fluid equations of 

state and mixing rule and parameters of REFPROP 9.0. (Reference 

equations of state calculations were implemented in REFPROP 9.0). 

The maximum deviation of our data from the correlation of Holzhauer and Ziegler88 is 

0.012·cp. Figure 3.4 also shows a comparison of cp values for toluene, heptane and the 

mixture studied in this work calculated using the corresponding recommended EOS 

implemented in the software REFPROP 9.0.89  For the pure fluids, the deviations of the 

EOS values from high accuracy literature heat capacity data is stated to be less than 

0.01·cp for heptane (saturated heat capacity data at temperatures greater than 200 K)54 

and 0.005·cp for toluene (at temperatures less than 560 K).50 The comparisons for the 

pure fluids shown in Figure 3.4 are consistent with these bounds (for clarity the 
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extensive literature data for the pure component heat capacities are not plotted in this 

figure; comparison between the EOS and literature heat capacity data is discussed in 

detail by Span and Wagner54 for heptane, and Lemmon and Span50 for toluene). 

However, the model used in REFPROP to estimate the mixture’s heat capacity deviates 

from eq 3-3 by 0.073·cp at 223.15 K. The developers of REFPROP have indicated that 

only room temperature data were used for this mixture’s model development. However, 

they have since updated the mixture model parameters by fitting with lower temperature 

data92 (including the adiabatic calorimetry data of Holzhauer and Ziegler88), and the 

deviations from eq 3-3 have been reduced to 0.005· cp or less from (223.15 to 313.15) 

K. For comparison, the heat capacity data of Fortier and Benson47 and Grolier and 

Faradjzadeh46 for heptane (1) + toluene (2) with x1 = 0.38 at 298.15 K are included in 

Figure 3.4.  These data deviate from eq 3-3 by less than 0.001·cp. 

Our isobaric heat capacity measurements for methane, ethane and propane are reported 

in Table 3.5.  Methane heat capacities were measured between (108.15 and 173.15) K 

at two pressures of about (4.3 and 6.4) MPa.  Figure 3.5 shows a relative deviation plot 

of methane isobaric heat capacity measurements from the reference EOS calculated 

values.  The reference EOS of Setzmann and Wagner for methane is estimated to 

calculate cp with an uncertainty of 0.01·cp over the range of our measurements.38  The 

mean and maximum deviations of our data are (0.002 and 0.005)·cp respectively from 

this reference EOS. 
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Figure 3.5. Relative deviations of the isobaric heat capacity of methane, cp, from the 

reference equation of state (Setzmann and Wagner
38

) heat capacity, cp,ref. 

, this work at 6.34 MPa; , this work at 4.3 MPa; ,Wiebe and 

Brevoot;
34

 , Hestermans and White;
35

 , Jones et al. at 4.3 MPa;
36

 , 

Jones et al. at 5.5 MPa;
36

 Δ, van Kasteren and Zeldenrust.
37
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Table 3.5 Experimental Isobaric Heat Capacities of Methane, Ethane and Propane 
a
 

Methane   Propane 
T/K p/MPa cp/J·g-1·K-1   T/K p/MPa cp/J·g-1·K-1 
108.15 4.23 3.391   108.15 1.16 1.927 
118.15 4.27 3.462 

 
118.15 1.17 1.922 

128.15 4.33 3.555 
 

128.15 1.18 1.934 
143.15 4.35 3.701 

 
143.15 1.13 1.960 

153.15 4.34 3.942 
 

153.15 1.19 1.987 
163.15 4.39 4.22 

 
163.15 1.17 1.995 

173.15 4.38 4.854 
 

188.15 1.19 2.067 
108.15 6.30 3.373 

 
228.15 1.15 2.239 

118.15 6.35 3.435 
 

238.15 1.11 2.296 
128.15 6.40 3.532 

 
248.15 1.16 2.349 

153.15 6.34 3.801 
 

258.15 1.16 2.396 
163.15 6.47 4.021 

 
108.15 3.68 1.966 

173.15 6.45 4.424 
 

118.15 3.65 1.975 
Ethane  128.15 3.67 1.957 
T/K p/MPa cp/J·g-1·K-1  128.15 3.64 1.965 
108.15 1.05 2.258 

 
143.15 3.69 1.966 

118.15 1.06 2.270 
 

228.15 3.67 2.232 
188.15 1.12 2.443 

 
238.15 3.68 2.284 

228.15 1.17 2.695 
 

248.15 3.67 2.317 
238.15 1.21 2.784 

 
258.15 3.68 2.361 

118.15 2.03 2.249 
 

108.15 5.16 1.965 
108.15 2.02 2.257 

 
118.15 5.18 1.974 

108.15 4.29 2.254 
 

128.15 5.19 1.963 
118.15 4.29 2.293 

 
143.15 5.18 1.963 

128.15 4.31 2.283 
 

153.15 5.20 2.011 
143.15 4.08 2.282 

 
163.15 5.21 2.026 

153.15 4.07 2.326 
 

188.15 5.22 2.066 
163.15 4.05 2.356 

 
228.15 5.22 2.225 

188.15 4.31 2.408 
 

238.15 5.22 2.282 
228.15 4.32 2.663 

 
248.15 5.19 2.301 

238.15 4.33 2.751 
 

258.15 5.22 2.353 

    
108.15 5.33 1.923 

    
118.15 5.43 1.938 

   
  128.15 5.43 1.940 

a Standard uncertainties u are u(T) = 0.5 K for T < 220 K, u(T) = 0.25 K for T > 220 K, 

u(p) = 35 kPa, and combined expanded uncertainty Uc(cp) = 0.02·cp with 95 % level of 

confidence (k ≈ 2). 



Chapter 3 

50 | P a g e  

 

Ethane heat capacities were measured between (108.15 and 238.15) K at pressures of 

(1.2, 2.0, and 4.2) MPa.  Figure 3.6 shows a relative deviation plot of ethane isobaric 

heat capacity measurements from the reference EOS calculated values.  The reference 

EOS of Bucker and Wagner for ethane is estimated to calculate cp with an uncertainty of 

0.02·cp for most of the range of our measurements, increasing to 0.03·cp for 

temperatures below 130 K.19  The mean and maximum deviations of our data are (0.005 

and 0.01)·cp respectively from this reference EOS.   

 

Figure 3.6 Relative Deviations of the isobaric heat capacity of ethane, cp, from the 

reference equation of state (Bucker and Wagner
19

) heat capacity, cp,ref. , 

this work at 4.2 MPa; , this work at 2.0 MPa; ▲, this work at 1.2 MPa; 

, Wiebe et al.;
39

 , Witt and Kemp;
40 

 , Roder et al.;
41

 , Grini  et al.
42

  

Propane heat capacities were measured between (108.15 and 258.15) K at pressures of 

(1.1, 5.2 and 5.3) MPa. Figure 3.7 shows a relative deviation plot of propane isobaric 

heat capacity measurements from the reference EOS calculated values.  Lemmon et al. 

estimate that their EOS calculates cp to an uncertainty of 0.005·cp.45 However, this 

seems optimistic given the offset of the EOS from the adiabatic calorimetry data of 
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Perkins et al.44 as well as the distribution of deviations of the literature data from the 

EOS.  The cv data of Perkins et al.,44 with a stated uncertainty of 0.005·cv, was 

converted to cp using:93 

 
2

p v
T

c c vT 


   3-4 

Here the specific volume, v, coefficient of thermal expansion, α, and isothermal 

compressibility, κT, were calculated using the EOS of Lemmon et al.45   

 

Figure 3.7 Relative deviations of the isobaric heat capacity of propane, cp, from the 

reference equation of state (Lemmon et al.
45

) heat capacity, cp,ref. , this 

work at 5.3 MPa; , this work at 5.2 MPa; , this work at 3.7 MPa; ▲, 

this work at 1.1 MPa; ,Kemp and Egan;
43

 , Guigo et al.;
94 

 , 

Goodwin;
95
, Lammers et al;

96
 , Perkins et al.

44
 (note the data Guigo et 

al. and Goodwin were converted from cσ to cp using specific volumes, 

coefficieints of thermal expansion and slope of the vapour pressure curve 

calculated using the Lemmon et al.
45

 equation of state implemented in 

REFPROP 9.0.  Additionally, the data of Perkins et al. were converted 

from cv to cp using specific volumes, coefficients of thermal expansion, 

and isothermal compressibilities calculated using the Lemmon et al.
45, 92

 

equation of state implemented in REFPROP 9.0) 
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The mean and maximum deviations of the cp derived from Perkins et al.44 from the EOS 

of Lemmon et al.45 are (0.08 and 0.016)·cp in the temperature range of (80 to 280) K.  

This is consistent with the mean and maximum deviations of our data from this EOS 

which are (0.009 and 0.017)·cp, respectively.  Additionally, the saturated liquid heat 

capacity, cσ, data of Goodwin95 and Guigo et al.94 were converted to cp data using:97 

 pc c vT    3-5 

Here γσ is the slope of the vapour pressure curve, (∂p/∂T)σ, and v, α and γσ were 

calculated using the EOS of Lemmon et al.45  The mean deviation of the Goodwin95 data 

from the EOS of Lemmon et al.45 was only 0.003·cp. 

3.6 Uncertainty estimation 

 

From our previous work68 and the results of heat capacity measurements of toluene and 

heptane, we estimate our combined uncertainty at the 95 % confidence limit (k ≈ 2) in 

the heat capacity to be about 0.02·cp.  The reduction in the uncertainty of the heat 

capacity from our previous work from (0.03 to 0.02)·cp is attributed the improved 

baseline scan repeatability achieved by not having to remove the DSC cells to load or 

remove samples.  The standard uncertainty in the temperature is estimated to be about 

0.25 K above 220 K and 0.5 K below 220 K.  The standard uncertainty in the measured 

pressure is estimated to be about 35 kPa.  Pressure rises due to thermal expansion of the 

liquid samples over the 10 K steps measured were within this uncertainty. 
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Chapter 4 Isobaric Heat Capacity Measurements of Liquid Methane 

+ Propane, Methane + Butane and a Mixed Refrigerant by Differential 

Scanning Calorimetry at High Pressures and Low Temperatures 

This chapter is also an adapted version of the journal article by Syed et al. published in 

the Journal of Chemical and Engineering data.98 While the section headings from the 

journal article have been retained, the figures, equations, tables and references have 

been are renumbered and are in line with the thesis format. The material that was 

published as supporting information to the journal article has not been included in this 

Chapter because it simply listed details of the parameters used within in the software 

packages AspenTech HYSYS 7.3 and REFPROP 9.1; for such detail the reader is 

referred to the journal article.  

This chapter outlines the procedures and modifications required for measurements on 

liquid mixtures. Once implemented, the heat capacity data produced by measurements 

of some binary and multicomponent mixtures of hydrocarbons are presented in this 

chapter. This chapter also include additional material, not included in the journal 

publication, as part of Sections 4.5 and 4.6. Our attempts to tune the GERG EOS to 

enable better predictions of cp for the methane + butane system are describe in Section 

4.5.  

4.1 Abstract 

 

Isobaric heat capacity cp measurements are reported at temperatures between 108 and 

168 K for liquid mixtures of methane (1) + propane (3) at x1  0.8 and p  6.0 MPa, 

methane (1) + butane (4) at x1 = 0.96, 0.88, and 0.60 and p  5.0 MPa, and a five 

component mixed refrigerant that is similar to the composition of a commercial mixed 

refrigerant at p  1.0 MPa and 5.0 MPa. Measurements were made using a specialized 

calorimeter further modified to prevent preferential condensation of the less volatile 

component and minimize possible stratification of the mixture within the calorimeter 
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cell during sample loading.  We estimate the combined uncertainty in our measurement 

of the isobaric heat capacity is about 0.02·cp (except where otherwise stated). Our 

results for methane (1) + propane (3) agreed within 0.02·cp of the values predicted using 

the GERG-2008 equation of state (as implemented in REFPROP 9.1) whereas literature 

cp data over the same temperature range agree within 0.03·cp. In contrast the cp 

predicted for this mixture with the Peng Robinson EOS (as implemented in Aspen 

HYSYS v7.3 (PR-HYSYS)) shows a positive offset of about 0.02·cp from the average 

of the literature data at 165 K, which increases to 0.045·cp at 120 K. For methane (1) + 

butane (4) at x1 = 0.96 and 0.88 our data are within 0.03·cp of the GERG 2008 

predictions in the range (168 to 118) K, which increases to 0.05·cp at 108 K. At x1 = 0.6, 

the deviations between the data and the GERG 2008 predictions increase from 0.02·cp at 

168 K to more than 1·cp at 118 K. The PR-HYSYS predictions for this binary mixture 

deviate from the measured cp data by 0.11·cp at 168 K, which increases to 0.21·cp at 

118 K. For the mixed refrigerant, which had a mole fraction composition of 0.247 CH4 

+ 0.333 C2H6 + 0.258 C3H8 + 0.076 C4H10 + 0.059 N2, the deviations of the measured cp 

from GERG 2008 are less than 0.02·cp in the range (168 to 148) K increasing to 0.19·cp 

at 108 K. The deviations from the predictions of PR-HYSYS range from 0.07·cp at 

168 K to 0.15·cp at 108 K. Similar trends are observed for the data of Furtado, who 

measured the cp of a mixture with a mole fraction composition of 0.359 CH4+ 0.314 

C2H6 + 0.327 C3H8 at similar temperatures.  

4.2 Introduction 

 

To design and operate liquefied natural gas (LNG) facilities, calorimetric properties for 

binary and multicomponent hydrocarbon fluids and refrigerant mixtures over a wide 

temperature and pressure range are needed for calculating heat balances. The equations 

of state (EOS) used to calculate the calorimetric properties of these mixtures are usually 
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regressed only to pressure-volume-temperature (PVT) and vapour liquid equilibria 

(VLE) data, and their ability to provide accurate heat capacity data has been tested 

rarely. This is in part because there are few accurate measurements of isobaric heat 

capacity, cp, for binary and multicomponent hydrocarbon liquid mixtures at conditions 

relevant to LNG operations. In our previous communication71 a modification of a 

commercial differential scanning calorimeter (DSC) Setaram BT2.15 was described that 

enabled accurate isobaric heat capacity measurements on cryogenic, high pressure pure 

liquids at temperatures between (108.15 and 258.15) K and pressures between (1.1 and 

6.35) MPa. The estimated uncertainty at the 95 % confidence limit (k ≈ 2) of the heat 

capacity measurements was about 0.02·cp. This paper describes a further modification 

to the apparatus that enables reliable measurements of cp for liquid hydrocarbon 

mixtures. The modification pertains to the method of loading the mixture into the DSC 

cell without any preferential condensation of the heavier component, which could result 

in separation and/or stratification of the mixture sample. Measurements of isobaric heat 

capacities for binary and multicomponent liquid mixtures made with the modified 

calorimeter are then reported with an uncertainty similar to that for pure fluid 

measurements over a similar temperature and pressure range.71 These data are then 

compared with two EOS of industrial importance: the GERG 2008 EOS1 as 

implemented in the software REFPROP 9.12 (GERG 2008) and the Peng Robinson 

EOS.3 Two implementations of the Peng Robinson EOS were tested, one being in the 

process simulation software Aspen HYSYS,4 (PR-HYSYS) and the other being in the 

software REFPROP 9.12 (PR-REFPROP). 

4.3 Method and Materials 

 

The suppliers and purities of the gases used in this work are listed in Table 4.1. The 

compositions chosen reflected the need to prepare a mixture that was a single phase gas 
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at room temperature in an amount sufficient to fill the DSC cell and tubing with a liquid 

mixture. The methane (1) + propane (3) mixtures were prepared gravimetrically in a 1 L 

cylinder using a balance with an uncertainty of ±0.2 g (empty cylinder mass was 3278.9 

g, mass after filling with mixture was 3347.8 g). The uncertainty in the mole fraction 

composition of these mixtures was less than 0.01. All other mixtures were prepared 

gravimetrically in 300 mL bottles (empty cylinder mass 1073.089 g) using an electronic 

balance with uncertainty of 0.001 g, and the calculated uncertainty in the mole fraction 

compositions of these mixtures was 0.001 

Table 4.1 Chemical Suppliers and Gas Purities.  

Chemical 
Name Supplier 

Supplier Mole 
Fraction Purity* 

Methane BOC 0.99995 
Ethane Coregas pty Ltd 0.9999 
Propane Air Liquide 0.9999 
Butane Air Liquide 0.9999 
Nitrogen Coregas pty Ltd 0.9999 

 
*Used without further purification 
 

A commercial calorimeter Setaram BT2.15 Tian-Calvet type heat flow DSC with an 

operational temperature range from (77 to 473) K, modified to allow accurate isobaric 

heat capacity, cp, measurements of liquid methane, ethane, and propane between T = 

(108.15 to 258.15) K and pressure up to 6.4 MPa, has been described previously.71 

Figure 4.1 shows a schematic of the specialized calorimeter, and the modifications 

made in this work.  The details of the calorimeter sensitivity, calibration and 

measurement method were described by Hughes et al.68 In this paper the additional 

procedures required to make measurements on mixtures are described in detail. The 

procedure for filling the calorimetric cell completely with a liquid mixture assumes that 

the mixture exists as a single phase gas at room temperature. If the gas mixture of 

known composition were condensed directly into the calorimeter cell at low temperature 
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from the sample cylinder at ambient temperature, the mixture in the calorimeter would 

become richer in the less volatile component and/or the mixture would become 

stratified. To avoid this and ensure that the transfer of the single phase gas mixture to 

the low temperature cell did not result an inadvertent change in composition, a 

procedure of successive batch transfers was adopted.  

 

Figure 4.1 Schematic of the specialized DSC with the new mixture filling system 

shown in red. 

 

The calorimeter temperature was set to below the dew temperature of the mixture but 

above its freezing temperature and allowed to stabilize. Initially the system was 

evacuated with all valves on the measurement side open except 1M, 3M, and V11. 

Valve 3M isolated the reference side from the measuring side of the DSC; the reference 
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side was always filled with pure nitrogen at atmospheric pressure. Valves 2M, 4M, 5M, 

6M, and 7M were then closed. A portion of the gas mixture was transferred from the 

sample cylinder in which it was prepared to a volume V1  25 cm3
 shown by a thicker 

red line in Figure 4.1 by opening valve V11 and then closing it again once the pressure 

reading had stabilized. The gas mixture within volume V1 was condensed into the cell 

by opening valve V10. The pressure reading would then drop to a value around the 

saturation pressure corresponding to the temperature of the liquefied sample; often the 

initial reading was close to the transducer’s resolution limit. Valve V10 was then closed 

and the procedure was repeated until the DSC cell and half the length of the fill tube 

was filled with the liquid mixture. The amount transferred and thus the fill level could 

be estimated by calculating the cumulative number of moles transferred from V1 to the 

DSC cell, which had a volume of (8.506 ± 0.043) cm3 at 300 K.71 In addition, when the 

system pressure was significantly larger than the mixture’s saturation pressure at the 

calorimeter’s temperature, the known temperature profile of the fill stem could be used 

to confirm the estimated level. The number of transfers required was from 7 to 12 

depending on the pressure of the sample cylinder in which the mixture was prepared; 

mixtures with low sample cylinder pressures required more transfers. 

During a measurement the height of liquid in the filling tube was controlled  by 

measuring the temperature with the six resistance thermometers and controlling the 

three heaters that were installed along the fill tube, as described by Syed et al.71 For 

scans at elevated pressure, the gas ballast shown in Figure 4.1 was first filled with pure 

methane at slightly above the saturation pressure of the mixture. The pressure of 

methane in the ballast was then increased gradually so as to not disturb the location of 

the gas-liquid interface in the fill tube and avoid the mixing of methane with the liquid 

mixture in the cell. Any mass transfer by diffusion of methane into the liquid mixture 

contained within the calorimetric cell would be limited by the small surface area of the 
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vapour-liquid interface and the long length of tubing between the interface and the 

calorimeter cell. There was no evidence that the use of methane in the ballast had any 

effect on the measured heat capacities or on the final mixture composition, which was 

determined at the end of the experiment. 

 To check that neither methane diffusion nor the batch transfer procedure affected the 

overall composition of the mixture, the composition of the calorimeter cell’s contents 

was measured after the completion of the cp measurement. The calorimeter cell was 

heated to close to its normal boiling temperature and then the cell’s contents were 

condensed into an evacuated sample bottle that was immersed in liquid N2, connected 

via valve V10 and V11. The sample bottle was of sufficient size to ensure the mixture 

was single phase. The composition of the cell’s contents was then analyzed using a gas 

chromatograph (GC). The calibrations of the GC and the method of measurements 

followed those of Kandil et al.74,75 and had an estimated mole fraction uncertainty of 

0.001. In all cases the measured composition was found to be in agreement within the 

combined uncertainties with the gravimetrically prepared composition.  

Heat capacities were measured using the two step method, as described by Syed et al.,71 

with a scan rate of 0.03 Kmin-1. Prior to starting a scan, the calorimeter was held at 

constant temperature for at least 6 h. During the scan, the cell temperature was held 

constant for 1 h before and 6 h after each step (i.e. 7 h at the temperature between two 

temperature ramps). These hold times were found to be necessary to allow the net heat 

flow signal to return to a stable baseline.  Baseline scans with nitrogen in both the 

measurement and reference cell were performed before and after each series of 

measurements. No shifts in the baseline scans were found.   

The volume of the cell at temperatures removed from 300 K was corrected to account 

for thermal contraction. 71 The measured amount of energy required to raise the 

temperature of this volume of liquid by 10 K allows determination of the volumetric 
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isobaric heat capacity.71 To convert these values to massic heat capacities, knowledge of 

the density of the fluid as a function of temperature and pressure is required. Liquid 

densities for all the mixtures were calculated using the GERG 20081 equation of state as 

implemented in the software REFPROP 9.1.2  From our previous work71,68 we estimate 

the combined uncertainty at the 95 % confidence limit (k ≈ 2) in the heat capacity to be 

about 0.02·cp.  The standard uncertainty in the temperature was estimated to be about 

0.25 K above 220 K and 0.5 K below 220 K.  The standard uncertainty in the pressure 

was estimated to be about 35 kPa.  Pressure changes due to thermal 

expansion/contraction over the 10 K steps were within this uncertainty.68  

4.4 Results and Discussion 

 
For the methane (1) + propane (3) system, measurements were made on mixtures with 

x1  0.8 because at this compositions the mixtures are single phase at room temperature 

and have a relative excess heat capacity of 12 %. This is close to the maximum relative 

excess heat capacity of 16 % for this system, which occurs at x1  0.6 (calculated using 

GERG 20081). The isobaric heat capacity of methane (1) + propane (3), with x1 = 0.82 

at p = 5.2 MPa, was measured three times between 108.15 K and 128.15 K with 10 K 

steps, and two times between 143.15 K and 163.15 K with 10 K steps. Additional 

measurements  were made with x1 = 0.81 at p = 4.7 MPa and p = 6.0 MPa between 

108.15 K and 128.15 K with 10 K steps and between 143.15 K and 163.15 K with 10 K 

steps. The isobaric heat capacities measured for this mixture are listed in Table 4.2 and 

shown in Figure 4.2a. In Figure 4.2b, the isobaric excess heat capacity for this binary 

mixture 
2

E
1 ,

1
( )p p i p ic c x x c   at x1 = 0.82 , P = 5.2 MPa are compared with values 

calculated from GERG 2008.1 Good agreement is observed at higher temperatures but 

the difference steadily increases at lower temperatures.   
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Table 4.2 Isobaric Heat Capacities
 a

 for Binary Mixtures of Methane (1) + Propane 

(3) Measured on a Volumetric Basis and Converted to a Gravimetric Basis 

Using Densities Calculated from GERG 2008.
1
 

 
T/K cp / J·ml-1·K-1 cp / J·g-1·K-1 

x1 = 0.82 at p = 5.2 MPa 
108.15 1.434 2.807 
118.15 1.406 2.822 
128.15 1.383 2.847 
143.15 1.355 2.909 
153.15 1.347 2.982 
163.15 1.325 3.033 

x1 = 0.81 at p = 6.0 MPa 

108.15 1.387 2.692 
118.15 1.379 2.742 
128.15 1.355 2.763 
143.15 1.339 2.845 
153.15 1.338 2.927 
163.15 1.313 2.967 

x1 = 0.81 at p = 4.7 MPa 

108.15 1.431 2.782 
118.15 1.402 2.793 
128.15 1.384 2.829 
143.15 1.350 2.876 
153.15 1.342 2.946 
163.15 1.311 2.977 

a Standard uncertainties u are u(x1) = 0.02, u(T) = 0.25 K,  u(p) = 10 kPa, and the 
combined standard uncertainties are uc(cp) = 0.02·cp with 95 % confidence level (k ≈ 2) 
for all points except for the measurements at (x1 =  0.82, p = 5.2 MPa and T = 108.15 K 
to 128.15 K) for which uc(cp) = 0.04·cp. 
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Figure 4.2 (a) Absolute isobaric heat capacity, cp, for methane (1) + propane (3). This 

work: , x1 = 0.82, p = 5.2 MPa; , x1 = 0.81, p = 6.0 MPa; ▲,  x1 = 0.81, 

p = 4.7 MPa. (b)  Excess heat capacity, 
E
pc , at x1 = 0.82 as a function of 

temperature for  methane (1) +  propane (3). This work: , x1 = 0.82, p = 

5.2 MPa; solid line, calculated from GERG 2008.
1
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Figure 4.3 Relative deviations (cp-cp,ref)/cp,ref of the measured isobaric heat capacity cp  

for methane (1) +  propane (3) with x1 = 0.82 from cp,ref   calculated from 

GERG 2008.
1
 The uncertainty bars on the data from this work indicate the 

difference between measurements that were repeated. This work: , x1 = 

0.82, p = 5.2 MPa; , x1 = 0.81, p = 6.0 MPa; ▲,  x1 = 0.81, p = 4.7 MPa. 

Literature: Mather:
57 , x1 = 0.88, p = 6.9 MPa; , x1 = 0.88, p = 3.4 MPa; 

, x1 = 0.72, p = 6.9 MPa; ,  x1 = 0.95, p =  1.7 MPa; Δ, x1 = 0.95, p = 

5.2 MPa; Manker:
58 
, x1 = 0.95, p = 6.9 MPa;  Yesavage:

56
 ,  x1 = 0.49, 

p = 6. 9 MPa; Grini et al.:
59 

,
 
x1 = 0.68, p = 14 MPa. Calculated: ---, PR-

HYSYS,
3
 x1 = 0.82, p = 5.2 MPa;  ̶ · ̶, PR-REFPROP,

3
 x1 = 0.82, 

p = 5.2 MPa. 

 

Figure 4.3 shows the relative deviations of our results and literature measurements from 

GERG 2008.1 The error bars on our measurements indicate the repeatability of our 

measurements.  Literature values include the data of Yesavage,56  Mather,57 and 

Manker58 measured using a total enthalpy flow calorimeter with an estimated relative 

uncertainty of  3 %,99 and the data of Grini et al.,59 measured using an electrically 

heated flow calorimeter with an estimated relative uncertainty of  0.22 % in the 

measured enthalpy increment.  The relative difference between our results and those of 
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Grini et al.59 is less than 2 %, while the data of  Yesavage,56  Mather,57 and Manker58  

are within 3 % of our data, which is within the combined uncertainty of all the 

measurements. The literature data for methane (1) + propane (3) have a relative scatter 

of about ±3 % and are approximately centered on the predictions of GERG 2008.1 In 

contrast the predictions of the Peng Robinson3 EOS as implemented in Aspen HYSYS 

v7.34 (PR-HYSYS) show a relative offset from the average of the literature data with a 

maximum of 4.5 % at 118 K. The deviations of the Peng Robinson3 EOS implemented 

within REFPROP 9.12 (PR-REFPROP) follow a similar trend with decreasing 

temperature but only reach a maximum of about 3.2 % at 108 K.  

The isobaric heat capacity of methane (1) + butane (4), with x1 = 0.95 at p = 5.0 MPa, 

was measured between 148.15 K and 178.15 K with 10 K steps. A binary mixture with 

x1 = 0.88 was measured twice between 118.15 K and 138.15 K and once between 

148.15 K and 168.15 K, using 10 K steps. Measurements were also made for a  mixture 

with x1 = 0.60 at p = 5.15 MPa: twice between 138.15 K and 168.15 K with 10 K steps 

and once between 118.15 K and 128.15 K with a 10 K step. The measured isobaric heat 

capacities for these mixtures are listed in Table 4.3 and are shown in Figure 4.4a 

together with the EOS predictions. Figure 4.4b shows the measured excess heat 

capacities together with the GERG 2008 predictions; the excess mixture heat capacities 

at temperatures below the freezing point of pure butane (134.9 K)2 are shown as dotted 

lines because they were calculated by linear extrapolation of the pure butane heat 

capacities obtained from GERG 2008 over the range (138 to 178) K. 
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Table 4.3 Isobaric Heat Capacities
 a
 for Binary Mixtures of Methane (1) + Butane (4) 

Measured on a Volumetric Basis and Converted to a Gravimetric Basis 

Using Densities Calculated from GERG 2008.
1
 

T/K cp
 / J·ml-1·K-1 cp / J·g-1·K-1 

x1 = 0.95 at p = 5.05 MPa 

148.15 1.377 3.441 

158.15 1.363 3.554 

168.15 1.365 3.742 

178.15 1.386 4.044 

x1 = 0.88 at p = 5.15 MPa  

118.15 1.436 2.932 

128.15 1.416 2.968 

138.15 1.396 3.010 

148.15 1.384 3.078 

158.15 1.372 3.155 

168.15 1.358 3.239 

x1 = 0.60 at p = 5.15 MPa  

118.15 1.444 2.326 

128.15 1.418 2.323 

138.15 1.409 2.3499 

148.15 1.393 2.3681 

158.15 1.373 2.3793 

168.15 1.347 2.3827 

a Standard uncertainties u are u(x1) = 0.02, u(T) = 0.25 K,  u(p) = 10 kPa, and combined 

standard uncertainty uc(cp) = 0.02·cp with 95 % confidence level (k ≈ 2). 
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Figure 4.4 (a) Absolute isobaric heat capacity cp  and (b) excess heat capacity 
E
pc

 for 

methane (1) + butane (4) as a function of temperature. This work: ▲, 

x1 = 0.96, p = 5.05 MPa; , x1 = 0.88, p = 5.15 MPa; , x1 = 0.60, p = 5.2 

MPa. Calculated: dashed curves, PR-HYSYS
3
; solid curves, GERG 2008

1
; 

dotted curves, extrapolation using GERG 2008.
1
 

The comparisons in Figure 4.4 show that the GERG 2008 predictions are in reasonable 

agreement with the experimental cp values for mixtures with high methane mole 

fractions but that as the methane mole fraction or the temperature decreases, the GERG 



Chapter 4 

67 | P a g e  

 

2008 predictions deviate increasingly from experiment. In contrast, while the PR EOS 

predictions are less accurate than those of GERG 2008 at high methane mole fractions, 

they do not deteriorate as drastically as either the methane mole fraction or temperature 

is decreased.  

These observations are demonstrated more clearly in Figure 4.5: for the experiments 

with x1 = 0.88 and 0.96, the relative deviations of the measured cp data from GERG 

20081 are shown in Figure 4.5a to be within 3 % between (168 and 118) K,  increasing 

to 5 % at 108 K. Figure 4.5b shows that the divergence of the data from the GERG 

2008 predictions at x4 = 0.4 as the temperature decreases is considerable, reaching 21 % 

at 138 K and nearly 110 % at 118 K. The cp values for this binary system calculated 

with PR-HYSYS are more robust over the entire composition range. For x1 = 0.88 and 

0.96 (Figure 4.5a), the PR-HYSYS predictions are within 10 % relative to the measured 

values over the entire temperature range. At higher temperatures the  
,p x p

c T   values 

from PR-HYSYS are slightly more positive than those of the measurements but at lower 

temperatures (< 130 K) the differences in slope start to decrease again. For mixtures 

with higher mole fractions of propane (Figure 4.5b), the PR-HYSYS predictions are 

also relatively poorer, being 11 % below the measurements at 168 K and 31 % below at 

118 K. This deterioration with decreasing temperature is, however, much smaller than 

that of GERG 2008. Moreover, a different implementation of the Peng-Robinson EOS 

performs even better for this mixture: Figure 4.5b shows that the relative deviation 

between the measured cp and the predictions of PR-REFPROP for the rich mixture is 

only 4 % at 168 K and 9 % at 118 K. This reflects the fact that different 

implementations of the Peng-Robinson EOS often use slightly different descriptions of 

the pure component fluids and/or different binary interaction parameters and that these 

differences can have an appreciable effect on the model’s predictions for mixtures (see 

SI for more information). 
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Figure 4.5 Relative deviations (cp-cp,ref)/cp,ref of the measured isobaric heat capacity cp  

for methane (1) +  butane (4) from cp,ref   calculated using GERG 2008.
1
 

The uncertainty bars indicate the difference between measurements that 

were repeated. (a) This work:  , x1 = 0.88, p = 5.15 MPa; ,  x1 = 0.88, p 

= 5.15 MPa; ▲ , x1 = 0.96, p = 5.05 MPa. Calculated:  ̶ · ̶  , PR-HYSYS,
3
 

x1 = 0.96 , p = 5.05 MPa;  ̶ ·· ̶ ,  PR-HYSYS, 
3
  x1 = 0.88 , p = 5.15 MPa. 

(b) This work: , x1 = 0.60, p = 5.20 MPa; ,  x1 = 0.60, p = 5.20 MPa 

(repeat). Calculated: ---, PR–REFPROP,
3
 x1 = 0.60 , p = 5.20 MPa;    ̶· ̶  , 

PR–HYSYS,
3
 x1 = 0.60 , p = 5.20 MPa. 

The observed deviations of the data from GERG 2008 are not unexpected as the model 

was developed for methane rich mixtures and data sets used in its development were 
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mainly pure component calorimetric data with very limited binary calorimetric data.  

Given the complex functional form of GERG 2008, it is not surprising that sufficient 

extrapolation of the model beyond the range of the data used in its development will 

result in poor predictions. Experiments were also made on  a mixture representative of a 

five component mixed refrigerant reported in a patent by Roberts et al.100 and assigned 

to Air Products and Chemicals, Inc. for cooling natural gas in the production of LNG. 

The mixture was prepared gravimetrically and had a mole fraction composition of 0.247 

CH4 + 0.333 C2H6 + 0.258 C3H8 + 0.076 C4H10 + 0.059 N2. The isobaric heat capacity 

of this mixed refrigerant at p = 1 MPa was measured at 108.15 K and 118.15 K using 10 

K steps and at p = 5 MPa (by using methane as the ballast gas) between 108.15 K and 

168.15 K with 10 K steps. The results reported in Table 4.4 are shown in Figure 4.6, 

with the relative deviations between the measured cp and the GERG 2008 1 predictions 

shown in Figure 4.7.  

 

Figure 4.6 Absolute isobaric heat capacity cp. of the refrigerant mixture with mole 

fractions 0.247 CH4 + 0.333 C2H6 + 0.258 C3H8 + 0.076 C4H10 + 0.059 N2. 

This work: , p = 1.00 MPa; ▲, p = 5.00 MPa. Calculated: ̶ · ̶  , PR-

HYSYS;
3
 
___

, GERG 2008.
1
 Literature: , Furtado

101 
(with mole fractions 

0.359 CH4+ 0.314 C2H6 + 0.327 C3H8 ) , p = 5.0 MPa. Calculated (for 

Furtado mixture):   ̶ · ̶  , PR-HYSYS
3
  ; 

___
, GERG 2008

1
. 
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Figure 4.7 Relative deviations (cp-cp,ref)/cp,ref of the measured isobaric heat capacity cp  

for the mixed refrigerant with mole fractions 0.247 CH4 + 0.333 C2H6 + 

0.258 C3H8 + 0.076 C4H10 + 0.059 N2 from cp,ref   calculated from GERG 

2008.
1
 This work: , p = 1.0 MPa; ▲, p = 5.00 MPa: , Literature: 

Furtado 
101 

(with mole fractions 0.359 CH4+ 0.314 C2H6 + 0.327 C3H8 ),
  
p 

= 5.00 MPa:  Calculated: ---, PR-HYSYS
3
 (for our work);  ̶ ·· ̶ , PR-

REFPROP
3
 (for our work);  ---, PR-HYSYS (for Furtado mixture) ; ̶ ·· ̶  , 

PR-REFPROP (for Furtado mixture). 

Table 4.4 Isobaric Heat Capacities
a
 for the Mixture with mole fractions 0.247 CH4 

(1) + 0.333 C2H6 (2) + 0.258 C3H8 (3) + 0.076 C4H10 (4) + 0.059 N2 (5) 

Measured on a Volumetric Basis and Converted to a Gravimetric Basis 

Using Densities Calculated from GERG 2008.
1
 

T/K cp / J·ml-1·K-1 cp / J·g-1·K-1 

p = 5 MPa 
108.15 1.425 2.225 
118.15 1.404 2.230 
128.15 1.393 2.252 
138.15 1.385 2.281 
148.15 1.354 2.273 
158.15 1.337 2.289 
168.15 1.319 2.305 

p = 5 MPa 
108.15 1.418 2.219 
118.15 1.397 2.226 

a Standard uncertainties u are u(x1) = 0.02, u(T) = 0.25 K,  u(p) = 10 kPa, and combined 
standard uncertainty uc(cp) = 0.02·cp with 95 % confidence level (k ≈ 2). 
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For the five component mixed refrigerant system, the GERG 2008 predictions are in 

excellent agreement at the higher temperature, with relative deviations of less than 2 % 

in the range (168 to 148) K. At lower temperatures the deviations increase to a 

maximum of 19 % at 108 K. In contrast, the cp predictions of the Peng Robinson3 EOS 

deviate from our results by an initially larger but comparatively constant offset: relative 

to our data, the PR-HYSYS predictions are 7 % lower at 168 K and 15 % lower at 

108 K whereas the PR-REFPROP predictions deviate by 5 % and 10 % at these 

temperatures, respectively. The results of Furtado,101 who measured  a ternary mixture 

of 0.359 CH4 + 0.314 C2H6 + 0.327 C3H8, are shown in Figures 4.6 and 4.7 together 

with the corresponding predictions of the GERG 2008, PR-HYSYS and PR-REFPROP 

models. The similarity of the deviations between the models and the data of Furtado101 

indicates that the trends observed for our results have a degree of generality. 

4.5 Correlation of the heat capacity data for methane + butane with GERG 

2008. 

 

Like most EOS, GERG-2008 uses binary interaction parameters (BIPs) to improve its 

quantitative predictions. These BIPs are contained within the high accuracy binary 

departure functions 102 and in the process of developing the GERG EOS these BIPs 

were adjusted to optimise agreement between the EOS predictions and selected binary 

mixture data sets. For the methane + butane binary system, the results of this work 

indicate that the lack of mixture cp data available at the time of the equation’s 

development mean that the EOS predictions for this mixture become poor when the 

EOS is extrapolated to low temperatures and high butane fractions. Accordingly, an 

investigation into whether a simple adjustment of the GERG EOS BIPs could address 

this problem with the model’s extrapolation was conducted. It was important to ensure 

that any modification of the BIPs to improve cp predictions did not cause significant 

degradation of the model’s predictions of other thermodynamic properties. Accordingly, 
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some VLE data for methane + butane published by Elliot et al. 103were used together 

with the cp data measured here as part of the tuning investigation. 

 The general structure of multi-parameter EOS models such as GERG, which have been 

developed to describe mixtures is based on multi-fluid approximation that explicit in the 

reduced Helmholtz free energy , with the independent mixture variables density , 

temperature T, and molar composition x102  

( , , ) ( , , ) ( , , )o rT x T x T x             4-1 

The function α(ρ,T, x) is split into two parts : first part αo , represents the properties of 

ideal gas mixtures at a given ρ, T, and x in the form of eq 4-2 , and the second part αr , 

accounts for  the residual behaviour in the form of eq 4-3. 

 
1

( , , ) ( , ) ln
N

o o
i oi i

i
T x x T x   



         4-2 
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1 1 1
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       4-3 

where δ is the reduced mixture density and τ is the inverse reduced mixture temperature 

given by  equation 4.4 . The reduced mixture variables  and  are calculated from eq. 

4.4 by means of the composition-dependent reducing functions for the mixture density 

ρr(x)  and mixture temperature Tr(x) and,  defined in equations (4-5)  and (4-6), 

respectively. 

( )  and   
( )

r

r

T x
x T


 


        4-4 

Equation 4.3 takes into account the residual behaviour of the mixture at the reduced 

mixture variables. The first part of eq. 4.3 is the contribution of the reduced residual 

Helmholtz free energy of the pure substance equations of state, linearly combined using 

the mole fractions xi. The double summation in eq. 4.3 is the departure function  

( , , )r x   , which is the summation over all binary specific and generalised 
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departure functions ( , , )r
ij x   developed for the respective binary mixtures 102. 

The adjustable factor Fij in eq 4.3 is varied according to whether a binary-specific or 

generalised departure function is used for a given binary pair.  

3
1

2
, , 2 1/3 1/3

1 1 1, , , ,

1 1 1 1 12
( ) 8

N N N
i j

i i j v ij v ij
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     4-6 

Here, Tc,i and c,i are the critical temperature and density of component i, respectively, 

and the parameters T,ij T,ij, V,ij V,ij,  are binary interaction parameters  which account 

for the deviation between the behaviour of the real mixture and the one resulting from 

the combining rules for the critical parameters of the pure components. 102 

The values of the binary parameters for all binary mixtures used in the development of 

the GERG EOS are listed in Table A3.8 of the reference 102. Each reducing function 

contains two adjustable parameters, and is based on the quadratic mixing rule which has 

a  well-founded physical basis. The two pairs of binary parameters (V,ij V,ij,in eq 4-5 

and T,ij T,ij, in eq. 4-6) allow for the introduction of arbitrary symmetric () and 

asymmetric () shapes into the reducing functions with respect to equimolar 

composition.  

The version of the GERG EOS implemented in the software Multiflash 4.2 104 allows 

the user to conveniently adjust these BIPs through a spreadsheet created in Microsoft 

Excel 10105. The sensitivity of the heat capacity and bubble point pressures predicted 

with GERG to binary adjustable parameters  V, V, and T, T was tested to establish if a 

reasonably small change in one or more of their values could eliminate the model’s 

divergence from the new cp data without comprising the prediction of other properties. 

To do this, the bubble-point (p,x) data measured by Elliot et al.103 for the methane + 

butane system at 244 K were used to indicate the likely detrimental impact on VLE 
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predictions caused by adjusting the BIPs to improve cp predictions. This test was not 

intended to be exhaustive but rather to quickly establish if a simplistic approach to 

tuning the GERG model was likely to be successful. For reference, Figure 4.8 shows 

the comparisons of experimental cp and (p,x) data with the properties predicted using the 

GERG EOS with its default values of binary adjustable parameters for methane + 

butane system, which are listed in Table 4.5.  

BIP Default value 
T 1.171607691 
T, 0.994174910 
V 1.045375122 
V 0.979105972 

 

Table 4.5 Default values of the GERG 2008 BIPs for the system methane + butane. 

The measurements of Elliot et al.103 at 244 K were selected because, as is most apparent 

in the deviation plot shown in Figure 4.8 (d), EOS predictions made with the default 

parameters are quite discrepant from the experimental values. The r.m.s. error of the 

predicted mole fraction compositions for the nine data points measured along this 

isotherm is 0.05 and 10 % on a relative basis with average measured x1=0.51. It is likely 

that the reason for this large deviation is that the data of Roberts et al.106 (1962), which 

are also shown in Figure 4.8(c) & (d), were  also used in the development of the GERG 

2008 EOS even though Elliot et al. identified that they were erroneous.103 Another 

reason for conducting the BIP sensitivity study was to establish whether the inclusion of 

the erroneous VLE data for the methane + butane system in the original EOS 

development was the reason for the poor predictions of cp. 
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Figure 4.8 (a) Absolute isobaric heat capacity cp   for methane (1) + butane (4) as a 

function of temperature. This work: ----, x1 = 0.60, p = 5.2 MPa. 

Calculated: , GERG 2008
1
 (using default BIPs. (b) VLE plot for 

methane (1) + butane (4) as a function of pressure at T = 244 K . --▲--, 

literature data of Elliot et al.
103

  at 244 K. Calculated: , GERG 2008
1
 

(using default BIPs). (c) Deviation plot cp for methane (1) + butane (4) as a 

function of temperature. This work: ----, x1 = 0.60, p = 5.15 MPa 

compared with GERG 2008
1
 (default - BIPs (d) Deviation plot for VLE. --

▲--, literature data of  Elliot et al.
103

  at 244 K compared with  GERG 

2008
1
 (using default BIPs). , literature data of  Roberts et al. 

106
  at 244 K 

compared with  GERG 2008
1
 (using default BIPs). 

The sensitivity study demonstrated that the VLE predictions were sensitive to small 

changes (< 0.1) in all four parameters, whereas the cp predictions only sensitive to small 

changes in T. Figure 4.9 shows the VLE deviation plots obtained by adjusting each of 

the four parameters independently, with the rest held at their default values, to minimise 

the sum of squared deviations in the mole fraction composition. In summary, increasing 

V improved the VLE predictions at low pressures; increasing V improved the VLE 

predictions in the vicinity of the critical region; and increasing T improved the VLE 

predictions at medium to high pressures. Decreasing the parameter T improved the 
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prediction of cp, particularly at the lowest temperature but this change also made the 

VLE predictions at low pressure worse. The sensitivity study revealed that the effects of 

the parameters on the thermodynamic property predictions were strongly correlated, and 

resulted in trade-offs: for example decreases to T (to improve cp) and increases V (to 

improve low pressure VLE prediction) could result in no net improvement to the 

prediction of either property.  

  

Figure 4.9  VLE plot for methane (1) + butane (4) as a function of pressure at T = 244 

K obtained by adjusting each of the four parameters independently, with 

the rest held at their default values (Table 4.5). Optimised binary 

adjustable parameters are; (a) T =0.9786, (b) V, =0.9168, (c) V =1.1312, 

and (d) T = 1.1907.  

The following strategy was adopted to establish whether some improvement in the 

prediction of these two data sets could be achieved: the parameters V, V, and T were 

adjusted to minimise the deviations in the VLE predictions only, while T was held 

constant (initially at its default value). This was effective because the three parameters 

were observed to each affect VLE predictions in different regions of the isotherm, with 

limited correlation between them and with no apparent impact on the cp predictions. 
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Figure 4.10 shows the absolute and VLE deviations resulting from the optimisation of 

the values of V, V, and T with T at its default value of 1.1716.  

  

Figure 4.10  (a) VLE plot for methane (1) + butane (4) as a function of pressure at T = 

244 K resulting from the optimisation of the values of V, V, and T with 

T at its default value of 1.1716. (b) VLE deviations plot resulting from the 

optimisation of the values of V, V, and T with T at its default value of 

1.1716, which corresponds to Adjustment 1a in Table 4.6.. 

Subsequently, T was decreased to reduce the deviations in the cp predictions only, with 

the other parameters held constant at their new values. Figure 4.11(a) shows the 

resulting  cp predictions following the first adjustment of T, while Figure 4.11(b) 

shows the consequent degradation in the VLE predictions.  

 

Figure 4.11 (a) Absolute isobaric heat capacity cp   for methane (1) + butane (4) as a 

function of temperature  following the adjustment of the values of V, V, 

T and the manual decrease of T to 1.14 from its default value (b) 

Resulting VLE plot for methane (1) + butane (4) as a function of pressure 

at T = 244 K following Adjustment 1(b), with parameter values given in 

Table 4.6.. 
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This procedure was repeated six times, and the results are shown in Table 4.6. The 

initial relative r.m.s. error of the default GERG EOS for the VLE data was 10 % and it 

was 26 % for cp. This was improved to 3% for the VLE data and 13% for cp by this 

procedure of adjusting the four BIPs. Figure 4-12 shows the results achieved following 

the final adjustment listed in Table 4.6.  

 

 

Figure 4.12 (a) Absolute isobaric heat capacity cp   for methane (1) + butane (4) as a 

function of temperature. This work: ----, x1 = 0.60, p = 5.2 MPa. 

Calculated: , GERG 2008
1
 (using default BIPs). , BIPs obtained after 

adjustment 6 in Table 4.6. (b) VLE data plot for methane (1) + butane (4) 

as a function of pressure at T = 244 K . --▲--, literature data of Elliot et 

al.
103

  at 244 K. Calculated: , GERG 2008
1
 (using default BIPs). ----, 

BIPs obtained after adjustment 6 in Table 4.6. (c) Deviation plot for cp for 

methane (1) + butane (4) as a function of temperature. (d) Deviation plot 

for VLE data.  
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Adjustment 0 1a 1b 2a 2b 3a 3b 4a 4b 5a 5b 6 

γT  1.1716 1.1716 1.1400 1.1400 1.1300 1.1300 1.1265 1.1265 1.1250 1.1250 1.1245 1.1245 

γV  1.0454 1.1559 1.1559 1.3919 1.3919 1.4889 1.4889 1.5273 1.5273 1.5446 1.5446 1.5506 

βT  0.9942 1.0042 1.0042 0.9995 0.9995 0.9965 0.9965 0.9953 0.9953 0.9947 0.9947 0.9945 

βV  0.9791 0.9627 0.9627 1.1433 1.1433 1.2216 1.2216 1.2530 1.2530 1.2672 1.2672 1.2721 

r.m.s Cp / 
J g-1 K-1 0.610 0.606 0.490 0.554 0.370 0.457 0.317 0.368 0.310 0.319 0.307 0.303 

Rel r.m.s. 
Cp/<Cp> 25.9% 25.8% 20.8% 23.6% 15.7% 19.4% 13.5% 15.6% 13.2% 13.6% 13.0% 12.9% 

r.m.s  x1 0.051 0.011 0.050 0.012 0.019 0.013 0.014 0.014 0.014 0.014 0.014 0.014 

Rel r.m.s.  
x1 / <x1> 9.89% 2.18% 9.78% 2.39% 3.68% 2.57% 2.79% 2.65% 2.72% 2.69% 2.71% 2.70% 

Table 4.6  Adjustment of the GERG-EOS BIPs used to improve the prediction of the 

cp and VLE data for the methane + butane binary system. The mean values 

of the measured cp and x1 used in evaluating the relative r.m.s. deviations 

were 2.35 J/g/K and 0.51, respectively. 

This manual adjustment procedure was followed because it was found that attempts to 

further automate the minimisation of the deviations were unsuccessful. This was likely 

due in part to the clear correlation between the parameters T and V in particular. The 

changes in the parameters T and T from their default values were small (< 0.05) in 

comparison with the changes in V and V ( 0.5 and 0.3, respectively), with most of the 

change in the latter pair occurring to offset the degradation in VLE predictions when cp 

predictions were improved. The prediction of the cp value at the lowest temperature was 

found to be extremely sensitive to small reductions in T, particularly once the value 

neared 1.1245. Further changes to the parameters were not found to result in statistically 

significant improvements in the predictions indicating that the values listed in Table 4.6 

for Adjustment 6 likely correspond to a local minimum, at least for this very limited 

data set.  
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4.6 Conclusion 

 
This work demonstrates that the modifications made to the specialized, high-pressure 

DSC calorimeter reported by Syed et al.71 were successful in enabling it to measure 

isobaric heat capacities of liquid alkane mixtures at cryogenic temperatures. It also 

shows that there is still significant room for improving equation of state predictions for 

the heat capacity of liquid alkane mixtures, including those of significant industrial 

importance such as the mixed refrigerants used in the LNG industry. New 

measurements of mixture heat capacities at cryogenic temperatures are therefore needed 

so that EOS developers can utilize them directly during model regression, instead of 

only relying principally on measured volumetric properties such as density to produce 

accurate predictions of caloric values.  

Our results agree well with the prediction of GERG 20081 for methane rich mixtures but 

as the methane mole fraction and the temperature decrease, the data deviate 

significantly from  the GERG 2008 predictions. The GERG 20081 model is explicit in 

the Helmholtz free energy and uses a multi fluid approximation to describe the 

thermodynamic properties of binary mixtures from fundamental equations for the pure 

components and correlation equations for the mixtures.102 Experimental data for 

thermodynamic properties such as density, speed of sound, heat capacities, and phase 

equilibrium properties from the database detailed in ref 102 were used to determine the 

coefficients and parameters of the correlation equations. The GERG 2008 model also 

uses binary specific or generalized departure functions for mixtures depending on the 

available experimental data, with binary specific departure functions being superior to 

the generalized departure functions if the specific data needed for their development are 

available.102 For methane + propane the model uses a binary specific departure function 

since the data bank contains sufficient data over a wider range of temperature and 

composition, and this is reflected in the good agreement observed between the GERG 
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2008 predictions and our experimental results for that binary system. For methane + 

butane, GERG 2008 uses a generalised departure function as there was limited mixture 

data available in the database over a limited composition range, and there was no 

calorimetric data available at all for this system.1,102 Thus it is to be expected that when 

the model is extrapolated beyond the range of data to which it was regressed that the 

deviations between measurements and predictions will increase, although the magnitude 

observed here at temperatures below 135 K for a butane mole fraction of 0.4 is 

surprising. Accurate isobaric heat capacity data for binary and multi-component 

mixtures such as those reported here should be of significant value in future efforts to 

improve and increase the range of applicability of GERG 2008102 or similar models. 

In contrast with GERG 2008, the data show an appreciable but constant offset from the 

predictions of the cubic PR EOS3, with subtle but noticeable differences apparent 

between different software implementations of the model. Standard methods for 

improving mixture predictions with the PR EOS3, such as the use of alternative mixing 

rules or adjusting binary interaction parameters, kij, are not generally focussed on the 

accuracy of heat capacity calculations. The kij parameter is usually determined by 

regression to experimental vapour-liquid-equilibria (VLE) data. In principle, however, 

using a temperature dependent kij may enable both a good representation of VLE data 

and a better prediction of excess enthalpies and excess heat capacities through the Gibbs 

Helmholtz relationship. An alternative approach for improving cubic EOS predictions is 

the volume translation method such as the one described by Peneloux et al.72 This 

method was originally developed to improve the prediction of density but it also affects 

the prediction of the heat capacities. By combining these two modifications it may be 

possible to tune cubic equations of state to better predict cp data for binary mixtures. 

A simplistic approach to adjusting the binary interaction parameters of the GERG EOS 

was taken in an attempt to assess whether the poor cp predictions for the methane + 
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butane binary system at low temperatures were related to the inclusion of an erroneous 

VLE data set at 244 K 106 in its original development. By first conducting a sensitivity 

study, it was found that: 

(i) by adjusting three of the four BIPs slightly, the VLE predictions at 

this temperature could be forced to agree with the more accurate data 

of Elliot et al. 103 without affecting (improving) the cp predictions;  

(ii) the cp predictions were only sensitive to the remaining BIP 

parameter; however adjusting it caused the low pressure VLE 

predictions to deteriorate; and 

(iii) by following a manual optimisation procedure it was possible for 

this very limited data set to improve the relative r.m.s. deviations for 

the cp and VLE data from 26 % and 10 % to 13 % and 3 %, 

respectively.  

While this improvement is significant, the resulting changes in the values of two of the 

BIPS were about 30 % and 50 %, which would very likely introduce significant errors 

in the prediction of the thermodynamic properties of this binary mixture at other 

conditions. Thus while this tuning attempt demonstrated that it was possible to improve 

both the cp and VLE predictions for this binary mixture at conditions where data were 

available to demonstrate that the default model has a deficiency, ultimately a more 

comprehensive approach to re-tuning the GERG EOS for this binary should be 

followed. Importantly the low temperature cp data produced for this binary as part of 

this research, which were not available at the time of the original development of the 

GERG EOS, should be included in any such future global tuning to improve its 

description of the properties of natural gas mixtures.    
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Chapter 5 Enthalpy of Fusion Measurements 

 

This chapter presents the results of a sequence of measurements with the ultimate aim of 

measuring enthalpies of fusion in mixtures of liquid hydrocarbons at high pressures and 

low temperatures. To achieve this, enthalpy of fusion measurements, ΔfusH, for mercury 

and water were conducted first at ambient pressure to establish the uncertainty of the 

DSC technique using reference standards. Then the melting temperatures and enthalpies 

of fusion of two ionic liquid samples, [Hmim][Tf2N] and [Omim][Tf2N], were 

measured as part of an effort to increase confidence in the calorimetric properties of 

these substances reported in the literature. Finally, enthalpy of fusion measurements 

were conducted for two hydrocarbon mixtures: methane + butane and methane + 

hexane. Both mixture measurements produced interesting results which are discussed 

and indicate that several technical challenges need to be overcome if accurate ΔfusH 

measurements of liquid hydrocarbon mixtures are to be conducted with the current 

DSC.   

The results of the pure fluid ΔfusH were included in the journal publication by Hughes et 

al. (2011)68. The focus of that publication was the reconciliation of values for the heat 

capacities and ΔfusH of two ionic liquids that had been identified by IUPAC as potential 

reference standards: prior to this work, however, measurements reported in the literature 

differed by 8 % from the recommended IUPAC value. These pure fluid measurements 

were also important to the ongoing development of a capability to measure ΔfusH for 

mixtures relevant to LNG production, and hence their inclusion in this chapter. An 

adapted version of the journal article by Hughes et al. is presented in Section 5.1. While 

the section headings from the journal article have been retained, the figures, equations, 

tables and references have been renumbered and are in line with the thesis format. 

Furthermore, the material that was included as Supporting Information to the journal 
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article has been integrated into the Chapter to maximise coherency. Section 5.2 of this 

Chapter presents unpublished material on the ΔfusH measurements of binary mixtures of 

hydrocarbon mixtures at high pressure.  

5.1 Pure fluid ΔfusH and cp measurements: mercury, water and ionic liquids  

 

5.1.1 Abstract 

 

Several previous measurements of the isobaric heat capacity of the ionic liquid 1-hexyl-

3-methylimidazolium bis(trifluoromethylsulfonyl)amide ([Hmim][Tf2N]) differ relative 

to the IUPAC recommended value by ± 8 %. Specifically, the results obtained by 

differential scanning calorimetry (DSC) showed relative difference from each other and 

from values determined by adiabatic calorimetry by up to 12 % and by 6 % on average.  

The aim of this work was to explore the reason for these discrepancies in DSC 

measurements. Accordingly, measurements of the isobaric heat capacity and low 

temperature thermal transitions of [Hmim][Tf2N] and 1-octyl-3-methylimidazolium 

bis(trifluoromethylsulfonyl)amide ([Omim][Tf2N]) made by DSC are reported here. 

The isobaric heat capacities for both ionic liquids were measured on samples of (5 to 9) 

g over the temperature ranges (303 to 373) K for [Hmim][Tf2N] and (288 to 373) K for 

[Omim][Tf2N]  using steps of 10 K and a scan rate of 0.025 K·min-1. These heat 

capacity measurements were consistent, within their estimated relative uncertainty of 

3 %, with the values measured by adiabatic calorimetry and with the DSC 

measurements made at scan rates of less than 1 K·min-1 on samples of 5 g or greater. In 

addition, several thermal transitions were observed for these ionic liquids at 

temperatures down to 140 K. For [Hmim][Tf2N] a melting temperature of (272  1) K 

and an enthalpy of fusion of (62  2) J·g-1 were measured, which are consistent within 

the combined uncertainties with those of Shimizu et al. (J. Phys. Chem. B 2006, 110, 

13970-13975).  After tempering the [Omim][Tf2N] sample, a melting temperature of 
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(250  1) K and an enthalpy of fusion of (58  2) J·g-1 was obtained, which are 

consistent within the combined uncertainties with those of Paulechka et al. (J. Chem. 

Thermodyn. 2007, 39, 866-877). 

5.1.2 Introduction 

 

Ionic liquids are commonly defined as organic salts that have melting temperatures of 

less than 373 K.  They have a range of properties that may make them useful 

replacements for volatile organic solvents such as their extremely low vapour pressure, 

non-flammability and in many cases low toxicity.107  Reviews by Zhao,107 Plechkova 

and Seddon,108 and Werner et al.109 describe the  present industrial processes which use 

ionic liquids and discuss many other possible industrial applications of ionic liquids.  To 

evaluate their use in such processes the thermophysical properties of ionic liquids need 

to be well understood.  In 2002 IUPAC launched project 2002-005-1-100 entitled 

“Thermodynamics of ionic liquids, ionic liquid mixtures, and the development of 

standardized systems”.  An objective of the IUPAC project was to make reference 

quality measurements of important thermophysical properties of the selected ionic 

liquid to establish recommended reference values of these properties.  The reference 

ionic liquid selected was 1-hexyl-3-methylimidazolium 

bis(trifluoromethylsulfonyl)amide ([Hmim][Tf2N]) and a “IUPAC” sample of this liquid 

was prepared and distributed to all researchers participating in the project.110 

Heat capacity is a particularly important property for process design and Paulechka111 

has recently published a critical review of ionic liquid heat capacities. For 

[Hmim][Tf2N]) three sets of heat capacity measurements were collected as part of the 

initial IUPAC study.110  Heat capacities of the IUPAC sample of liquid [Hmim][Tf2N] 

were measured using adiabatic calorimetry by Shimizu et al.112 and Blokhin et al.113 and 

using differential scanning calorimetry (DSC) by Archer.114  In addition, all three 
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groups measured the heat capacity of crystalline [Hmim][Tf2N] phases and its enthalpy 

of fusion.  The IUPAC recommended values for the heat capacities and enthalpy of 

fusion were published by Chirico et al.115  In addition to the IUPAC commissioned 

measurements, Crosthwaite et al.,116 Diedrichs and Gmehling,117 and Ge et al.118 

published measurements of the heat capacity of [Hmim][Tf2N] made using DSC. A 

summary of the literature data and the measurement details is given in Table 5.1.1.  

Chirico et al. noted that there were “surprisingly large” deviations between the IUPAC 

recommended values and other measurements using DSC.  The relative difference from 

the IUPAC recommended heat capacity of the DSC measurements of Crosthwaite et al., 

Diedrich and Gmehling, Archer and Ge et al. were -7 %, (2 to 5) %, (0.5 to 6) % and (3 

to 6.5) %, respectively.119  A possible contributing factor to these large deviations was 

the method of measurement including factors such as the scan rate and sample size.  For 

each measurement set, Table 5.1.1 lists the sample mass, scan rate, DSC method as well 

as the DSC instrument used for the measurements.  As a result of these large differences 

in the DSC results, one of us (KNM) acting as the IUPAC project chair requested two 

additional sets of DSC measurements to try and resolve the discrepancies. Recently, one 

set of those additional measurements, corresponding to the temperature range (323 to 

573) K, was reported by Bochmann and Hefter.120 The purpose of this paper is to report 

the results of the second set of DSC measurements made over the lower temperature 

range (300 to 373) K.  

In addition, measurements of the heat capacity and enthalpy of fusion of 1-octyl-3-

methylimidazolium bis(trifluoromethylsulfonyl)amide [Omim][Tf2N] are reported here, 

again over a complementary temperature range to that of Bochmann and Hefter.13 Prior 

to these two new studies, the discrepancies in the reported heat capacity measurements 

of [Omim][Tf2N] were more problematic than for [Hmim][Tf2N] because all three 

existing data sets were inconsistent. The heat capacities measured using DSC by 
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Crosthwaite et al.9 were 5 % lower relative to those reported by Paulechka et al.17 using 

adiabatic calorimetery. Subsequent DSC measurements reported in 2008 by Ge et al.11 

were on average a further 8 % larger relative to the values of Paulechka et al.17  A 

summary the available literature heat capacity data for [Omim][Tf2N] is also given in 

Table 5.1.1.  

Table 5.1.1 Scan rates, sample mass, calorimeter manufacturer, method and estimated 

relative standard uncertainty for literature heat capacity measurements by DSC of liquid 

[Hmim][Tf2N] and [Omim][Tf2N] 

Author 
β

a
 msample T range Manufactur

er 

DSC 

method 
ur

f
 -1K·min

 

    mg          K      

Archer
114

 
b
 5 2 to 15 196 to 370 

TA 

Instruments 
DSC-2920 

Continuous 

scan 
6 % 

Bochmann & 

Hefter
120

 
0.25 

c 
325 to 564 Setaram C80 5 K steps  

Bochmann & 

Hefter
120

 
1 

c 
325 to 564 Setaram C80 20 K steps 0.7 % 

Bochmann & 

Hefter
120

 
0.5 

c 
325 to 564 Setaram C80 10 K steps  

Crosthwaite et al.
116

 10
b
 20 to 50

d
 298, 323 

Mettler-

Toledo 

DSC822 

Continuous 

scan 
11 % 

Diedrichs & 

Gmehling (1)
117 b

 
0.15 

5000 to 

8000 
318 to 418 

Setaram BT 

2.15 

Continuous 

scan  
5 % 

Diedrichs & 

Gmehling (2)
117 b

 
20 5 to 10 320 to 425 

TA 

Instruments  

DSC Q100 

Continuous 

scan 
5 % 

Diedrichs & 

Gmehling (3)
117 b

 
2

e
 5 to 10 323 to 423 

TA 

Instruments  

DSC Q100 

Modulated 

DSC
e
 

5 % 

Ge et al.
118

 20 5 to 10 293 to 358 

TA 

Instruments 

DSC Q100 

Continuous 

scan 
12 % 

a
 β represents the scan rate 

b
 Work includes measurements of [Hmim][Tf2N] only 

c
 Volumetric heat capacities were measured with a calorimetry cell volume of ≈15 ml 

d 
From Fredlake et al.

121
 

e 
2 K·min

-1
, temperature amplitude of ±0.531 K, 100 s modulation period. 

f 
Relative standard uncertainty estimates from Paulechka

111
 

 

 

 



Chapter 5 

88 | P a g e  

 

5.1.3 Experimental Section 

 

Apparatus. Heat capacities and enthalpies of thermal transitions were measured using a 

differential Setaram BT2.15 Tian-Calvet heat flow calorimeter.122,123  This calorimeter 

utilizes liquid nitrogen for cooling and can operate between (77 and 473) K.  The power 

detection threshold of the calorimeter was between (2 and 20) μW depending on the 

sample and scanning rate.  The sensitivity of the calorimeter’s heat flux sensor varies 

between (18 and 34) μV·mW-1 depending on the temperature.  The heat flux sensor was 

calibrated using electrically heated Joule cells provided by Setaram. 

Materials. Samples of [Hmim][Tf2N] and [Omim][Tf2N] were prepared at the 

University of Canterbury New Zealand and transported under a nitrogen atmosphere to 

the University of Western Australia.  Prior to the measurements, about 50 cm3 of ionic 

liquid was added to a custom drying and storage flask with a magnetic mixing bar.  The 

liquid was stirred with the magnetic mixer and heated in an oven to 343 K while a 

vacuum of (10 to 30) Pa was applied.  After about 48 h the vacuum pump was switched 

off and the flask was flushed with dry nitrogen.  Samples were then taken via the flask’s 

septum for Karl Fischer titration (Metrohm 831 Coulometer).  Two samples of both 

[Hmim][Tf2N] and  [Omim][Tf2N] were used in the calorimetric measurements.  The 

mass fractions of water in these samples, measured before and after the measurements, 

are listed in Table 5.1.2 
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Table 5.1.2. Mass fraction of water, w, in ionic liquids measured by coulometric Karl 

Fischer titration prior and after calorimetry  

 
Run 1 prior  

10
6
w 

Run 2 prior 

 10
6
w 

Run 1 after 

 10
6
w 

Run 2 after 

 10
6
w 

[Hmim][Tf2N] 13 4 Not measured 103 

[Omim][Tf2N] 7 4 Not measured 4 

 

Table 5.1.3 Masses of ionic liquids used in experiments 
a 

 Run 1 Run 2 
Low temperature 

transitions 

 m/g m/g m/g 

[Hmim][Tf2N] 9.404 ± 0.001 5.7238 ± 0.0001 11.7613 ± 0.0002 

[Omim][Tf2N] 5.454 ± 0.001 5.5846 ± 0.0001 5.5846 ± 0.0001 

a 
Masses listed are the true masses.  The density used to calculate the true mass for 

[Hmim][Tf2N] was from taken from the equation provided in the review of Chirico et 

al.,
115

 and for [Omim][Tf2N] was taken from Tokuda et al.
124

 The size of the bouyancy 

correction was approximately 0.072 % and 0.076 % for [Hmim][Tf2N] and 

[Omim][Tf2N] respectively. 

Heat Capacity Measurements. In early experiments samples of ionic liquid were taken 

by syringe out of the storage flask and injected in to a dry N2 flushed standard 8 ml 

stainless steel calorimeter cell.  Dry N2 was flowed into the top of the cell for about a 

minute before the cell’s lid was closed, compressing an o-ring seal. In later experiments 

the transfer technique was further refined to minimize exposure to moisture in the air.  

A 10 ml syringe flushed with dry nitrogen was used to remove samples of the dried 

ionic liquid from the flask.  The syringe was then placed inside a glove bag with a dry 

N2 atmosphere. The sample cell was similarly flushed and placed inside the glove bag. 

Finally with both the syringe and the cell inside the glove bag, the sample was injected 

into the cell, which was then sealed.  In all of the experiments, the calorimeter’s 

reference cell was filled with dry nitrogen. 

Heat capacity measurements were made using the step technique described by the 

manufacturer and by Bochmann and Hefter.120  Samples were equilibrated for 5.5 h 

initially and also following each 10 K temperature step, during which the rate of heating 
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was 0.025 K·min-1.  The mass of each sample is listed in Table 5.1.3.  Heat capacities 

of the ionic liquids were calculated from  

 s b

step

d d
p

t t
c

m T

 




  , 5-1 

where sdt  is the integrated heat flow difference between the cell with sample and the 

reference cell containing dry N2 over the temperature step, bdt is the integrated heat 

flow difference for a scan where both the sample and reference cells were filled with 

dry N2, m is the sample mass and ΔTstep is the temperature step interval. 

Low Temperature Transitions and Enthalpy of Fusion Measurements. The heat 

flow measurements made during the scans of the low temperature transitions are shown 

in Figures 5.1.1, 5.1.2 and 5.1.3 of the Supporting Information (SI). The [Hmim][Tf2N] 

sample was first cooled to 148.15 K overnight. Its temperature was then rapidly 

increased to 223.15 K where it was held constant for several hours before the sample 

was heated at a rate of 0.025 K·min-1 from 223.15 K to 298.15 K (Figure 5.1.1).  In 

another experiment, a sample of [Omim][Tf2N] was cooled to 148.15 K and held at that 

temperature for 2 h. The sample was then heated at a rate of 0.08 K·min-1 from 

148.15 K to 323.15 K (Figure 5.1.2).  An exothermic event occurred just below the 

melting temperature and consequently the two enthalpy peaks overlapped.  

Subsequently, the same sample of [Omim][Tf2N] was cooled to 223.15 K and held there 

for 4 h before being heated at 0.03  K·min-1 to 238.15 K where the sample was 

tempered for about 12 h to ensure the glass phase transition was completed.  The sample 

was then cooled to and maintained at 223.15 K for another 8 h before it was heated at a 

rate of 0.03  K·min-1 from (223.15 to 278.15) K (Figure 5.1.2). This avoided the 

problem of overlapping peaks and allowed the enthalpy of fusion to be determined 

reliably.  The buoyancy corrected true mass of both the [Hmim][Tf2N] and 
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[Omim][Tf2N] samples are listed in Table 5.1.3.  The enthalpy of fusion, Δfush, was 

calculated from 

 fus sd /h t m   , 5-2 

where sdt  is the integrated heat flow difference between the cell with sample and the 

reference cell containing dry N2 over the fusion peak and m is the mass of the sample. 

 

 

Figure 5.1.1. Low temperature scan showing thermal transitions observed for 

[Hmim][Tf2N] 
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Figure 5.1.2. Low temperature thermal transitions observed for [Omim][Tf2N], Ti,g = 

185.05 K, exothermic transition Tonset = 230.11 K, melting transition Tonset 

≈ 250 K 

 

Figure 5.1.3. Enthalpy of fusion transition for [Omim][Tf2N] tempered at 238.15 K for 

approximately 12 h, onset melting temperature Tonset = 249.81 K  
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β/K·min
-1

 0.025 0.050 0.075 Reference This work Reference 

 Δfush/kJ·kg
-1 

Δfush/kJ·kg
-1 

Δfush/kJ·kg
-1 

Δfush/kJ·kg
-1 

Tfus /K Tfus /K 

Water 342.88 345.89 347.04 333.5 ± 0.2
125

 273.09 273.15 

Mercury 11.563 11.568 11.554 
11.471 ± 

0.005
126

 
237.18 

234.3210 ± 

0.0005
127

 

Table 5.1.4  Enthalpies of fusion and melting temperatures of water and mercury  

 

Uncertainty Estimation. To test the calorimeter’s performance and the sample 

thermometer’s calibration, enthalpy of fusion measurements were conducted with 

deionized water and with mercury at scan rates, β, of (0.025, 0.050 and 0.075) K·min-1.  

The temperature ranges of the scans were (253.15 to 288.15) K for water and (213.15 to 

248.15) K for mercury.  The onset temperature as a function of the scan rate is shown in 

Figure 5.1.4a and 5.1.4b of the Supporting Information (SI) for water and mercury, 

respectively.  The extrapolated onset temperature for a scan rate of zero was (273.10 ± 

0.03) K and (234.18 ± 0.02) K for water and mercury, respectively compared to the ice 

point of 273.15 K for water and recommended melting temperature of 234.3210 K for 

mercury.127  All onset temperatures measured in this work for the ionic liquid samples 

were corrected for scan-rate dependence by (3.4 β) K, where the multiplier is the 

average of the slopes shown in Figure 5.1.4 for water and mercury. The enthalpies of 

fusion measured for water and mercury are given in Table 5.1.4 and were 3.7 % and 

0.8 % higher relative to their respective reference values.125,126  The water was not 

degassed and this could have affected the ΔfusH determination. 

The van’t Hoff equation
128

, 

 

 2
0 0 fus m 1T T x RT H f   ,   5-3 

provides a method for calculating the freezing point depression. Here T0 is the melting 

temperature of the pure substance, x is the mole fraction of impurity in the liquid 

solution, ΔfusHm is the molar enthalpy of fusion and f is the fraction of the solid melted.  
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Assuming that the liquid phase is an ideal solution and that the impurities do not form a 

solid solution, it is possible to estimate the level of impurities in the sample from a DSC 

enthalpy fusion peak using eq 1.128  The purities of the [Hmim][Tf2N] and  

[Omim][Tf2N] samples were estimated from the enthalpy of fusion scans, where the 

fraction melted as a function of temperature was calculated from the cumulative area 

fraction of the enthalpy of fusion peak by the calorimeter’s Calisto software (see 

Laye128).  The leading slope of a mercury enthalpy of fusion peak (73 mW·K-1) at the 

same scan rate as the ionic liquid fusion scans was used to correct for the effects of 

thermal lag.  Fitting the van’t Hoff equation from (5 and 25) % of the fusion peak area 

gave mole fraction purities of 0.9985 and 0.9902 for the [Hmim][Tf2N] and 

[Omim][Tf2N] samples, respectively. 

From the enthalpy of fusion and purity analyses we estimate that the relative combined 

uncertainty, uc,r, at a 95 % confidence limit in the enthalpies of fusion to be about ± 3 % 

and the standard uncertainty in the temperature to be ± 0.25 K.  We estimate that the 

relative standard uncertainty in the heat capacity measured by the step method is also 

likely to be about ± 3 %. 

 

Figure 5.1.4. Onset melting temperatures, Tonset, for (a) water (Tonset = 3.0β min + 

273.09 K) and (b) mercury (Tonset = 3.8β min + 234.18 K) 
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5.1.4 Results and Discussion 

 

Heat Capacities. The measured heat capacities of [Hmim][Tf2N] are listed in Table 

5.1.5   and are compared to literatures values in Figure 5.1.5.  Figure 5.1.6 shows a 

deviation plot of the heat capacities from the IUPAC recommended values.  These 

recommended values by Chirico et al.115 are in the form of a weighted least squares 

polynomial fit to the adiabatic calorimetry data of Shimizu et al.112 and Blokhin et al.113 

as well as the DSC data of Archer114 between (190 to 370) K.  Our heat capacities are 

within 3 % (estimated standard relative uncertainty ur = 3 %) of the recommended 

values for all but three of the measurements. We note that the data set of Diedrich and 

Gmehling (3)117 was measured with a Setaram BT2.15, the same as used in this study, 

and that their data closely matches our data.  Diedrich and Gmehling measured the heat 

capacity over the whole temperature range by a continuous scans method, in which 

three sets of scans were performed against the reference cell, one with the ionic liquid, 

one with N2, and one with α-Al2O3 as the calibration substance.  Bochmann and 

Hefter120 measured the volumetric heat capacities at 10 MPa using three sets of step 

scans with a Setaram C80 heat flow Tian-Calvet calorimeter.  Dry N2 was used in the 

reference cell and water was used as a calibration substance in the sample cell.  The cell 

and connecting tube was completely filled with the sample and at 1 cm above the cell 

the tubing was heated to 1 K above the cell temperature to limit heat transfer up the 

tube.  Steps of 5 K and 20 K were used at two different scan rates.  We note that 

Bochmann and Hefter’s heat capacity data closely matches the adiabatic data and 

appears to have a similar slope with temperature.  Diedrich and Gmehling’s, Bochmann 

and Hefter’s and our data were all collected with relatively large sample masses of more 

than 5 g and with slow scan rates of less than 1 K·min-1.  Other DSC data sets, namely 

Crosthwaite et al,116 Diedrichs & Gmehling data sets (2) and (3), Archer,114 and Ge et 

al.118 were measured with small sample sizes of less than 50 mg and scan rates between 



Chapter 5 

96 | P a g e  

 

(2 and 20) K·min-1.  Archer’s data generally agree well with the values obtained using 

adiabatic calorimetry but at both the lower and higher temperature extremes of the scan, 

the relative difference increases to almost 6 %. In general the DSC data with smaller 

samples and faster scan rates are higher by up to 8 %, from the adiabatic measurements 

and those measured with a DSC with a large sample and slow scan rate. (The DSC data 

of Crosthwaite et al.116 are an exception being 7 % lower than the adiabatic values.) 

 

Run 1 Run 2 

T/K cp/J·g
-1

·K
-1

 T/K cp/J·g
-1

·K
-1

 

312.83 1.413 302.86 1.465 

322.81 1.431 312.83 1.476 

332.78 1.449 322.79 1.489 

342.76 1.468 332.76 1.492 

352.72 1.489 342.73 1.500 

362.68 1.517 352.70 1.512 

372.64 1.543 362.67 1.527 

  372.64 1.543 

Table 5.1.5. Experimental isobaric heat capacities of [Hmim][Tf2N], u(T ) = 0.25 K, 

ur(cp) = 3 % 
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Figure 5.1.5. Isobaric heat capacity of [Hmim][Tf2N] as a function of temperature, 

, this work – run 1; ,  this work – run 2; , Crosthwaite et al.
116

; 

, Shimizu et al.
112

; , Diedrichs & Gmehling (1)
117

; ×, Diedrichs & 

Gmehling (2)
117

; +, Diedrichs & Gmehling (3)
117

; ◦, Archer
114

; ○, Blokhin 

et al. (1)
113

; , Blokhin et al. (2)
113

; , Ge et al.
118

; □, Bochmann & 

Hefter.
120

 

 

Figure 5.1.6. Deviation plot for [Hmim][Tf2N] isobaric heat capacity from the IUPAC 

recommended values (Chirico et al.
115

), , this work – run 1; , this 

work – run 2; , Crosthwaite et al.
116

; , Shimizu et al.
112

; , Diedrichs 

& Gmehling (1)
117

; ×, Diedrichs & Gmehling (2)
117

; +, Diedrichs & 

Gmehling (3)
117

; ◦, Archer
114

; ○, Blokhin et al. (1)
113

; , Blokhin et al. 

(2)
113

; , Ge et al.
118

; □, Bochmann & Hefter.
120

  The combined expanded 

uncertainty in the IUPAC recommended values is represented by the 

dashed lines. 
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Figure 5.1.7. Isobaric heat capacity of [Omim][Tf2N] as a function of temperature, 

, this work – run 1; ,  this work – run 2; , Crosthwaite et al.
116

; 

▪, Paulechka et al.
129

; , Ge et al.
118

; □, Bochmann & Hefter.
120

 

 

Figure 5.1.8. Deviation plot for [Omim][Tf2N] isobaric heat capacity from the 

Paulechka’s
111

 recommended values, , this work; , repeat this work; 

, Crosthwaite et al.
116

; ▪, Paulechka et al.
129

; , Ge et al.
118

; □, Bochmann 

& Hefter.
120
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Run 1 Run 2 

T/K cp/J·g
-1

·K
-1

 T/K cp/J·g
-1

·K
-1

 

302.88 1.455 281.99 1.458 

312.86 1.483 291.95 1.462 

322.84 1.513 302.86 1.451 

332.81 1.540 312.83 1.482 

342.78 1.573 322.79 1.501 

352.74 1.593 332.76 1.513 

362.71 1.614 342.72 1.525 

372.66 1.639 352.68 1.535 

  362.65 1.549 

  372.62 1.560 

Table 5.1.6. Experimental isobaric heat capacities of [Omim][Tf2N], u(T ) = 0.25 K, 

ur(cp) = 3 % 

The heat capacities of [Omim][Tf2N] measured in this work are listed in Table 5.1.6 

and are compared to literature values in Figure 5.1.7.  Figure 5.1.8 shows a deviation 

plot of the heat capacities from recommended values given in a recent critical review by 

Paulechka.111 Paulechka fitted literature data which he had assigned a relative standard 

uncertainty of less than 2.5 % (refer to Table 5.1.1) to a polynomial by weighted least 

squares between (188 and 370) K.  As for the [Hmim][Tf2N] measurements our heat 

capacities are consistent with the recommended values within our estimated 

experimental uncertainty.  Bochmann and Hefter’s120 DSC measurements of 

[Omim][Tf2N] are also consistent with the adiabatic calorimetry measurements within 

the combined uncertainty.  Again, DSC measurements with large sample mass and slow 

scan rates contrast with DSC results obtained with small samples and faster scan rates.  

We conclude from both sets of measurements that sample masses greater than 5 g and 

slower scan rates, less than 2 K·min-1 give more reliable heat capacities by DSC for 

ionic liquids.  In particular the DSC technique used by Bochmann and Hefter’s gives 

heat capacity data that closely match the adiabatic values and have smaller scatter than 
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other DSC measurements. Paulechka111 independently estimated the relative standard 

uncertainty of Bochmann and Hefter’s heat capacity measurements to be 0.7 %. The 

high quality of those DSC data is probably due to the use of a calibrant and the 

volumetric measurement technique where the volume or mass of the material is not 

required as it is accounted for by the calibration method.  Furthermore, the step method 

is preferable to the continuous scan method commonly used in DSC measurements as it 

eliminates the problem of sample-furnace temperature lag which is particularly 

problematic with larger sample masses.  It is also noted that in Bochmann and Hefter’s 

technique, the calorimetric cells were not removed between measurements, minimizing 

any effects of changes in cell orientation or surface contact with the calorimeter’s 

furnace.   

Table 5.1.7. Melting temperatures and enthalpies of fusion of [Hmim][Tf2N] and 

[Omim][Tf2N] crystal III 

 Tfus/K Δfush/kJ·kg
-1 

Method  

[Hmim][Tf2N] 

271.45 ± 0.25 61.90 ± 1.86 DSC This work 

271.13
a
 63.34

a
 AC Shimizu et al.

112
 

272.03 ± 0.01 62.78 ± 0.17 AC Blokhin et al.
113

 – crystal α 

272.03 ± 0.01 62.95 ± 0.08 AC Blokhin et al.
113

 – crystal β 

272.03 ± 0.01 63.20 ± 0.11 AC Blokhin et al.
113

 – crystal γ 

272.11 ± 0.29 62.20 ± 0.49 DSC Archer
114

 

[Omim][Tf2N] 
249.81 ± 0.25 57.66 ± 1.73 DSC This work 

251.42 ± 0.02 59.90 ± 0.27 AC Paulechka et al.
129

 – crystal III 

a
 Uncertainty not estimated by authors. 

 

Low Temperature Thermal Transitions and Enthalpies of Fusion: Table 5.1.7 

contains a summary of the enthalpy of fusion and melting temperatures measured in this 

work and reported by other workers for [Hmim][Tf2N] and [Omim][Tf2N].  The low 

temperature scan for [Hmim][Tf2N] is shown in Figure 5.1.1.  An event, possibly 
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related to the completion of crystallization or a transition from a metastable to stable 

crystal structure, occurred at an onset temperature of 241.53 K.  The ionic liquid melted 

at an onset temperature of 271.45 K with an enthalpy of fusion of 61.90 J·g-1.  The 

thermogram is similar to that given by Archer.114   Our enthalpy of fusion is about 2 % 

relative lower than Shimizu et al’s value (the IUPAC project recommended value), 

which is within the combined uncertainties, and our melting temperature is 0.32 K 

higher. 

The low temperature scans for [Omim][Tf2N] are presented in Figure 5.1.2 and Figure 

5.1.3.  In Figure 5.1.2 a glass transition was observed at T ≈ 185 K.  Another transition, 

possibly an exothermic devitrification, occurred at an onset temperature of 230.11 K.  In 

this scan, however the exothermic peak overlapped the enthalpy of fusion peak which is 

estimated to have an onset temperature of 250 K.  For this reason a repeat scan was 

made after tempering as described in the experimental section.  Figure 5.1.3 shows that 

for this scan the exothermic event was completely eliminated by tempering, allowing 

the enthalpy of fusion to be determined as 57.66 J·g-1 with an onset temperature of 

249.81 K.  Our enthalpy of fusion is 3.7 % lower relative to the value reported by 

Paulechka et al.129 for crystal structure III and our melting temperature is about 1.5 K 

lower.  Both differences are greater than the combined uncertainties but Paulechka et 

al.129 notes that several crystal phases exist close to this temperature. Paulechka et al.129 

studied these different solid phases of [Omim][Tf2N] with adiabatic calorimetry using 

different tempering techniques.  They noted that crystal structure III is metastable 

compared to crystal structures I and II, which melt at 263.96 K and 255.9 K, 

respectively.129 
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5.2 Enthalpy of fusion measurement at high pressure with high pressure cell 

 

Enthalpy of fusion, (ΔfusH ) and studies of solid liquid equilibria (SLE) at low 

temperatures required for the prediction of hydrocarbon precipitation in LNG plants 

were subsequently commenced. Many process simulators can predict SLE as a function 

of temperature, pressure, and composition (T,P,x). However, these predictions need to 

be verified with experimental data. 

Samples which were liquid under pressure at room temperature can be transferred into 

the DSC cell using a HPLC high pressure pump, while for fluids that are gases at room 

temperature filling can be achieved by adjusting the calorimeter to the lowest possible 

temperature (such that they condense but do not freeze) and rapidly pressurizing the 

measurement cell so that the fluid quickly condenses into the calorimeter. Filling  

methods have been described  in detail with a schematic diagram in chapter 3. 98 The 

ΔfusH experiments reported here are for binary mixtures of methane + butane and 

methane + hexane at pressures above 5 MPa. 

5.2.1 Methane + Hexane. 

 

The formation of solids in a methane + hexane system was studied from a liquid 

mixtyure xC1 = 0.98 at a pressure of 5.2 MPa. This composition was selected because at 

this pressure the mixture exists as a single phase at room temperature and, in addition, 

LNG processes involve methane dominant mixtures. This mixture was prepared 

gravimetrically as a gas at room temperature and was loaded into the DSC cell held at 

163.15 K. The sample was cooled from 163.15 to 133.15 K at the rate of  -0.025 K·min-

1.  The thermo-gram resulting from this experiment is shown in Figure 5.2.1. A sharp 

exothermic peak characteristic of crystallization was observed at approximately 150 K 

with gradual crystallization causing a less sharp exothermic signal observed with further 

cooling to 133.15 K.  The sharpness and magnitude of this first peak was due to sub-
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cooling in which the liquid is trapped in a metastable state until nucleation starts at a 

temperature below the equilibrium temperature; Barlow and Haymet (1995)130 and 

Heneghan et al. (2001)131  demonstrated that near equilibrium nucleation is a stochastic 

process . This systematic offset combined with the stochastic variation in nucleation 

temperature means that the SLE equilibrium temperature can only be obtained, in 

principle, the from the measured heating curve. The sample was heated from 133.15 K 

to 163.15 K at the rate of 0.025 K·min-1.  An endothermic signal was observed but it 

was smeared out from 133.15 to about 155 K as shown in Figure 5.2.1.  

Also shown in this figure is the predicted output of the DSC scan, derived using a model 

based on the SRK EOS132 and the method of Prausnitz et al.133for SLE calculations with 

a mole and heat balance applied. The model, which was implemented in Excel, conducts 

a flash calculation using the known overall composition to estimate the changes in the 

solid fraction and liquid phase composition associated with a temperature change. The 

enthalpy of fusion for the pure solid solute (hexane in this case) is used together with 

literature values of the solid’s heat capacity and EOS predictions for the liquid mixture 

heat capacity to calculate the corresponding heat transfer required for that temperature 

change.  When combined with the experimental scan rate, a prediction of the power 

entering or leaving the sample can be made, as is shown in Figure 5.2.1. The model 

implicitly assumes that the liquid phase is and remains uniform; it does not account for 

any thermal lags in the calorimeter associated with the scan rate, and cannot account for 

any observed subcooling below the equilibrium temperature.  
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Figure 5.2.1. Results of calorimetric cooling (blue solid curve) and melting (red solid 

curves) scans for the 0.98 C1 + 0.02 mixture, together with the heat flux values 

predicted using an equilibrium model. 

The measured and predicted thermograms agree only to about a factor of two; however 

the more significant problem identified with this measurement was the extensive 

smearing the melting curve, which precluded any reliable identification of the 

equilibrium temperature. There are several possible reasons why this may have 

occurred, including stratification of the liquid phase; however an analysis of the 

predicted SLE curve for this system, shown in Figure 5.2.2 provides another strong 

indication why this system is not amenable to the selected measurement approach: the 

derivative of the melting temperature with liquid methane mole fraction is very large. 

The equilibrium crystallization temperature at xC1 = 0.99 is  8 K lower than at xC1 = 

0.98. This rapid change in melting temperature with mole fraction of methane means 

that melting of the pure solid is somewhat self-inhibiting, and a very large change in 

temperature is required to melt a significant quantity of solid.  Following this analysis, 
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no further studies of this system were made: experiments with higher mole fractions of 

hexane, where the slope of the melting temperature curve with composition is lower, 

were not conducted because doing so would have required additional, significant 

apparatus modifications to reliably transfer such mixtures into the cell. 

 

Figure 5.2.2. (A) T,x phase diagram for the system methane + hexane predicted using 

Multiflash’s PR (Advanced) model set.  The dashed arrow line indicates 

the composition of methane + hexane (x1 = 0.98) in the cell and the 

temperature range of the scans (133.15 to 163.15 K).  (B) Solid fraction of 

hexane formed on cooling a mixture of 0.98 C1 + 0.02 C6 predicted using 

the lever rule from T,x phase diagram.  The red arrow indicates the degree 

of subcooling upon initial crystallization and the fraction of hexane that 

crystallizes out of solution at this point (about 3.8 K subcooling and zC6 = 

0.0063).  The dashed lines are the temperature limits of the calorimetric 

scans.  (C) Liquid composition of C1 on cooling a mixture of 0.98 C1 + 

0.02 C6.  The dashed lines are the temperature limits of the calorimetric 

scans. 
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5.2.2 Methane + Butane 

The formation of solids in a methane + butane system was also studied with xC1 

= 0.60 and pressure of 5.15 MPa. This mixture was prepared gravimetrically as a gas at 

room temperature and was loaded into the DSC cell at 153.15 K. The sample was 

cooled and heated from 153.15 K to 98.15 K  and from 98.15K to 153.15 respectively, 

first at a scan rate of 0.15 K·min
-1 

and then at the scan rate of 0.05 K·min
-1

.  The 

measured thermograms resulting from this experiment as a function of time with both 

scan rates are shown in Figure 5.2.3(a).  The measured thermograms and those 

predicted using the equilibrium model described above  are shown as a function of 

temperature in Figure 5.2.3(b) for the scan rate of 0.05 K·min
-1 

. 

For the experiment conducted 0.15 K·min
-1

,
 
 crystallization was observed at 

112.43 K, which was about 4.8 K below the predicted equilibrium temperature of 

117.23 K. A second exothermic peak was observed at 101.17 K, which corresponds to a 

known solid-solid phase change for butane, which has an equilibrium temperature of 

107.57  0.15 K.
134

 The sample was then heated from 98 K to 153 K.  Two melting 

peaks were observed at 108.95 K and 113.39 K, with the first being sharpest and the 

second more smeared and mixed with the first peak, indicating that the melting of the 

second crystalline phase had not yet completed and was contributing to the signal 

associated with the melting of the first solid phase.  

To try and improve the resolution of these two melting peaks, the experiment 

was repeated using a scan rate of 0.05 K·min
-1

. Somewhat surprisingly, the subcooling 

observed for the crystallisation of solid butane from the liquid mixture was larger 

(6.48 K) at the slower scan rate than at the faster scan rate. The solid-solid phase 

transition occurred at a essentially the same temperature (101.46 K) as in the first 

experiment. The peaks observed during melting at the slower scan rate were more 

clearly resolved; however the melting temperatures obtained from these peaks at 0.05 

K·min
-1

 of 108.52 K and 113.66 K, respectively were within 0.5 K of the values 

obtained at the faster rate.  
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Figure 5.2.3  (a)The Calorimetric scans as a function of time, with both scan rates 

(0.015K/min and 0.05K/min) for cooling and heating the 0.60 C1 + 0.40 C4 

mixture. At a scan rate of 0.15 K/min the melting temperature calculated 

using the DSC software for the first peak was 108.95K  and  was 113.39K 

for second peak.  At a scan rate of 0.05 K·min
-1 

the melting temperature 

calculated for the first peak was 108.52K and was 113.66K for second 

peak. (b) The calorimetric cooling  scan in blue solid line and melting scan 

as red solid line and those predicted using the equilibrium model as black 

broken line are shown as a function of temperature at a scan rate of 0.05 

K/min. The predicted SLE melting temperature was 117.23K. 
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The overlap of the two exothermic peaks meant that reliable determinations of 

either the enthalpy of fusion or the SLE melting temperature of this binary mixture were 

not possible from these experiments. However, it is apparent that this system is far more 

amenable to experimental study with the DSC than the methane + hexane system 

because the smearing of the melting curve is not sufficient to prevent identification of 

the melting temperature. The reason for this can be understood through analysis of the 

predicted T,x phase diagram for the system methane + butane shown in Figure 5.2.4(a). 

In Figure 5.2.4(b) the fraction of solid butane formed upon cooling the mixture is 

predicted using the lever rule; it should be noted that this diagram does not take into the 

crystal structure rearrangement. 

 

At 98 K the solid phase fraction is about 0.39, meaning that the mole fraction of C1 in 

the liquid phase is about 0.98, where the slope of the SLE melting temperature curve 

with composition is steepest. Consequently, on heating from 98 K melting peak is 

initially broad and smeared out similar to that observed for C1+C6 but complicated with 

an overlapping crystal structure rearrangement peak starting at about 108 K. The large 

slope means that the melting is initially self-inhibiting, with a slight enrichment of the 

liquid phase with C4 causing the temperature at which any further melting occurs to 

shift significantly higher. However, unlike in the C1+C6 system, once the solid phase 

fraction is below about 0.3, the slope of melting temperature curve is greatly reduced, 

which results in a more clearly resolved melting peak in the heating curve measured 

using the DSC.  

 



Chapter 5 

109 | P a g e  

 

 

Figure 5.2.4. (a) T,x phase diagram for the system methane + butane predicted using 

Multiflash’s PR (Advanced) model set.  The dashed arrow line indicates 

the composition of methane + butane (x1 = 0.60) in the cell and the 

temperature range of the scans (153.15 K to 98.15 K).  (b) Solid fraction of 

butane formed on cooling a mixture of 0.60 C1 + 0.40 C4 predicted using 

the lever rule from T,x phase diagram.  The dashed lines are the 

temperature limits of the calorimetric scans.   

5.2.3 Conclusions and prospects for mixture SLE measurements with a DSC 

This work has demonstrated that while the enthalpy of fusion for pure fluids can 

be readily measured using the DSC, there are additional significant challenges that need 

to be addressed, or avoided if possible, when SLE measurements are attempted for 

mixtures. The most obvious weakness of the application of the current apparatus to 
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mixture measurements is that the sample is not stirred or agitated to ensure the 

composition of the liquid phase remains uniform. While DSC cells with in-built stirrers 

exist (as described, for example, in reference 135), none have been described that are 

capable of operation at high pressure as would be needed for the study of cryogenic 

solid formation in LNG systems. However, the results from this work suggest that even 

if such cells were available other experimental challenges would need to be overcome. 

The most significant of these is the self-inhibiting impact on melting caused 

when the melting temperature curve varies strongly with liquid phase composition. For 

the methane rich mixtures of interest in this work, the slope of the T-x melting curve is 

usually steepest as the composition of the liquid phase approaches pure methane, which 

is of course the composition range of most relevance to LNG production. Under these 

conditions the measured DSC thermogram obtained as the solid phase melts is 

effectively flat and indistinguishable from the signal obtained when the mixture exists 

only as a liquid. Use of the DSC to reliably determine the onset melting temperature 

under these circumstances is impossible.  Accordingly, any future work should aim to 

investigate systems at compositions where the slope of the T-x melting curve is smallest 

to maximise the signal obtained.   

The results of this work also imply that reliable measurements of the enthalpy of 

fusion of the heavy solute in a mixture will be very difficult unless an independent 

means of determining the mass change of the solid solute associated with the 

endothermic signal is developed. It had been hoped that if all of the heavy solute could 

be precipitated out from a liquid mixture of known initial mass and composition then 

the total heat obtained by integration of the measured thermogram could be attributed to 

the mass of the heavy solute in the original liquid phase mixture. However, this would 

also require that the sensible heat contributions of the liquid phase and, below the onset 

temperature, the solid phase could be adequately accounted for using a model. In 

addition, freezing out all of the heavy solute would require that the system enter the 

composition region where the slope of the T-x curve becomes steepest, which would not 

be ideal for subsequent determination of the melting temperature from the heating 

thermogram. 
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Potentially, the most valuable types of SLE measurement for LNG applications 

that could be conducted with the DSC apparatus would involve ternary or multi-

component mixtures. In particular, the impact of additional light components in the 

liquid solvent on the melting temperature of the heavy solute could be studied with 

reasonable accuracy. The initial mixture would need to be sufficiently rich in the heavy 

component to avoid regions of the SLE diagram where the slope of the T-x curve is 

large. If a sufficiently well-mixed liquid phase mixture can be prepared and is then 

cooled until just after the first precipitate appears before the cooling scan is stopped, any 

deleterious effects from stratification should be minimised during the heating scan to 

determine the melting temperature. The objective of these measurements would be to 

establish how the non-ideality of the liquid solvent changed with the addition of other 

light components to the methane and the impact of this on the melting temperature. 

Both aromatic and paraffinic heavy solute components should be studied. 
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Chapter 6 Enthalpy of Vaporization Measurements of Pure and 

Binary Hydrocarbon Mixtures. 

This chapter presents work that has not yet been submitted for publication in an 

academic journal. It is, however, presented in a format designed to facilitate a potential 

future submission. The work describes the efforts made to measure enthalpy of 

vaporisation of pure and binary hydrocarbon fluid mixtures. The differential scanning 

calorimeter was further modified to allow the direct measurement of enthalpies of 

vaporization ΔvapH for pure and binary hydrocarbon fluids over a wide range of 

temperature and pressure. The modified DSC was tested by measuring enthalpies of 

vaporization for pure methane at 118.03 K, 123.15 K, 127.96 K and 133.15 K and pure 

ethane at 208.15 K and 213.15 K. As a check on the measurement quality, ΔvapH was 

measured both by condensing and vaporising the sample. The measured values had 

relative deviations of less than 3 % from recommended literature values. Then ΔvapH  

was measured for mixtures of methane + ethane, methane + propane and ethane + 

propane at various temperatures by both condensing and vaporizing samples. In contrast 

to the pure fluid measurements, the measurement pathway affected the value of ΔvapH 

obtained because the condensation occurred along a constant composition pathway 

whereas the composition varied during vaporization as a result of distillation. To 

facilitate comparison of the ΔvapH measured for mixtures along the vaporisation 

pathway, samples of the vapour phase produced at different temperatures were captured 

and their composition analysed. For the mixture with a cricondentherm temperature 

below 235 K, the ΔvapH values measured during both condensation and vaporization had 

relative deviations from the values predicted using the GERG EOS of less than 2 %. 

However, for the other mixtures with higher temperature cricondentherms relative 

deviations between 5 and 40 % were observed because of limitations with the fill stem’s 
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temperature control. This analysis of the limitations of the mixture measurements could 

enable more successful efforts in the future.   

6.1 Introduction 

 

Enthalpy of vaporization ΔvapH, for pure, binary and multicomponent hydrocarbon 

fluids over a wide temperature range are required not only to optimally design and 

operate a liquefied natural gas (LNG) process, but also to check and verify thermal 

consistency of the derivative properties obtained from equations of state. All of the 

calculations of heat loads, heat duties, heat exchanger selection, refrigerant selection 

and refrigerant cycle selection require accurate and reliable enthalpy data over a wide 

range of conditions. These properties are particularly needed for the operation of the 

main cryogenic heat exchanger (MCHE) and to predict thermo-physical behaviour of 

gas mixtures in the last stage of cooling where the high-pressure liquid is flashed to 

atmospheric pressure to achieve its ultimate temperature.  When gas leaves the MCHE 

its temperature is around 133 K and pressure around 4 MPa. The final stage in the 

production of a stable liquid around atmospheric pressure and 112 K (-161 oC) involves 

an end flash expansion process usually across a valve. This expansion involves the 

vaporization of some of the liquid, and thus accurate estimates of the final temperature 

of the LNG product require that the enthalpy of vaporization can be predicted reliably.  

A detailed review of the various methods of estimating the molar enthalpy of 

vaporization is provided by Santos and  Leal.136 In principle, independent measurements 

of the enthalpy of the liquid phase and vapour phase can be and are used to determine 

ΔvapH. However, because ΔvapH is relatively large, small uncertainties in measurements 

of the separate single phases could potentially lead to relatively large errors in values of 

ΔvapH predicted with models anchored to single-phase data. Direct measurement of 

ΔvapH is also, however, difficult to achieve with small uncertainties. The motivation for 
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this work was to assess whether a relatively simple method for measuring ΔvapH for pure 

fluids and mixtures could be developed using the cryogenic high-pressure DSC with a 

sufficiently small uncertainty. This would enable direct tests of the various models and 

EOS used in process simulators to predict ΔvapH with only one or two measurements 

across the phase boundary, rather than having to complete a program of single-phase 

measurements that would enable construction of the full thermodynamic surface. 

6.2 Apparatus and Method  

 

The method of condensing sample into the pre-cooled and evacuated DSC cell was the 

same as that described in Section 4.3. However it was necessary to modify the manifold 

slightly to allow the mass of gas in volume V1 ( 25.6 cm3) to be manipulated to ensure 

the DSC signal observed during its condensation was neither too large (relative to the 

detector saturation limit) nor too small (relative to the noise of the baseline). To achieve 

this, an ISCO syringe pump and venting valve V12 were added to the manifold, 

increasing slightly the value of V1 which is shown as a red line in Figure 6.1. For 

experiments with pure fluids the pressure transducer was also changed to one with a full 

scale of 0.7 MPa to reduce the uncertainty in volumetric determinations of the amounts 

of gas condensed or vaporized. For the mixture measurements conducted at pressures up 

to 5 MPa, the original transducer with the 7 MPa gauge was used. Successive batch 

transfers of gas loaded into the injection volume V1 were conducted until between 

0.5 and 3.5 g of sample had condensed to the DSC cell, which had a volume of (8.506 ± 

0.043) cm3 at 300 K.71 In contrast to the measurements of cp for cryogenic liquids, it 

was important for the ΔvapH measurements that the vapour-liquid interface was within 

the DSC’s sample cell region. 
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Figure 6.1 Schematic of the specialized apparatus with the ISCO syringe pump 

connected to the calibrated gas volume V1 used to control and calculate the 

sample mass condensed into the DSC measurement cell. 

Vaporization was achieved by withdrawing known number of moles of the 

liquid by vaporizing as a result of increasing the volume of the ISCO pump. The 

maximum volume of the pump was 266 cm
3
. The impact of different withdrawal rate 

settings on the vaporization i.e (10, 20, 30 and 40) cm
3
min

-1
 was studied. It was found 

that pump withdrawal rate had a direct effect on the shape of thermogram and the 

accuracy of the measurement. Fast rates gave sharp peaks but the energy as determined 

by integration of the thermogram was less than expected. On the other hand, while the 

slowest rate spread out the thermogram, the mass of material evaporated deduced from 

the thermogram was less than that estimated using the volumetric method. However, a 

P

Vent

Reference 
Regulator

Measurement 
Gas Cylinder

Vacuum Pump

Ballast cylinder bath

1L

8M

1L

7M 5M

Measurement 
Regulator

V9

1M

T

2M

<

6R 7R5R

P

8R

3R 3M

V11

V12 VentV10

Reference 
DSC cellMeasurement 

DSC cell

Reference 
Gas Cylinder

4M4R

>

P

6M

Sample Injection Tubing

Burst Disk

1R

2R

Connecting Tubing

V1

ISCO Pump

V12



Chapter 6 

117 | P a g e  

 

pump suction rate of 20 cm
3
min

-1
 was found to give a sharp peak of thermogram, 

produce a better material balance and result in an enthalpy measurement consistent with 

the literature value for the reference fluid, and so this was used throughout the 

subsequent experiments. 

Vaporization of all condensed material from the DSC cell was not usually 

possible in one withdrawl stroke (step) due to the low vapour pressure of the liquid 

samples at the DSC temperature. Complete vaporization was achieved by multiple 

withdrawl strokes. For successive vaporizations the pump needed to be evacuated after 

each withdrawl stroke (step), and for mixtures it was necessary to capture a sample of 

the vaporised gas for subsequent compositional analysis. To achieve this, valve V10 

was first closed to isolate the cell and pump. An evacuated sample bottle was connected 

to V12, and the vapour within the ISCO pump barrel was injected into the empty sample 

bottle by bringing the ISCO piston to the top (minimum volume) position. Valve V12 

was then closed and the sample cylinder disconnected from V12 so that the composition 

of the sample in the bottle could subsequently analysed by GC. The lines and the ISCO 

piston to the top position were evacuated by opening valve 4M in preparation for 

another suction / vaporization.  These steps were repeated until all the sample was 

removed from the calorimeter cell. Samples with a lower vapour pressure needed more 

vaporization steps. For mixtures, the mole fractions of the vapour samples differed for 

each withdrawal step. This resulted in different enthalpy values measured in 

vaporization compared with enthalpy values in condensation. Material balance estimates 

were improved in later vaporization experiments as a result of determining the 

composition after each piston withdrawal step and better temperature control of the feed 

tube. 

6.4 Results. 

6.4.1 Pure Fluids: Ethane and Methane 

Ethane was selected for trial experiments to establish and formulate procedures 

and methods for condensation and vaporization experiments. Initially, the ISCO pump 

was used during both condensation and vaporisation measurements; in the former case 
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the pump injected a specified volume of the sample into the DSC cell. The thermograms 

obtained for condensing (via injection) and vaporizing ethane using the ISCO pump are 

shown in Figure 6.2. It was found consistently that the Hvap values obtained from 

condensation by injection with the pump were about 15 to 20 % below those measured 

by vaporization. The values of  Hvap measured by vaporization were in generally 

within 2 % of the values calculated using the reference EOS of Buecker and Wagner
19

 

for ethane as implemented in the software REFPROP 9.1
2
. The systematic error 

afflicting the condensation measurement was caused by the fact that the ISCO cylinder 

was filled with ethane vapour at its saturation pressure at room temperature (around 3.7 

MPa). To inject about 1 g of ethane at this pressure, the ISCO piston was displaced 

about 12 cm
3
, meaning that the pump did about 43 J of work on the fluid during its 

condensation. This work was done on the sample outside the DSC sensors, which 

explains why the enthalpy change they registered was lower than expected, and its 

magnitude is consistent with discrepancy with the reference value. In contrast, the 

pump’s displacements during the vaporization process occurred at the much lower 

saturation pressure corresponding to the low temperature of the DSC cell. Any work 

done on or by the sample at these pressures was consequently an order of magnitude 

smaller than for the condensation experiments, and would have amounted to about 1 to 

2 % of the measured Hvap. 

Results of the ΔvapH measurements for ethane made by vaporizing the sample at 

various withdrawl rates at 191.03 K (twice), 192.14 K, 208.15 K and 213.15 K (four 

times) are presented in Table 6.1.  They are also compared with reference values 

calculated using the EOS of Buecker and Wagner 
19

 , and Figure 6.3 shows the relative 

deviations of the measurements from the estimated ΔvapH values. These results indicate 

that, at least along a vaporization pathway, ΔvapH can be measured directly for pure 

ethane to within 3 %. 
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Figure 6.2 Calorimetric scans of the ethane vaporization and condensation experiment 

at 213.15 K. The ISCO pump was used for adding a sample in 

condensation and removing a sample in vaporization experiments at the 

rate of 20 cm
3
min

-1
. The difference in total energy transfer measured 

during the vaporization and condensation experiments was about 15 to 20 

%, with less heat being registered in condensation than vaporization  

 
Ethane 

Saturation 
Temperatu
re 

Saturation 
Pressure 

Vaporization 
rate 

Material 
evaporated 

Total 
Enthalpy 
measured in 
Vaporization  

Total 
Enthalpy 
estimated in 
Vaporization 

Relative 
difference  

Tsat/K Psat/MPa dVisco/dt  
/ cm3 min-1 

m/g qmeasured /J  qestimated /J  100∆q/q 

208.88 0.319 20 0.998 462.29 453.40 -1.96 
208.99 0.320 40 1.006 462.73 456.65 -1.33 
213.32 0.381 20 0.947 415.53 423.33 1.84 
213.55 0.385 20 1.210 532.10 540.32 1.52 
213.51 0.384 10 1.215 529.37 542.79 2.47 
213.50 0.384 30 1.160 523.75 518.12 -1.09 
191.03 0.142 20 0.387 186.25 186.00 -0.13 
191.36 0.144 20 0.384 186.04 184.22 -0.99 
192.14 0.150 30 0.384 184.05 183.77 -0.15 
192.14 0.150 30 0.385 186.35 184.27 -1.13 

Table 6.1 Results for ethane vaporization experiment.  
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Figure 6.3 Relative deviations 100(ΔvapH -ΔvapH,ref)/ΔvapH,ref  of the measured 

enthalpy of vaporization for ethane, ΔvapH,  from that calculated using the 

reference equation of state for ethane
19

, ΔvapH,ref.  , vaporization at the 

rate of 10 cm
3
min

-1
; , vaporization at the rate of 20 cm

3
min

-1
; ▲, 

vaporization at the rate of 30 cm
3
min

-1
; , vaporization at the rate of 40 

cm
3
min

-1
,  

 

To further validate the measurement of ΔvapH for a pure fluid via a vaporization 

pathway, several experiments were conducted with methane at suction rate of 

20cm
3
/min at four temperatures: 118.03 K (four repeats), 123.15 K (three times), 

133.15 K (three times) and 127.96 K (five times). The results of these measurements are 

listed in Table 6.2, together with corresponding values calculated using the reference 

equation of state for methane by Setzmann and Wagner
38

 as implemented in the 

software REFPROP 9.1
2
 Figure 6.4 shows the relative deviations of the measurements 

for methane from the calculated values, all of which are within 3%. 
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Methane 
Saturation 
Temperatu
re 

Saturation 
Pressure 

Vaporization 
rate  

Material 
evaporated 

Total 
Enthalpy 
measured in 
Vaporization  

Total 
Enthalpy 
estimated in 
Vaporization 

Relative 
difference  

Tsat/K Psat/MPa dVisco/dt  
/cm3 min-1 

m/g qmeasured /J  qestimated /J  100∆q/q 

127.96 0.324 20.00 0.569 274.83 270.51 1.57 
127.96 0.324 20.00 0.565 273.31 268.69 1.69 
127.96 0.324 20.00 0.564 271.65 268.10 1.31 
127.91 0.324 20.00 0.570 270.29 271.15 -0.32 
127.91 0.324 20.00 0.563 271.27 267.88 1.25 
118.03 0.170 20.00 0.293 145.98 145.70 0.20 
118.03 0.170 20.00 0.294 147.23 146.20 0.70 
118.04 0.170 20.00 0.289 146.50 143.94 1.75 
118.04 0.170 20.00 0.292 146.31 145.28 0.70 
133.15 0.437 20.00 0.756 359.26 350.16 2.53 
133.15 0.437 20.00 0.749 355.57 346.57 2.53 
133.15 0.437 20.00 0.751 357.18 347.63 2.67 
123.15 0.236 20.00 0.408 201.33 198.52 1.40 
123.15 0.236 20.00 0.406 200.35 197.60 1.37 
123.15 0.236 20.00 0.412 203.08 200.54 1.26 

Table 6.2 Results for methane vaporization experiment.  

 

 

Figure 6.4 Relative deviations 100(ΔvapH -ΔvapH,ref)/ΔvapH,ref  of the measured 

enthalpy of vaporization for methane, ΔvapH from calculated using the 

reference equation of state
38

, ΔvapH,ref.  This work: , at T = 118.03 K; , 

at T = 123.15 K, ▲, at T=127.96 K, and , at T = 133.15 K.  
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Following validation of the vaporisation pathway measurements with methane, 

the measurement of ΔvapH along a ‘free condensation’ pathway was attempted. In these 

experiments, the volume of the ISCO pump was held constant upon opening of the 

valve V10; prior to opening the valve the ISCO volume was adjusted to provide a 

sufficiently large volume of sample for the condensation. The mass of methane 

condensed in this manner was larger than could be vaporized in a single expansion of 

the ISCO pump, so a series of expansions were required to measure the ΔvapH for this 

sample along a vaporization pathway, as shown in Figure 6.5. Table 6.3 lists the 

masses of sample transferred into and out of the DSC cell, the values of ΔvapH measured 

along condensation and vaporization pathways and the corresponding values calculated 

using the EOS of Setzmann and Wagner
38

 .  The consistency of the ΔvapH values 

measured along the two pathways is excellent, differing in relative terms by less than 

0.6 %. The differences between the measured and calculated values are larger but still 

within 3 %, and are the result of the relatively large uncertainty with which the mass of 

samples transferred in or out of the cell could be determined. The 0.06 g difference in 

condensed and vaporised masses is due to the large uncertainty of volumetric type 

measurements of the amount of mass transferred along the vaporization pathway. For 

each of the five expansion stages, the change in pressure was very small (less than 

0.002MPa) and this increased uncertainty was then compounded by propagation 

because of the need to repeat the expansion five times. Based on these results, it can be 

concluded that for pure fluids particularly at temperatures where the vapour pressure is 

low, the measurement of ΔvapH by free condensation is the most accurate approach 

using this DSC.  
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Figure 6.5 Thermogram of pure methane at 108.15 K. A known mass of methane 

contained within the ISCO pump cylinder was allowed to condense freely 

into the DSC cell (without injecting) in a single transfer. Then vaporization 

achieved by expansion using the ISCO pump repeatedly until all the 

material was removed. The difference in the values for the enthalpy of 

vaporization and condensation is negligible.  

 

Pure Fluid Methane 
Cell Temperature T/K 108.15 
Saturation Pressure p/MPa 0.082 
Material Condensed m1/g 0.697 
Material Evaporated m2/g 0.623 
Difference 100(m1 – m2) /m1 10.62 
Total Enthalpy measured for condensation pathway q1/J 333.18 
Total Enthalpy estimated for condensation pathway q2/J 324.39 
Difference of Enthalpy in Condensation 100(q1 – q2) /q2 2.64 
Total Enthalpy measured for vaporization pathway q3/J 331.29 
Total Enthalpy estimated for vaporization pathway q4/J 321.54 
Difference of Enthalpy in Vaporization 100(q3 – q4) /q4 2.94 
Difference in measured enthalpies for condensation and  

vaporization  100(q1 – q3) /q3 0.57 

Table 6.3 Results for the methane experiment in which free condensation was 

followed by five expansions of the ISCO pump to vaporise the sample. 
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6.4.3 Binary Mixtures: methane + ethane, methane + propane, ethane + propane. 

Two measurements of ΔvapH were made at 193.15 K for CH4 (1) + C2H6 (2), one 

for a mixture with x1= 0.51 and the other for a mixture with x1 = 0.80. The results of 

these measurements were compared with values calculated from the GERG 2008 EOS
1
 

as implemented in the software REFPROP 9.1
2
and both are presented in Table 6.3. A 

thermogram of the experiment with x1=0.51 is shown in Figure 6.6. To transfer a 

sufficient mass of sample into the DSC cell whilst ensuring that the condensation 

remained a constant composition pathway, several batches of the mixture were freely 

condensed: for each batch the volume V1 was filled to the desired pressure using the 

ISCO pump, after which the pump was isolated from V1 and then valve V10 was 

opened. The decreasing size of the condensing peaks in the thermogram of Figure 6.6 

was due to the decrease in the sample pressure in V1 with each successive transfer. The 

condensing experiment was ended by transferring all of the remaining sample in ISCO 

pump into V1 tubing by reducing the volume of the ISCO pump to its minimum value. 

Consequently, the free condensation of the remaining sample resulted as a larger 

exothermic peak. The different shapes of the vaporization peaks after each withdrawal 

stroke of the ISCO pump indicated there was a change in composition during 

vaporization because the volume withdrawn and the suction rate were the same for all of 

the expansions. The variation in composition between successive expansion was 

verified by the GC analysis of the samples captured. The measured enthalpies of 

vaporization were compared with values estimated by multiplying the number of moles 

transferred into or out of the DSC cell by the difference between the enthalpies of the 

liquid phase and vapour phase for the mixture at the cell temperature and saturation 

pressure calculated using the GERG 2008 EOS
1
 as implemented in the software 

REFPROP 9.1
2
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Figure 6.6 Thermogram of methane (1) + ethane (2), with x1=0.50 at 118.15 K. The 

mixture was contained initially within a fixed volume in the ISCO pump. 

Sample was transferred from the ISCO pump  into volume V1 before being 

allowed to condense freely into the DSC cell in six successive steps. The 

material was then vaporized by repeated expansions using the ISCO pump 

until all material was removed.  

As indicated in Table 6.4, for the experiment with x1 = 0.51, the consistency of 

the material balance calculations applied to the condensation and vaporisation pathways 

was poor, with a relative percent difference between the two of 4.4 % out of a total 2.51 

g of sample. The relative difference in the measured and estimated values of ΔvapH for 

the vaporization and condensation pathways was also 5.4% and -15.6 %, respectively. 

(The values measured along the two pathways should not be compared as only one 

pathway maintains constant composition.) A reason for these poor results was then 

identified: the temperature of the fill tube entered the two phase region of phase 

envelope for this mixture. Figure 6.7 shows the phase envelope for this mixture in green 

and the temperature profile of the fill tube (TP1) as a dotted purple line. To try and 
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avoid this intersection, the experiment was repeated with maximum power applied to 

the heater of the fill tube. The temperature profile resulting from the application of 

maximum power is shown as TP2 (dotted brown line) in Figure 6.7 but unfortunately 

there was no improvement in the results, as the temperature along the tube still entered 

the two phase region of the phase envelope. 

To confirm that the systematic errors were caused by the intersection of the fill 

tube temperature profile with the phase envelope, a new mixture of CH4 (1) + C2H6 (2) 

with x1 = 0.80 was prepared and tested. The phase envelope for this mixture is shown as 

a blue continuous line in Figure 6.7 and the temperature profile of the fill tube was set to 

TP2. For this experiment there was better agreement between the mass evaporated and 

mass condensed.  As shown in in Table 6.4, the relative difference in the amounts of 

material condensed and vaporised was less than 0.3 %, while the relative differences in 

the values of ΔvapH measured and calculated using GERG 2008 for the two pathways 

were less than 1.5 %. 

 

 Binary Mixture 
CH4 (1) + 

C2H6 (2)   

x1=0.49 

CH4 (1) + 

C2H6 (2)  

x1=0.80 
Cell Temperature T/K 193.15 193.15 
Saturation Pressure p/MPa 2.14 3.51 
Material Condensed n1/mol 0.1082 0.0835 
Material Evaporated n2/mol 0.1035 0.0832 
Difference 100(n1 – n2) /n1 4.38 0.32 
Total Enthalpy measured for condensation pathway q1/J 923.07 588.44 
Total Enthalpy estimated for condensation pathway q2/J 1094.07 593.35 
Difference for condensation pathway 100(q1 – q2) /q2 -15.63 -0.83 
Total Enthalpy measured for vaporization pathway q3/J  1102.30 541.63 
Total Enthalpy estimated for vaporization pathway q4/J  1046.33 534.00 
Difference for vaporization pathway 100(q3 – q4) /q4  5.35 1.43 

Table 6.4 Results for 0.49 CH4 +0.51 C2H6  and 0.08 CH4 + 0.02 C2H6 . 
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Figure 6.7 Phase envelope of CH4 (1) + C2H6 (2) with x1=0.80 blue continuous line, 

phase envelop with x1=0.51 green continuous line. The temperature profile 

of fill tube as a function of tube height (right axis) shown as TP1 violet 

broken line and TP2 broken brown line with maximum heater power 

applied.  

The results for the experiment with the second, leaner binary mixture of methane 

+ ethane also helped explain why earlier experiments with other binary systems were 

unsuccessful. Enthalpy of vaporization ΔvapH measurements had been made for CH4 (1) 

+ C3H8 (3) with x1=0.80 at T = 203.15 K, and for C2H6 (2) + C3H8 (3) with x2=0.80 at T 

= 213.15 K. The phase envelopes along with the temperature profiles of the fill tube for 

these two experiments are shown in Figure 6.8 and 6.9, respectively. In both cases, the 

fill tube temperature profiles clearly intersect the mixture phase envelopes, to a much 

greater extent than was the case for the richer methane + ethane binary. As a result the 

differences between the measured and estimated values of ΔvapH were comparable to or 

larger than those obtained for the richer methane + ethane binary.  
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Figure 6.8 Phase envelope of CH4 (1) + C3H8 (3) with x1=0.80 (blue continuous line) 

and conditions of the ΔvapH measurement for this system together with the 

temperature profile of the fill tube (black broken line, right axis).  

 

 

Figure 6.9 Phase envelope of C2H6 (2) + C3H8 (3)  with x2=0.80 (blue continuous line) 

and conditions of the ΔvapH measurement for this system together with the 

temperature profile of the fill tube (black  broken line, right axis). 
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6.5 Conclusions 

The objectives of this work were to assess whether the specialised high-pressure 

cryogenic calorimeter could be used to make reliable direct measurements of the 

enthalpy of vaporization, ΔvapH, of fluids relevant to LNG production, and if so, to 

identify and possibly minimise systematic effects that could affect such measurements. 

A relatively minor modification to the apparatus was made to allow for integration of an 

ISCO syringe pump and a sampling capability into the calorimeter’s manifold. Various 

approaches to the measurement of ΔvapH along both condensation and vaporization 

pathways were then trialled for pure fluids and binary mixtures of light hydrocarbons. 

These approaches were assessed by comparison of the values of ΔvapH measured and 

calculated for the same pathway using the reference equations of state for those fluids. 

For pure fluids, a further check of the ΔvapH measurements was conducted by 

comparing the values obtained for the two different pathways.  

The most reliable measurements were obtained for pure fluids along a 

condensation pathway when the amount of material being condensed was maximised by 

increasing the volume of the ISCO pump whilst ensuring the DSC thermopiles did not 

saturate. It was essential that the sample be allowed to condense freely, rather than 

being injected using the ISCO pump, because if work was on the sample, the measured 

ΔvapH  was systematically low. To measure ΔvapH  along a vaporization pathway, use of 

the pump to help withdraw the sample from the DSC cell was unavoidable; however the 

systematic error introduced by the fluid doing work on the pump was mitigated by the 

low vapour pressure of the samples at the measurement temperature. Additional 

uncertainty was probably introduced into the measurement by evaporation because of 

the need to repeat the expansion several times to completely vaporise the sample. 

Overall, however, the measurements of ΔvapH for both pure methane and ethane by 

either condensation or vaporization were validated to within 3 % for the temperature 

ranges 108 to 133 K and 191 to 214 K, respectively.  

For measurements of binary mixtures, the need to control the composition of the 

sample precluded the use of a single batch transfer during free condensation. The 

effective distillation of the sample during vaporization meant that (1) the value of ΔvapH 
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measured along the two pathways was physically different, and (2) the composition of 

the samples produced by each batch vaporization must be measured to produce a 

meaningful measurement. However, the biggest impediment to reliable measurements 

of ΔvapH for mixtures by either pathway occurred when the temperature profile of the 

DSC fill stem entered the mixture’s two phase region. Attempted measurements of the 

binary mixtures 0.49CH4 + 0.51C2H6, 0.80CH4 + 0.2C3H8 and 0.8C2H6 + 0.2C3H8, at 

193 K, 203 K and 213 K, respectively, were consequently unsuccessful. However, 

ΔvapH measurements for a mixture of 0.80CH4 + 0.20C2H6 at 193 K were consistent to 

within 2 % of the values calculated using the GERG EOS for both measurement 

pathways. These results demonstrate that direct measurements of ΔvapH for mixtures are 

possible with the specialised cryogenic calorimeter if the measurement temperature and 

mixture’s phase boundaries allow the temperature profile of the stem to not enter the 

mixture’s two phase region. In practice this means that such measurements would be 

limited to mixtures that are sufficiently lean and/or (cell) temperatures that are 

sufficiently high. It may be possible to extend the operational range of the system in the 

context of these measurements by increasing the power of the fill stem heaters and/or 

the extent of insulation around the fill stem.  

 

 

 

 



Chapter 7 

131 | P a g e  

 

Chapter 7 Recommendations and Conclusion 

This chapter presents the research conclusions, highlights the original contributions 

made by this research, and discusses future research directions. 

7.1 Conclusions 

All of the specific aims of this research stated in Chapter 1 have been achieved. A 

commercial DSC (Setaram BT2.15) was converted to enable measurements cp in liquids 

at the high pressures and low temperatures characteristic of cryogenic LNG plants. The 

key modifications needed to achieve this were: 

a) the ability to deliver and remove sample from the DSC measurement cell 

without extracting it from the calorimetric block through the use of a concentric 

tube-in-tube system and associated manifold containing pumps and valves; 

b) the use of a gas ballast within the manifold to minimise the change in system 

pressure associated with the thermal expansion of the liquid in the DSC; and 

c) the use of three thermal control systems along the connecting tube stem to 

eliminate any temperature inversion along it, which also enabled the location of 

the vapour-liquid interface within it to be determined. By allowing the interface 

to be located outside the calorimetric block, this modification also eliminated the 

impact of vaporisation on the measurement of heat capacity.  

The effectiveness of these modifications to the specialised DSC were demonstrated 

by the results obtained for pure liquids presented in Chapter 3. Measurements of the 

isobaric heat capacity of liquid methane over the range (108 to 173) K at 4.3 MPa and 

6.3 MPa had a relative standard deviation of 0.5 % from the values calculated using the 

reference EOS of Setzmann and Wagner
38

. For ethane over the range (108 to 238) K at 

pressures from (1.1 to 4.3) MPa, the measured cp had a relative standard deviation of 

1.0 % from the reference EOS of Bucker and Wagner 
19

, while for propane the relative 

standard deviation of the measured cp from the reference EOS of Lemmon et al. 
45

 over 

the range (108 to 258) K at pressures from (1.1 to 5.4) MPa was 1.5 %.  
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 The optimised DSC was then used to measure the cp of binary and multi-

component mixtures of light hydrocarbons with an estimated relative uncertainty of 

2 %. The results obtained for CH4 (1) + C3H8 (3) for x1  0.8 between (108 and 163) K 

at (4.7 to 6.0) MPa deviated from the GERG EOS predictions of cp by less than 2 %. 

For binary mixtures of CH4 (1) + C4H10 (4) at 5.1 MPa with x1 = 0.96 and 0.88, the 

differences between the measured cp and those calculated with the GERG EOS were 

comparable with or slightly larger than the estimated experimental uncertainty, 

increasing from 3 % between (168 and 118) K to 5 % at 108 K.  However, for a binary 

mixture with x1 = 0.60 at 5.1 MPa, the relative deviations between the measured cp and 

those calculated using the GERG 2008 EOS increased from 2 % at 168 K to over 100 % 

at 108 K. Measured heat capacities for a five component mixed refrigerant that also 

contained methane and butane exhibited a similar pattern in their relative deviations 

from the GERG 2008 EOS predictions, increasing from 2 % between (168 and 148) K 

to 19 % at 108 K. In contrast, while heat capacity predictions made with the cubic Peng 

Robinson EOS exhibited a larger offset (10 %) from the measured values at higher 

temperatures these deviations only increased to about (15 to 21) % at the lowest 

temperatures. 

Thus a significant conclusion resulting from this research was the demonstration 

of the poor cp predictions of the GERG 2008 EOS for mixtures containing relatively 

large C4H10 concentrations at temperatures below about 135 K. This reflects the fact that 

in its development only limited data were available for methane + butane binary system 

so that a generalised departure function was used rather than a binary-specific one. 

Furthermore the data measured here are at a butane mole fraction of 0.4 and at low 

temperatures, which are both beyond the stated range of the GERG 2008 EOS.  The 

increase in the deviations between the measured and predicted heat capacities is 

expected given the model’s extrapolation; however the magnitude of the divergence 

observed is surprising. This work also tested whether the model’s poor cp predictions 

were a result of the use of an erroneous VLE data for CH4 + C4H10 at 244 K 
106

 during 

the development of the EOS.  It was found that by adjusting three of the four binary 

interaction parameters (BIP) in the GERG EOS the VLE predictions at 244 K could be 
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forced to agree with a more accurate set of literature data 
103

 with no effect on the cp 

predictions, which were only sensitive to adjustments of the fourth BIP. However, while 

it was possible for this very limited data set to improve the relative r.m.s. deviations for 

the cp and VLE data from 26 % and 10 % to 13 % and 3 %, respectively, the required 

change in two of the BIPs was large (40 %), which would likely introduce significant 

errors into the prediction of other properties at other conditions. Clearly a more 

comprehensive approach is required to the re-tuning of the GERG 2008 EOS to this 

binary system, analogous to the one followed during its original development except 

that (1) the erroneous data of Roberts et al. 
106

 should be excluded and (2) the mixture cp 

data measured in this work should be included. 

A substantial effort was also undertaken to explore the potential of using the 

optimised DSC to measure directly the enthalpies of fusion and vaporisation in mixtures 

relevant to LNG production, and the instructive results obtained will inform future 

efforts in these areas.  While fusH and melting temperature measurements were made 

successfully for pure fluids, including two ionic liquids intended to serve as references 

for studies of other similar materials, significant challenges to the accurate measurement 

of these properties in mixtures of light hydrocarbons using the specialised DSC were 

identified. These include the lack of agitation to ensure the liquid phase composition is 

homogenous during melting measurements, as well as the difficulty identifying the SLE 

temperature from the smeared out melting thermogram, which is in part a consequence 

of the large slope of the T-x curve for certain mixtures at the compositions of interest. 

Furthermore, determination of fusH requires that an independent means of calculating 

the mass of the solid phase precipitated which is very difficult unless the entire sample 

is frozen. In that case, however, the impact of the sensible heat contributions of the 

liquid and solid phase would also need to be known accurately if the component of the 

thermogram signal associated only with the enthalpy of fusion were to be extracted. 

Consideration of these challenges led to the identification of the type of SLE 

experiments for LNG applications that could be conducted successfully with the 

specialised DSC apparatus. These would investigate the impact of multi-component 

solvents on the SLE of a heavy solute by cooling a sufficiently rich liquid mixture until 
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just after the first precipitate appeared, and then conducting a heating scan to determine 

the melting temperature.    

Direct measurements of the enthalpy of vaporisation of pure and sufficiently 

lean mixtures of light hydrocarbons were achieved successfully with an estimated 

relative uncertainty of about 3 %. For pure fluids, the values of vapH measured along 

condensation and evaporation pathways were consistent when (i) any work required to 

transfer the sample to and from the DSC cell was minimised, and (ii) the uncertainty in 

the determination of the amount of sample transferred along the two pathways was 

sufficiently small. Overall, the uncertainty of vapH measured in condensation was 

smaller than that measured in evaporation; however comparison of the value obtained 

along both pathways was important in establishing confidence in the measurement.  The 

values of ΔvapH measured for both methane and ethane were consistent with values 

calculated using the reference EOS for these pure fluids 
38

,
19

 to within 3 % for the 

temperature ranges 108 to 133 K and 191 to 214 K, respectively. 

For mixtures, there was a physical difference in the values of vapH obtained for 

the two measurement pathways because of the effect of distillation, which meant that 

while condensation could be achieved at constant composition, evaporation occurred 

along a varying composition pathway. Determination of this pathway through 

composition space required that vaporised samples be captured and analysed, which 

further increased the uncertainty in the measurement of vapH along an evaporation 

pathway. The values of vapH along both pathways for a mixture of of 0.80CH4 + 

0.20C2H6 at 193 K were consistent to within 2 % of the values calculated using the 

GERG EOS. However, when measurements were attempted at conditions where the 

temperature profile of the DSC fill stem entered the mixture’s two phase region, reliable 

values of vapH could not be achieved along either pathway. This work has 

demonstrated that the specialised DSC can be used to measure vapH for mixtures 

directly if they are sufficiently lean and/or the measurement is conducted at 

temperatures that are sufficiently high.  

Overall this research has demonstrated that through relatively straightforward 

modifications of a commercial DSC, robust measurements of key calorimetric 
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properties for mixtures of light hydrocarbons at low temperatures and high pressures are 

can be conducted effectively and reasonably efficeintly. Such measurements are 

important to the improved description of the thermodynamic properties of hydrocarbon 

mixtures relevant to the production of LNG. The mixture cp measurements, which we 

the primary focus of this work, helped identify a significant problem with the 

extrapolation of the GERG-2008 EOS, widely considered a reference EOS for natural 

gas and LNG, to compositions and temperatures that are of industrial relevance. The 

techniques for measuring calorimetric properties described and demonstrated in this 

work could be readily used to produce the key mixture data necessary to the 

development of future equations of state that are not just anchored to measurements of 

volumetric properties. 

7.2 Recommendations for future work. 

This research focussed on the development of a commercial DSC to enable mixture 

measurements of high-pressure, low temperature mixtures relevant to LNG production 

and the use of the resulting apparatus to produce data that help improved predictive 

models for the properties of those mixtures. The following suggestions for future work 

are therefore grouped according to further improvements to the apparatus and research 

to improve the thermodynamic description of mixtures important to LNG production. 

The manifold used with the DSC could be simplified by replacing the gas ballast 

used to minimise the pressure rise caused by the expansion of the liquid sample during a 

temperature scan with a syringe pump capable of operating in constant pressure mode. 

This would likely increase the operating pressure range and flexibility of the apparatus 

in terms of the types of experiments that can be conducted. Increasing the power of the 

stem heaters and/or increasing the thermal insulation around the stem would extend the 

range of mixtures for which direct measurements of vapH could be made. Finally, for 

the purpose of mixture SLE measurements, a means of agitating the high-pressure 

sample within the DSC cell would be of significant value although achieving this would 

be non-trivial. It may be possible to achieve the mixing necessary using some type of 

magnetically-coupled stirring system located in the connecting stem. 
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The implementation of the GERG 2008 EOS in various software packages such 

as REFPROP 9.1
2
 and MultiFlash 4.2

104
, which allow the BIPs in the EOS to be 

adjusted through convenient interfaces like Microsoft Excel, means that it should be 

possible to retune the EOS to describe the methane + butane binary system, with 

improved accuracy and over a wider range of conditions, with a reasonable amount of 

effort. The set of binary mixture data originally used by the EOS developers is detailed 

in the monograph by Kunz et al. 
102

 and this should be augmented to include the cp data 

reported here. In addition the erroneous VLE data of Roberts et al. 
106

 should be 

excluded from the regression. A more sophisticated approach would likely also involve 

the development of a binary-specific departure function for methane + butane, like that 

used for methane + ethane and methane + propane, rather than the generalised departure 

function that is currently used for binaries where the availability of high quality data is 

limited.       

This work also demonstrated a means of detecting problems associated with the 

extrapolation of multi-parameter EOS into regions beyond the reference quality data to 

which they were regressed; once they are detected then heat capacity measurements of 

that binary mixture could be made with the specialised DSC apparatus to provide new 

data for inclusion in the next stage of the model’s development. Predictions of cp made 

using the generally more accurate GERG EOS at compositions and temperatures 

beyond the domain of its development should be compared with corresponding 

predictions made using the simpler but more wide ranging PR EOS. Discrepancies 

between the two models’ predictions that are significantly larger than the deviations 

obtained in the domain where the GERG EOS was developed could be indicative of a 

potential issue with extrapolation of the more complicated multi-parameter EOS. These 

sorts of comparisons help identify where new heat capacity measurements of that 

mixture should then be conducted to test whether the potential extrapolation problem is 

in fact a real one like that observed in this work for the methane + butane system. 

A similar search based on comparisons between models could be used to 

establish whether and where future direct measurements of vapH for mixtures should be 

made. In addition to comparisons of the GERG and PR EOS, other methods for the 
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prediction of mixture enthalpies that are commonly used in simulations of refrigerant 

processes, such as the Lee-Kessler corresponding states method that is available as an 

option in Aspen HYSYS
4
 to improve enthalpy predictions for mixtures when the 

primary property package being used is the PR EOS. If such a search identified cases 

where predictions of vapH for industrial mixed refrigerants were clearly uncertain, then 

the direct measurement vapH could be the fastest means of obtaining the 

thermodynamic data necessary to rectify the situation. 

Further work is needed to establish the best way to conduct and interpret SLE 

experiments conducted with the specialised DSC before the measurements of the impact 

of multi-component solvents on heavy component solubility that were recommended in 

Section 5.2.3 are attempted. Low pressure experiments with binary systems containing a 

solvent such as pentane or heptane containing a high-melting temperature solute such as 

hexadecane would allow the effect and necessity of mixing to be assessed using the 

stirred, low-pressure DSC cells available from Setaram 
123

. Assuming that it could be 

demonstrated that the impact of stratification was not significant then high-pressure 

experiments with more industrial relevance could be attempted. The impact of thermal 

lags associated with various scan rates on the measured thermogram should also be 

systematically investigated, particularly during melting as the determination of the 

melting temperature is the quantity most accessible in such measurements and most 

linked to the thermogram shape. The results presented here indicate that there could be 

value in future attempts to measure melting temperatures in the methane + butane 

system, if the cooling is stopped almost immediately after solidification is first detected 

so that the peak associated with the crystalline phase transition does not corrupt the 

melting temperature measurement. Ultimately, however, it is likely that the most 

valuable SLE experiments that can be conducted using the specialised DSC apparatus 

are those where the effect on the solute’s melting temperature are studied as additional 

light components are added to the solvent. Establishing the extent to which increased 

concentrations of ethane, propane or butane affect the solubility of trace levels of C6+ 

compounds in cryogenic heat exchangers would be of significant value to the LNG 

industry.     
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