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Summary 

Natural gas processing and liquefied natural gas (LNG) production plants experience two prevalent 

issues that impairs their performances. Firstly, plant process equipment are often over-engineered due 

to uncertainties in thermodynamic property prediction fundamental in their design and operation. 

Secondly, the main cryogenic heat exchanger (MCHE), critical to the cost effectiveness of the 

liquefaction stage, operates at conditions that can cause trace concentrations of heavy hydrocarbons 

(C5+) in the gas to freeze-out leading to blockages and, consequently, shutdown of the MCHE. 

Both issues can be addressed by improving the performance of the current state-of-the-art models 

used for predicting (1) isobaric heat capacities (cp) – an important property in equipment design and 

operation, and (2) solid-fluid equilibria (SFE) – to refine the thermodynamic framework underlying 

process simulation software. The GERG-2008 EOS as implemented in the software REFPROP 9.1 

and the Peng-Robison Advanced (PRA) EOS-based SFE model as implemented in Multiflash 4.4 

were utilised for cp and SFE predictions, respectively. The performance of both models can be 

validated by benchmarking against high-quality experimental data. However, data was scarce for both 

cp and SFE in hydrocarbon mixtures at conditions relevant to the LNG plant. A Setaram BT 2.15 

Differential Scanning Calorimeter (DSC) was employed to address these data gaps. Two key 

modifications to the DSC were required to enable accurate high-pressure, cryogenic measurements 

of hydrocarbon mixtures analogous to natural gas: (1) a new DSC sample cell was constructed to 

extend the measurable pressure range to 35 MPa, and (2) a novel method was developed to ensure a 

homogeneous, single phase mixture was prepared and loaded at constant pressure by employing high-

pressure syringe pumps to pressurise above a mixture’s cricondenbar. This circumvented the vapour-

liquid splitting under ambient conditions in mixtures with high C5+ fractions. 

New supercritical and near-critical point cp data were reported for three methane (1) + propane (3) + 

heptane (7) mixtures at pressures from (10 to 32) MPa at (200 and 255) K. The most notable 

observation common across all mixtures at both temperatures was the divergence of the GERG-2008 
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EOS from the measured cp as pressure decreased towards the critical point and vapour-liquid region 

where plant equipment often operate. Additionally, this divergence grew with the addition of heptane 

increasing by up to (0.038, 0.077 and 0.095) ·cp at x7 ≈ 0, 0.05 to 0.10, respectively. This indicates 

that cp predictions in this region are inadequate for mixtures containing C5+ such as heptane and must 

be improved to help address the over-engineering of LNG plant equipment. 

The DSC scanning method was employed to measure melting temperatures (Tmelt) in hydrocarbon 

mixtures corresponding to their SFE. To overcome the lack of consistency in the literature, the endset 

temperature was validated as the most reliable technique to analyse DSC thermograms to determine 

Tmelt by comparing measurements with other analytical techniques. Two binaries and one ternary 

mixture with hexadecane (C16) solute were measured over a temperature range from (260.80 to 

279.17) K at ambient pressure. The measured Tmelt were generally consistent with the EOS-based SFE 

model predictions, but disagreed for x16 < 0.1 due to smearing in the thermograms from increased 

sensitivity of Tmelt on composition as the solute fraction decreases. This same sensitivity also affected 

DSC measurements by reducing the signal-to-noise ratio. Furthermore, the addition of para-xylene 

amplified these deviations indicating that the model is unable to adequately predict SFE in mixtures 

with an aromatic component. 

Following this validation, measured Tmelt were reported for natural gas analogue mixtures over a 

temperature range from (154.37 to 277.49) K at pressures between (11 and 35) MPa, differing only 

by the higher C5+ solute fractions necessary to avoid the thermogram smearing and signal-to-noise 

limitations of the DSC scanning method. Deviations between the measured Tmelt and predicted SFE 

temperatures were observed across all mixtures. For the two methane + heptane binaries and two 

methane + propane + heptane ternaries, deviations increased with decreasing solute fraction by up to 

(5.7 and 4.4) K, respectively, due to the increasing sensitivity of Tmelt on composition. The addition 

of propane alleviated the deviations likely by acting to stabilise the non-ideality between the methane 

and heptane. This was also observed with the addition of butane in the multicomponent mixture with 
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hexane solute. The two multicomponent mixtures with aromatic solutes benzene and para-xylene, 

showed deviations of (9.4 and 21.5) K, respectively, further verifying that the model is unable to 

adequately predict SFE in mixtures with an aromatic component. 

The EOS-based SFE model was benchmarked against the limited SFE data available in the literature 

combined with the DSC measurements. This revealed RMS deviations of (2.7, 6.6 and 17.1) K for 

mixtures containing aliphatic, aromatic and cyclic solutes, respectively, with the largest deviations 

(up to 64 K) seen in mixtures containing aromatic and cyclic solutes. To improve the model’s 

performance, a novel method was developed to tune the PRA EOS binary interaction fitting parameter 

(kij) to binary SFE data. The most notable improvements were observed for mixtures with aromatic 

solutes, which improved by (3.9 and 7.1) K and with cyclic solutes by (5.4 and 13.0) K for the binary 

and multicomponent mixtures, respectively. The methane + ethane + benzene mixture exhibited the 

largest RMS deviation reduction from (39.2 to 0.9) K, while the largest reduction in a binary was 

observed for methane + toluene from (30.7 to 1.6) K. The effect of SFE tuning on VLE predictions 

was assessed for methane + toluene, and observed to be minimal with a RMS deviation of only 0.005 

mole fraction for liquid methane in the VLE region when switching from default to SFE-tuned kij 

values. A kij table was developed for integration into process simulation software to realise these 

improvements representing a significant step towards mitigating the freeze-out of C5+ in the MCHE.
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Chapter 1. Introduction 

1.1 Global energy outlook 

The pressure to meet global energy demand continues to mount with increasing world population and 

rapidly growing emerging economies. According to the International Energy Agency (IEA), global 

energy consumption is expected to increase by 30 % between 2017 and 2040 [1]. Additionally, the 

rising urgency to deal with the consequential impacts of climate change has driven governments to 

seek measures to reduce greenhouse gas (GHG) emissions.  The Paris Agreement under the United 

Nations Framework Convention on Climate Change (UNFCC) unified many nations to combat this 

common cause and governments must report regularly on their nation’s GHG emissions and their 

implementation efforts to meet defined targets [2]. Consequently, society is on the frontier of a 

changing energy mix moving away from high carbon-emitting fuels (a form of GHG) such as coal 

and oil towards renewable sources. However, the current capacity of renewable energy sources is 

unable to meet the growing global energy demand and this segment of the energy sector faces 

significant technological hurdles. Therefore, renewables are expected to only contribute to 22 % of 

the total energy mix by 2040 [3]. Natural gas is the fastest growing energy source and is playing a 

determining role to help address these challenges. It currently accounts for 22 % of global energy 

demand [4] with an estimated 40 % growth by 2040 [3, 5]. According to the United States Department 

of Energy, natural gas can be used as a bridge to a renewable energy future for high carbon-emitting 

countries [6]. This is already being reflected within the oil and gas industry as companies shift their 

focus towards natural gas. ExxonMobil indicates that natural gas will act as a transitioning fuel as 

society moves towards a carbon-free energy future with some forecasts predicting it will overtake 

coal in unit heat consumption by 2025 as depicted in Figure 1.1 [3]. 
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Figure 1.1. Evolution of global energy supply to meet demand [3]. 

Furthermore, the amount of CO2 emissions (per unit of energy produced) from natural gas is 

approximately (40 and 20) % less than coal and oil, respectively [7]. This makes it a much cleaner 

combustion fuel with more efficient energy conversion and no particulate emissions [8]. 

Subsequently, government policies on climate change put forward in 2017 had a positive impact on 

natural gas demand [5]. However, a large percentage of the world’s natural gas resources are currently 

unavailable for production due to their economic, physical or geographical limitations. As technology 

continues to advance, this gas is becoming more readily available. The most notable innovations 

which have helped to partially overcome all three of these limitations and are driving the globalisation 

of the natural gas market are shale gas and liquefied natural gas (LNG) technologies. 

Despite the earlier projected estimates, global natural gas production grew by only 0.3 % in 2016 due 

to a decline in North American production, which was a consequence of falling oil and gas prices [9]. 

However, this was offset by strong growth in Australia and Iran. Australia was the strongest performer 

(25.2 % of global production growth) as several new LNG facilities came online [9].  In 2017, a 

greater 2.4 % increase in global production compared to 2016 continued to be predominantly driven 

by Australia through both increased production and additional LNG facilities coming online [10]. 
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Figure 1.2. Australian historical and forecasted LNG exports. LHS: volume; RHS: value. Insert: 

Australian LNG exports relative to the other top global exporters [11]. 

Australia now has eight operating LNG projects forecast to reach 74 million tonnes in LNG export 

volume between 2018 and 2019 with a $37 billion value as shown by Figure 1.2 [11]. Furthermore, 

ramp-up production on Chevron’s Gorgon project (Australia’s largest single resource development 

[12]) and with three additional projects coming online (Chevron’s Wheatstone, Shell’s Prelude and 

INPEX’s Ichthys) [13], Australia’s LNG exporting capacity is expected to climb even further to 88 

million tonnes [11]. This represents 23 % of the global supply capacity [11] and will make Australia 

the largest LNG exporter in the world by 2020 helping fuel Asia’s significant growth [11, 14, 15]. 

Australia also faces a variety of challenges extracting their gas reserves, which include deep water 

locations predominantly off Western Australia shores and coal seam gas in Queensland. These 

challenges have shifted Australia to the forefront of technological innovation across the industry. 

Therefore, Australia’s ability to capitalise on its massive resource reserves means it will play a pivotal 

role in the supply of natural gas over the coming decades to alleviate the impacts of growing global 

energy demand and climate change. 
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1.2 The impact of LNG in a transitioning sector 

LNG has become a well-established technology and fast-growing energy carrier since the first 

shipment in 1959, which proved the feasibility of a large scale global trade of natural gas [16]. The 

main advantage of LNG is its energy density, which allows for minimal storage requirements: the 

energy content of 1 m3 LNG is approximately equivalent to 600 m3 of natural gas at the same pressure 

[17]. Therefore, liquefaction allows larger volumes to be transported making it more economic to 

transport gas to regions that are distant from markets. Pipelines become too costly over long distances 

as shown in Figure 1.3 and it is expected that LNG will overtake pipelines as the main form of gas 

trade accounting for 60 % of inter-regional trade by 2040 [1]. Additionally, pipeline construction can 

be restricted by certain terrain such as deep oceans or mountains [6].  

 

Figure 1.3. Natural gas transportation cost-benefit analysis. The unit cost for pipeline is higher for 

long distance transportation due to the high cost of pipe steel [18]. 

However, liquefaction of natural gas requires energy-intensive refrigeration over a wide temperature 

range and down to low temperatures (111 K), which incurs a significant cost [19]. Furthermore, LNG 

can be impractical in many scenarios due to the prerequisite processing of the natural gas prior to 

liquefaction and cost of the processing equipment [20]. Both capital and operating costs of the 

processing facilities are larger for LNG than pipeline gas, while the cost of additional transport 
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distance is less. These natural gas processing and LNG production facilities are encompassed within 

the LNG plant segment of the LNG value chain, which describes the global LNG business. Figure 

1.4 depicts a high-level overview of the LNG value chain showing the allocation of cost across all 

four segments and the cost breakdown of a typical LNG plant. 

 

Figure 1.4. LNG value chain & cost distribution [16, 21]. 

The exploration and production segment of the value chain involves identifying economical natural 

gas reserves to develop and produce by drilling into the field reservoir and extracting the gas. The 

gas is piped to a LNG plant, where it undergoes a series of refining processes to produce valuable 

products for the market including, but not limited to, LNG. The LNG is transported via cargo ship or 

truck to import terminals at the allocated market, where it is stored or immediately regasified for 

delivery via distribution pipelines to the end user. Costs across all segments of the value chain can 

vary due to factors such as transportation distances and volume as well as type of technologies 

employed. However, the value chain is only as strong as its weakest link [6]. The LNG plant 



Chapter 1 

6 | P a g e  
 

contributes the largest percentage (30 - 45 %) of the total cost, while the shipping costs vary the most 

by between (10 and 30) % of the total cost. Furthermore, the component cost breakdown of a typical 

LNG plant shows that the liquefaction stage incurs the biggest cost (28 %) in this segment. This 

highlights the significant cost associated with the LNG plant equipment and their operation, and how 

critical value improvements are to the economic viability of LNG as a fuel. Such improvements will 

subsequently open doors for Australian LNG trade to more distant markets and improve production 

prospects for natural gas sources that were once too expensive to develop. 

1.3 The LNG plant: natural gas processing and LNG production 

The LNG production process is intuitively simple, requiring only a series of separation and 

liquefaction steps. However, operating within the constraints set by government-imposed regulations, 

product specifications defined by the importing market, and ensuring the process is economical 

imposes complexity. Requirements for product specification vary by market and include maximum 

impurity concentration thresholds, maximum dew points (both water and hydrocarbon), and a high 

heating value (HHV), which is related to the heat released during gas combustion [22]. Figure 1.5 

outlines the key process steps required for converting natural gas into LNG. 
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Figure 1.5. Typical LNG plant process flow. Green arrow: product flow. Red arrow: waste. 

Orange arrow: gas utility generation. 

 1.3.1 Natural gas pre-treatment 

Before liquefaction can occur, pre-treatment of the natural gas is required to meet the constraints 

outlined above. The first key step as high pressure raw natural gas enters the plant is separating the 

gas from hydrocarbon liquids (condensate) and an aqueous phase (water). This is achieved at the inlet 

separator through a controlled pressure drop, cooling the gas and resulting in the three-phase split. 

The acid gas removal step is usually an absorption process where CO2 and H2S are removed from the 
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gas by reacting with a chemical solvent or preferentially solubilising into a physical solvent. Pure 

CO2 has a high triple point - the temperature and pressure where the vapour, liquid and solid phases 

coexist, and is a strong indicator for how susceptible components will be to freeze-out in mixtures. 

Therefore, it must be removed to within a defined concentration threshold of 50 ppm [23] to avoid 

freeze-out downstream at the liquefaction stage and consequent blockages. It is also corrosive to 

carbon steel and reduces the gas HHV, which is a market-defined specification. H2S is a highly toxic 

and corrosive substance, which must be removed per governmental regulations. Although most of the 

water in the initial gas feed is removed at the inlet separator, specific concentration thresholds (of 0.1 

to 1 ppm) [23] to avoid hydrate blockages downstream at the liquefaction stage means further 

treatment is required. The remaining water is removed in the subsequent dehydration step by passing 

the gas through molecular sieve beds, which use an adsorbent. Mercury removal also occurs by 

passing the gas through an adsorption bed. There are strict regulations pertaining the mercury 

concentrations as it is a considerable environmental and safety concern, and extremely corrosive to 

the aluminium heat exchangers used in liquefaction. 

 1.3.2 NGL recovery 

Prior to natural gas liquids (NGL) extraction, the gas is precooled to 243 K through a series of propane 

chillers bringing it within proximity of its dew point, where liquid rich in heavy hydrocarbons will 

condense [24]. The NGL extraction step separates less volatile hydrocarbon compounds heavier than 

ethane (C3+) by passing the natural gas through a cryogenic distillation column operating at 3 – 5 

MPa, where they are concentrated into the liquid condensate stream. This is an essential prerequisite 

to liquefaction to prevent hydrocarbons heavier than butane (C5+) from freezing out during 

liquefaction and to reduce the HHV to within specification [24]. Precise control of the heat duty 

required to drive the column’s reflux condenser is critical to ensure these conditions are met. The 

concentration limits for components susceptible to freeze-out are extremely low, which reiterates the 

need for this extensive gas processing prior to liquefaction. At this step, particularly suspect 

components include aromatic or cyclic hydrocarbons such as benzene and cyclohexane, due to their 
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high triple point temperatures. Fractionation further separates the NGL in a series of distillation steps 

producing condensate (which is recycled to condensate storage), and pure ethane, propane and butane, 

where the latter two can be mixed to produce saleable LPG. This step offers efficiency benefits where 

the recovered ethane and propane may be utilised for refrigerant makeup in liquefaction. Additionally, 

the recovered ethane can be used as a fuel gas utility within the LNG plant or reinjected into the main 

gas flow for additional control of the HHV specification [23]. 

 1.3.3 Liquefaction 

The liquefaction stage, the heart and most costly step of the LNG plant, condenses the now fully 

treated gas (meets specifications) by passing it through the main cryogenic heat exchanger (MCHE). 

This is often a spiral wound heat exchanger comprising numerous tubing network bundles with an 

approximate 10 mm internal diameter to maximise surface area for heat transfer between the treated 

gas and refrigerant. The most common liquefaction technologies available use propane and/or mixed 

refrigerant recycles to cool the gas from (243 to 111) K (normal boiling point of methane) [23]. These 

cryogenic temperatures are necessary given the methane-rich composition of the natural gas to ensure 

it is fully liquefied.  

The LNG is depressurised by passing through a flash drum where a phase split results in a low 

pressure nitrogen- and methane-rich vapour being produced called end flash gas [23]. This step drives 

the removal of excess nitrogen and the vapour is compressed and used as fuel gas in the LNG plant. 

The produced LNG is then stored ready for shipment. Final LNG compositions are highly dependent 

on the reservoir source, market specifications and process efficiency through the plant. Table 1.1 

provides a typical example of market impurity specifications as well as natural gas composition as it 

changes at key stages in the LNG plant. 

 

 



Chapter 1 

10 | P a g e  
 

Table 1.1. Example natural gas and LNG compositions at key stages of the LNG plant [25]. 

Natural Gas 
Component 

Impurity 
Specification 

Composition (mol %) a 

LNG Plant 
Feed 

Liquefaction 
Feed 

LNG 

Nitrogen (N2) - 2.51 2.67 1.10 
Methane (C1) - 79.97 86.35 91.92 
Ethane (C2) - 4.97 6.54 5.59 
Propane (C3) - 2.50 2.68 1.11 
Butane (C4) - 1.22 1.23 0.23 

Heavy Hydrocarbons (C5+) < 1000 ppmv 2.20 0.50 0.04 
Aromatic Hydrocarbons < 10 ppmv 0.23 0.02 0.00 
Carbon Dioxide (CO2) < 50 ppmv 5.20 0.01 0.01 

Hydrogen Sulfide (H2S) < 10 ng/Nm3 0.0005 0.00 0.00 
Water (H2O) < 1 ppmv 0.81 0.00 0.00 

Total - 100 100 100 
     a Compositions are design data for Statoil’s Hammerfest LNG plant. 

1.4 Thermodynamic needs in natural gas processing and LNG production 

 1.4.1 The over-engineering of processing equipment 

The most cost effective method to test value improvements for a LNG plant’s process design and 

operation is through process simulation and optimisation [26]. However, process simulators require 

accurate mass and energy balances to reliably optimise a LNG plant. In turn, these balances inherently 

rely on rigorous thermodynamic models to accurately predict phase equilibrium and thermodynamic 

properties for natural gas over a wide range of pressures, temperatures and compositions. The most 

common thermodynamic models used in the oil and gas industry are the cubic Peng Robinson (PR) 

[27] and Soave-Redlich-Kwong (SRK) [28] equations of state (EOS). These are semi-empirical 

models, which are anchored to pure fluid and binary mixture data measured generally at high 

temperatures using fitting parameters known as binary interaction parameters (kij). Therefore, EOS 

for multicomponent systems have kij representing every component pairing. Unfortunately, cubic 

EOS often do not extrapolate reliably outside the regression range to the cryogenic temperatures and 
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high pressures representative of the LNG plant operating conditions [26], and it is difficult to collect 

high quality experimental data at these conditions. 

Non-cubic EOS developed specifically for natural gas mixtures exist and often more accurately 

describe the thermodynamic properties of these systems, particularly under single-phase conditions. 

The Groupe Européen de Recherches Gazières (GERG) - 2008 multi-parameter EOS, is based on 

accurate thermodynamic property data for 21 natural gas compounds and their binary mixtures, and 

is the reference equation (ISO standard) for natural gas applications [29]. It can describe the gas and 

liquid phases, vapour-liquid equilibrium (VLE) and supercritical region [30]. The GERG-2008 EOS 

has been applied to the simulation of LNG processes and showed a significant increase in accuracy 

relative to simulations that used a cubic EOS [30, 31]. However, the GERG-2008 EOS has been 

revealed to poorly predict VLE and low temperature, high pressure isobaric heat capacities (cp) when 

compared against high quality experimental data [32, 33]. Recent modifications to the GERG-2008 

EOS have since improved both VLE and cp predictions [34]. The modification made to improve cp 

predictions at low reduced temperatures was the removal of a term in the departure function which is 

used by the GERG-EOS framework, where possible, to improve the description of binary mixture 

data when the sufficient, high quality data are available. When they are not, so-called generalised 

departure functions can be used to describe classes of binaries but this approach can also lead to the 

sort of problem rectified by Rowland et al. (2016) [34]. Improved VLE predictions was achieved by 

re-fitting the kij parameters with the inclusion of the newly collected low temperature data [32] 

included in the regression. These modifications highlight the continued need for new mixture 

thermodynamic data to help improve the accuracy of EOS used to describe natural gas systems. 

There are currently insufficient cp data available to confidently design LNG plant processing 

equipment at high pressures in the supercritical region for multicomponent hydrocarbon mixtures. 

This lack of cp data and the poor understanding of this thermodynamic property in the supercritical 

region impacts the energy balance calculations underpinning process simulators. To account for 
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discrepancy in process simulations, the LNG plant process equipment are typically over-designed and 

controlled across wider operating margins at the capital and operating expense of the plant. Given 

that between (30 and 45) % of the LNG value chain cost is attributed to the LNG plant, minimising 

these discrepancies is an opportunity that will add significant value to the LNG business. 

1.4.2 Heavy hydrocarbon freeze-out 

Another area of concern for the LNG plant is solid freeze-out, whether it be water, CO2 or 

hydrocarbons. The freeze-out of hydrocarbons heavier than butane (C5+) in the MCHE and the 

consequent plant shutdowns is a prevalent issue throughout the global industry [35]. It can occur for 

several reasons including: 

1) Variation in the gas feed composition entering the MCHE, 

2) Suboptimal operation of the distillation column, or 

3) Utility process disturbances. 

To reduce the risk of solid freeze-out, plant operators can control the distillation column’s condenser 

at lower temperatures (increased refrigeration power and, therefore, heat duty) and/or increase the 

reflux flowrate; both help drive increased purity in the overhead gas feed to the MCHE, but incur 

additional operating cost. Alternatively, they can increase refrigeration power in the MCHE to counter 

the reduced heat transfer between the gas and refrigerant when solid builds up on the tube-side walls. 

Again, this drives up operating costs in the most cost-sensitive stage of the LNG plant. Despite these 

operational measures the issue is not completely mitigated because there is uncertainty surrounding: 

1) The existing C5+ threshold specifications, such as those listed in Table 1.1, which may not 

accurately reflect freeze-out concentrations at MCHE conditions. 

2) The distillation column’s efficacy to meet the C5+ threshold specifications, and  

3) The reliability of process simulators to predict C5+ concentrations at the MCHE operating 

conditions.  
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The reliability of process simulators to predict C5+ concentrations at the distillation column and 

MCHE operating conditions to avoid freeze-out is limited by the accuracy of the models used to 

predict partial fugacities of solutes in multi-component mixtures at high pressures and low 

temperatures. Cubic EOS are unable to describe the volumetric behaviour of the solid phase, but they 

can be extended to predict solid-fluid equilibrium (SFE) when used in conjunction with an expression 

for the solid phase fugacity based on the pure component’s thermodynamic properties at its melting 

point.  This is considered the current state-of-the-art for SFE models due to its link to the industry-

standard, robust cubic EOS. Further detail on this and other available engineering models for SFE are 

detailed in Chapter 2. Cubic models may not accurately predict SFE of C5+ compounds in cryogenic 

multi-component mixtures because the kij parameter in the cubic EOS is commonly regressed to 

binary VLE data obtained at higher temperatures. Consequently, as with the cp predictions, 

discrepancies arise due to extrapolation to the cryogenic temperatures and high pressures 

representative of the LNG plant. Model predictions can be improved by anchoring the cubic EOS to 

binary SFE as opposed to VLE data; the SFE data are most commonly measurements of the melting 

temperature. However, melting temperature data representative of hydrocarbon mixtures at these 

conditions are limited [36]. Furthermore, SFE phase behaviour can vary widely in complexity. 

Therefore, there is a need to collect both binary and multicomponent SFE data to improve the 

prediction of SFE phase behaviour in hydrocarbon systems by anchoring the current state-of-the-art 

models to those data. The SFE-regressed kij parameters can then be implemented for multicomponent 

predictions and tested against (newly acquired) multicomponent data. The improved SFE models will 

enable process simulators to make more reliable C5+ concentration predictions and, subsequently, 

improve the design and operating margins used for the distillation column and MCHE, minimising 

the risk of plant shutdown due to solid freeze-out. 
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1.5 Objectives of this research 

The research presented in this thesis targets two issues critical to the oil and gas industry: 

1) The over-engineering of LNG plant process equipment due to uncertainties in thermodynamic 

property prediction, particularly for heat capacities, and 

2) Freeze-out of heavy hydrocarbons in the LNG plant’s MCHE - a crucial, ongoing threat to the 

LNG supply chain. 

To address these issues the primary objective of this research is to improve the performance of the 

current state-of-the-art models used for predicting SFE and isobaric heat capacities in hydrocarbon 

mixtures at conditions relevant to natural gas processing and LNG production. The following outlines 

the main contributions of this PhD research towards achieving this objective: 

• An extensive review of the available literature data on SFE measurements of hydrocarbon 

systems analogous to natural gas at conditions applicable to the liquefaction process. This 

includes identifying high quality data, excluding inconsistent datasets and developing a 

thorough database for future work. 

• Standardisation and application of a robust experimental technique that can accurately 

measure both SFE and isobaric heat capacities at high pressures up to 35 MPa and cryogenic 

temperatures down to 77 K. This includes identifying inconsistencies in the methods used in 

this area of experimental work, standardising an optimal method for use, and extending the 

range of both systems and conditions not previously feasible with this method. It also includes 

developing an experimental loading process to ensure the system compositions within the 

experimental apparatus are known reliably. 

• Improving the current state-of-the-art thermodynamic models for SFE predictions of 

hydrocarbon systems by anchoring to both the available literature and data collected in this 

work. This includes the development of a fitting parameter table (inherent to the models) 
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providing values optimised to SFE data that can be directly integrated into thermodynamic or 

process simulation software for improved SFE predictions. 

These contributions are described across the following four chapters: 

• Chapter 2 reviews the available thermodynamic models for both SFE and isobaric heat 

capacity predictions with a focus on the current state-of-the-art model tested in this work. 

• Chapter 3 identifies the inconsistency in current SFE measurements using Differential 

Scanning Calorimetry (DSC) and standardises a robust experimental technique for 

determining SFE in mixtures by repeating measurements reported in the literature and 

contributing new data for simple hydrocarbon systems. 

• Chapter 4 contributes new data to literature measured in this work for SFE and isobaric heat 

capacities of hydrocarbon mixtures analogous to natural gas systems at conditions relevant to 

liquefaction. The experimental technique using DSC that was standardised in Chapter 3 for 

SFE measurement is applied to systems relevant to natural gas processing and LNG 

production. 

• Chapter 5 summarises the available SFE literature data and benchmarks them together with 

the new data produced in Chapter 4 against the current state-of-the-art thermodynamic model 

detailed in Chapter 2. It is the capstone of this thesis - quantifying the improved performance 

achieved by anchoring this model to the available data. 
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Chapter 2. Engineering Models for Isobaric Heat Capacities and Solid 

Fluid Equilibrium 

The design and operation of natural gas processing and LNG plant equipment require accurate 

predictions of thermodynamic properties. The thermodynamic models underpinning process 

simulators commonly used for these purposes in the oil and gas industry, such as Aspen HYSYS [37] 

are often unable to reliably predict these properties at the cryogenic temperatures and high pressures 

representative of LNG plant operating conditions. The underlying causes for this are: 

1) Poor extrapolation of the EOS models to industrially relevant conditions located outside the 

regression range used in the model development, which is typically at relatively high 

temperatures. The consequent uncertainties in thermodynamic property predictions such as 

isobaric heat capacities (cp) lead to the over-engineering of LNG plant process equipment. This 

cause also contributes to the poor predictions of current state-of-the-art models for solid-fluid 

equilibrium (SFE), which are needed to assess the risk of heavy hydrocarbon freeze-out. 

2) Lack of appropriate models implemented within the process simulation software which can 

predict solid freeze-out of heavy hydrocarbons in the LNG plant’s MCHE. The process simulators 

commonly used by industry either do not have SFE models integrated within their software 

packages, or do not have models which extend to heavy hydrocarbon freeze-out. The few software 

packages in which SFE models are implemented are not optimised for the prediction of heavy 

hydrocarbon solubilities at cryogenic temperatures.  

2.1 State-of-the-art models for isobaric heat capacity predictions 

Caloric thermodynamic properties such as isobaric heat capacity are critical inputs for process energy 

balances across the LNG plant. Therefore, accurate prediction of these properties is essential for the 

design and operation of equipment requiring heat transfer operations such as the MCHE, and 



Chapter 2 

17 | P a g e  
 

processes highly dependent on temperature such as distillation columns where temperature 

calculations derived from energy balances are key inputs for VLE predictions. 

The most commonly used models for thermodynamic property calculations are EOS because they are 

applicable over a wide pressure and temperature range including in the supercritical region. This 

contrasts with activity coefficient models which are usually optimised for low pressures, and, 

therefore, are not as flexible as EOS. The thermodynamic properties, enthalpy and isobaric heat 

capacity, can be calculated with an EOS through integral relations to determine the relevant departure 

functions. These functions determine the residual thermodynamic property, which represents the 

difference between the real fluid and ideal gas for a given property. The departure function used to 

determine the residual enthalpy (Hresidual) is given by Equation 2.1: 

ln ( ) ( 1)
V

residual ideal
ideal

RT VH p dV RT T S S RT Z
V V∞

   = − − − + − + −   
   ∫                   (2.1) 

Here ρ is density, V is volume, T is temperature, R is the gas constant, S is entropy and Z is the 

compressibility factor. The residual enthalpy is related to the residual isobaric heat capacity, residual
pc

, by Equation 2.2: 

                                                      
residual

residual
p P

Hc
T

 ∂
=  ∂ 

                                              (2.2) 

Subsequently, the real fluid’s cp can be calculated from Equation 2.3: 

                    ideal residual
p p pc c c= +                        (2.3) 

The cubic PR EOS is widely used in the oil and gas industry due to its robustness and structural 

simplicity. However, fundamental Helmholtz EOS are often used as reference equations for a 

substance because they more accurately describe the thermodynamic properties of a specific system 

within a domain of applicability. The reference EOS and current state-of-the-art for predicting the 

properties of single-phase natural gas mixtures is the multi-parameter GERG-2008 EOS [29], which 
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is significantly more complex and computationally intensive to solve than a cubic EOS. However, 

the GERG-2008 model can extrapolate poorly outside of the domain of the data sets to which it was 

optimised. 

 

Figure 2.1. Literature absolute isobaric heat capacity, cp, data for methane (1) + butane (4) as a 

function of temperature. Syed et al. (2014) [33]: , x1 = 0.96, P = 5.05 MPa; , x1 = 0.88, P = 5.15 

MPa; , x1 = 0.60, P = 5.2 MPa. Calculated curves: blue lines, GERG-2008 EOS; red lines, PR EOS. 

Both EOS were calculated using REFPROP v9.1 [38].   

Figure 2.1 compares GERG-2008 EOS and PR-EOS against literature cp data at high pressures and 

cryogenic temperatures for methane + butane at three compositions. The GERG-2008 EOS 

predictions agree well with the literature data for mixtures with high methane mole fractions. 

However, the comparisons show that GERG-2008 EOS cp predictions become worse with lower 

methane content and diverge as temperature decreases for such compositions. Rowland et al. (2016) 

found that this was because the ten-term departure function used by the GERG-2008 EOS to describe 

the methane-butane binary diverged at low reduced temperatures [34]. In contrast, the PR EOS can 

consistently capture the trend in the mixture’s cp across the entire temperature range for all three 

methane mole fractions because of its robust functional form. However, the RMS deviations for the 
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PR EOS and GERG-2008 EOS are (0.035 and 0.030) J.(g.K)-1, respectively, across the x1 = 0.95 and 

0.88 datasets showing that at the high methane mole fractions of most industrial relevance the PR 

EOS is less accurate than the GERG-2008 EOS. Therefore, to improve the predictive capability of 

complex models like the GERG-2008 EOS it is important to continue extending the database of high 

quality cp measurements at these conditions across the full range of binary compositions. This will 

allow the GERG-2008 EOS to be regressed to a larger dataset more representative of the 

thermodynamic behaviour for natural gas over a broader range of conditions, resulting in improved 

predictions. Given the robustness and general predictive capability of the PR EOS, it can be used in 

conjunction with the experimental effort to help plan and provide physically reasonable checks of the 

measured cp data acquired well beyond the GERG-2008 EOS’s range. 

The cp work undertaken in this thesis is part of a research study for the Gas Processors Association 

(GPA) to address the poor extrapolation of models like the GERG-2008 EOS and the consequent 

over-engineering of process equipment. It will obtain new cp data for hydrocarbon mixtures with 

increasing heptane content at pressures near the mixtures’ critical point and/or exceeding their 

cricondenbars (i.e. in the supercritical region), and at cryogenic temperatures. Figure 2.2 shows the 

phase behaviour for a typical hydrocarbon system at a defined composition as a function of pressure 

and temperature providing a visual representation of the region where cp data will be measured in 

Chapter 4. There are currently no available data for such mixtures and conditions due to the difficulty 

associated with their measurement. This data will be compared against predictions made with the 

GERG-2008 EOS as implemented in the National Institute of Standards and Technology’s (NIST) 

Reference Fluid Thermodynamic and Transport Properties Database (REFPROP) version 9.1 [38] to 

benchmark its performance and identify opportunities for future improvements to multi-parameter 

fundamental Helmholtz equations for mixtures. 
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Figure 2.2. Pressure, temperature phase diagram depicting the general phase behaviour for a typical 

hydrocarbon system at a defined composition. —, vapour-liquid equilibrium (VLE), —, solid-liquid 

equilibrium (SLE), —, represents the locus where the solid, liquid and vapour phases are at 

equilibrium (SLVE). The dashed line, ---, represents the cricondenbar and, , the critical point. The 

green zone represents the region where cp data are to be measured in Chapter 4, while the red zone 

represents the MCHE operating window, highlighting the solid freeze-out risk zone as it crosses SFE 

phase boundaries. 

2.2 State-of-the-art models for solid-fluid phase equilibrium predictions 

Figure 2.2 also shows a visual representation of the various SFE that exist with respect to the operating 

pressure (between 3 and 5 MPa) and temperature (143 to 111) K range of the MCHE for a typical 

hydrocarbon system at a defined composition. The potential SFE behaviour for a given hydrocarbon 

mixture can become even more complex including, for example the capacity to form a second liquid 

phase at low temperatures and high pressures. The location of the SLVE locus varies significantly 

with mixture composition and can very easily fall within the MCHE operating window. These 

complexities will be discussed in Chapter 5. 

SFE models can be generally categorised into activity coefficient or EOS-based models. Activity 

coefficient models are commonly used for wax (C17+) applications [39], which have been studied in 
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much greater depth than the LNG C5+ solids counterpart. A common approach to wax precipitation 

implements the Coutinho model, which combines the UNIQUAC activity coefficient model to 

describe the non-ideality of the liquid phase activity coefficient with an equation for calculating the 

solid phase activity coefficient [40]. However, this model is not applicable to SFE in natural gas 

systems because it cannot determine if a vapour phase exists and, furthermore, assumes a solid 

solution forms. A solid solution is a homogeneous crystalline phase of two or more compounds that 

commonly forms in systems containing similarly sized molecules. Mixtures studied in this work are 

discrete focussing on a single solute in a given mixture with a defined composition, where a large 

melting temperature margin exists between the solute and solvent components. While C5+ 

hydrocarbons could potentially form solid solutions in LNG mixtures, the discrete mixtures studied 

in this work form eutectic solids: if more than one compound solidifies there is complete immiscibility 

between the solid solute and solid C1 to C4 phases.  

An activity coefficient model has been developed to describe the solubility of C5+ compounds in light 

liquid hydrocarbons. Developed for the GPA, it is implemented within the Kohn and Luks Solids 

Solubility Program 1.0 (KLSSP) [41]. This tool uses the Scatchard-Hildebrand empirical activity 

coefficient model and could reproduce experimental solubility data measured by the developers and 

others working in the 1970s as part of the GPA’s initiative [41-44]. However, the model is not capable 

of robust and wide application to natural gas systems because 1) it contains no pressure dependence, 

2) it is restricted to temperatures above 100 K and below 185 K, and 3) it is only valid within specific 

composition ranges.  In general, activity-based SFE models are constrained by the same low pressure 

limitations of activity coefficient models used to predict fluid phase equilibrium. 

Several developments have occurred in the application of EOS models to SFE. Quartic EOS have 

been developed in recent years to address the assumption of total immiscibility between the solid and 

fluid phases by including a fourth volumetric term describing the solid phase [45, 46]. While the 

application of quartic EOS to natural gas processing and LNG production is promising [47], their 
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robustness requires further validation and their computational complexity can be a drawback in 

commercial process simulation packages. The most commonly used EOS-type SFE model combines 

a cubic equation with a solid fugacity equation derived by constructing a thermodynamic cycle 

relating the pure solute’s fugacities in the solid and liquid phases at a given pressure and temperature 

[48, 49]. It assumes total immiscibility between the solid and fluid phases, but retains the robustness 

and wide applicability of cubic EOS. Accordingly, this work utilises this category of EOS-based SFE 

model and the following details its implementation. 

The fundamental principle underlying phase equilibrium is the global minimisation of the total Gibbs 

energy of a closed thermodynamic system, which must be met for a stable equilibrium state to exist 

[50]. The key criterion for phase equilibrium can be expressed in terms of the fugacity, f, of each 

component in each phase. Equilibrium exists when the (partial) fugacities of all components in all 

phases in a closed thermodynamic system at a given pressure and temperature are equal. Equation 2.4 

describes this for component i where a solid, liquid and vapour phase exist at equilibrium: 

                  solid liquid vapour
i i if f f= =   for i = 1…j            (2.4) 

Here j represents the number of components in the system. The (partial) fugacity can be defined for 

mathematical convenience in terms of the fugacity coefficient of component i in phase m by Equation 

2.5: 

 
m

m i
i
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f
z P

ϕ =               for m = 1…n         (2.5) 

Here n represents the number of phases. In this work the PR EOS is utilised to calculate the fugacity 

coefficient of each mixture component in the fluid phases. Equation 2.6 shows the general form of 

the PR EOS describing the relationship between pressure, temperature and volume: 
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            (2.6) 



Chapter 2 

23 | P a g e  
 

Here P is the pressure of the fluid, T is the temperature, v is the molar volume, R is the universal gas 

constant, a  and b are parameters characterising the attractive and repulsive intermolecular attractions, 

respectively, and α is the PR vapour pressure function [51]. The following expressions are used for 

PR EOS to calculate these parameters and function: 

  (1 ) ( )( )i j ij i i j j
i j

a x x k a aα α α= −∑∑            (2.7) 
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Here ω is the acentric factor, Tr is the reduced temperature, and Tc and Pc are the critical temperature 

and pressure, respectively. Equation 2.7 is the van der Waals one-fluid mixing rule, which aims to 

represent the intermolecular forces between molecules of two different components, i and j, and 

extends to every component pairing in a multicomponent mixture. The binary interaction parameter, 

kij, is the fitting parameter normally used to regress the PR EOS to experimental VLE data for binary 

mixtures. The fugacity coefficient can be evaluated from the PR EOS from the following expression:       
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Here iϕ is the fugacity coefficient of component i in a fluid phase, and Z is the compressibility 

factor of that phase. The terms A, B and Z are calculated via the following relationships:   

2 2

aPA
R T

=   bPB
RT

=  ,

,

0.0778 r i
i

r i

P
B

T
=  PVZ

RT
=             (2.13 – 2.16) 

Here Pr is the reduced pressure. Since cubic EOS do not describe the volumetric behaviour of the 

solid phase, the calculated fugacity coefficients of component i in the fluid phases must be compared 
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with the fugacity coefficient of the solid phase calculated via Equation 2.17. To determine the fugacity 

coefficient of pure component i in the solid phase, a thermodynamic cycle starting with the pure 

liquid’s fugacity coefficient (also evaluated using the PR EOS) is used to populate the equation’s 

right-hand side 

, ,, ,
,

, ,

( )ln( ) ln( ) 1 1 ln
l s l s

f i p imelt i melt is l i o
i pure i

melt i melt i

H cT T v P PT
RT T R T T RT

ϕ ϕ
→ →  ∆ ∆  ∆ −

= − − + − + −          
   (2.17) 

Here s
iϕ  and ,

l
pure iϕ  are the pure component fugacity coefficients in the solid and liquid phases, 

respectively, and Po is a reference pressure (atmospheric). This model assumes all solid phases exist 

as a pure component [49], but it can predict the existence of multiple pure solid phases. The key 

thermodynamic properties in Equation 2.17 are: 

,melt iT  Melting temperature of pure component i.  

,f iH∆  Enthalpy of fusion of pure component i. 

,
l s
p ic →∆  Change in cp of pure component i due to solid-liquid phase transition. 

l s
iv →∆  Change in molar volume of pure component i due to solid-liquid phase transition. 

All three terms in Equation 2.17 can be calculated from pure component property data available in 

databases such as the American Institute of Chemical Engineers’ Design Institute for Physical 

Properties (DIPPR)® 801 database [52] and Yaws’ Critical Property Data for Chemical Engineers 

and Chemists [53]. With this framework, the SFE can be calculated at a specified pressure, 

temperature and overall composition by initially performing a VLE flash using the PR EOS and 

iteratively solving a set of material balances and phase equilibrium equations for each component 

across all existing phases. While the performance of this SFE model can be somewhat improved by 

ensuring high quality pure component data are used in Equation 2.17, these properties are generally 



Chapter 2 

25 | P a g e  
 

already well-defined. The most opportunity for improvement comes from the measurement of the 

SFE temperature in a fluid mixture with well-known composition.  

 

Figure 2.3. Temperature, composition phase diagram comparing measured SFE against model 

predictions for methane (1) + toluene. Measured data [54]: ; SFE model (Multiflash 4.4) [55]: . 

Note: the diagram does not assume isobaric conditions as the measured pressure varies from (5.8 to 

13.4) MPa. 

The comparison in Figure 2.3 provides an example of the performance of the EOS-based SFE model 

calculated for the methane + toluene binary hydrocarbon system. The SLE data were acquired at 

pressures from (5.8 to 13.4) MPa  in methane-dominant mixtures. These conditions are near the 

vicinity of the MCHE operating region and, therefore, are industrially relevant. The model 

significantly under predicts the SFE temperature across the entire composition range measured. 

Furthermore, at x1 = 0.9998 the eutectic point (composition corresponding to the lowest melting 

temperature in the mixture) is predicted despite the measured data showing that it occurs at a much 

lower fraction of toluene. To improve the performance of this SFE model for systems and conditions 

relevant to the MCHE, the kij parameters in the PR EOS can be adjusted to force the model to agree 
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with high-quality experimental SFE data. The consequent impact of regression to SFE data on VLE 

predictions must of course be checked if the value of kij changes.  

Unfortunately, there are a lack of SFE data available in the literature for relevant hydrocarbon 

systems. This is predominantly due to the complexity of performing measurements at high pressures, 

cryogenic temperatures and appropriate compositions of the freezing component (solute). Thus, 

Chapter 3 and 4 will develop an experimental technique to contribute new, high quality SFE data to 

fill this gap. Chapter 5 will combine this new data with available literature data for subsequent 

regression of the SFE model. The model improvements will be quantified and the corresponding 

impact on VLE predictions identified. Model comparison and regression analysis will be performed 

using KBC Advanced Technologies’ Multiflash version 4.4 [55]. This is a comprehensive pressure-

volume-temperature (PVT) and physical property package with an SFE model integrated that is 

capable of phase equilibria prediction for multiple solid and fluid phases across a wide range of 

hydrocarbon systems and conditions. The Peng-Robinson Advanced (PRA) EOS will be employed 

in the SFE model to calculate the fluid phase properties with the advanced form shown to improve 

mixture density calculations outlined in Peneloux and Rauzy (1982) [56]  and Mathias et al. (1989) 

[57]. This implementation of the EOS-based SFE model used in this work will henceforth be referred 

to as Multiflash 4.4. 
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Chapter 3. Determination of Melting Temperature in Hydrocarbon 

Mixtures by DSC 

This chapter is an adapted version of the journal manuscript by Oakley et al. (2017) submitted to the 

Journal of Chemical Thermodynamics. While the section headings, from the journal article have been 

retained, the figures, equations, tables and references have been renumbered to align with the thesis 

format. Furthermore, the material that was included as Supporting Information to the journal article 

has been integrated into the chapter to maximise coherency. This chapter introduces Differential 

Scanning Calorimetry (DSC) as the experimental method used for both isobaric heat capacity 

(Chapter 4) and solid-fluid equilibrium (Chapter 3 and 4) measurements. It establishes an 

experimental technique using DSC to measure SFE by determining melting temperatures in 

hydrocarbon mixtures. These mixtures consist of heavier hydrocarbons not found in LNG, but exhibit 

simpler solid-fluid phase behaviour at low pressures. This mitigates the difficulty with measuring the 

more complex, methane-dominant mixtures at high pressures and cryogenic temperatures, enabling 

this work to test and demonstrate the robustness of this technique.  

3.1 Abstract 

There is a lack of consistency in the literature about how to determine the melting temperature in a 

hydrocarbon mixture from thermograms recorded by DSC. This chapter establishes a robust 

technique for determining melting temperatures by DSC by testing the two methods detailed in the 

literature and assessing the potential for de-mixing to preclude repeatable measurements. Melting 

temperatures determined via the endset scanning method were found to be consistent with literature 

measurements of the same mixture obtained visually, and with a melting temperature measured for a 

fresh sample using the step method. In contrast, use of the thermogram’s peak temperature produced 

inconsistent results that often could not be reasonably extrapolated to zero scan rate. The impact of 

any sample de-mixing that may have occurred over multiple freeze-melt cycles was negligible, as 

demonstrated by the consistency of the thermograms repeated at the same scan rate, and the 
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consistency of melting temperatures obtained with different sample loadings into the DSC.  New 

solid-liquid equilibrium (SLE) data are reported for heptane (C7) + hexadecane (C16) and hexane (C6) 

+ C16 binaries as well as a C6 + para-xylene (Cp-xyl) + C16 ternary over a temperature range from 

(260.80 to 279.17) K at atmospheric pressure. Comparisons of the binary measurements against both 

literature data and Multiflash 4.4 showed deviations of less than 1 K for mixtures 0.32 ≤ x16 ≤ 0.36, 

and -2.82 K for the mixture with x16 = 0.0963, respectively, due to the increasing sensitivity of melting 

temperature on composition as the solute fraction decreases. The ternary mixture with an x16 = 0.0960, 

showed a deviation of -4.78 K, suggesting that Multiflash 4.4 does not adequately capture the 

interactions associated with the presence of an aromatic component. 

3.2 Introduction 

Significant capital expenditure and operating costs are involved in the production of LNG. 

Essentially, following treatment of the natural gas to remove non-hydrocarbon impurities, there are 

two major steps involved in LNG production: (1) the separation of hydrocarbons heavier than ethane 

(C3+) from the methane-rich mixture, and (2) liquefaction of the methane-rich mixture by cooling to 

cryogenic temperatures. The effectiveness of step (1) can be reduced, for example, by disturbances 

in process control, or because of poor VLE predictions, resulting in higher concentrations of C3+ than 

expected in the methane-rich mixture [24, 32, 34, 58-60]. Consequently, during the liquefaction step 

there is a risk of hydrocarbons heavier than butane (C5+) freezing out at the cryogenic operating 

temperatures. These C5+ solids can deposit on the inner surface of the processing equipment resulting 

in reduced heat transfer efficiency or, more severely, blockages. Therefore, models that can predict 

reliably the risk associated with this deposition are needed. 

A model’s effectiveness for predicting this risk of solid formation depends on the thermodynamic 

framework used to describe the solid-fluid equilibria (SFE). As detailed in Chapter 2, most existing 

models for SFE predictions have frameworks that are based either on empirical activity coefficient 

models [39, 41] or on approaches based on cubic EOS [49, 61-63], which can also be used to predict 
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other thermodynamic properties. The models, in both cases, are commonly anchored to high-

temperature VLE data. However, cubic EOS can instead be regressed to measured SFE data for binary 

mixtures using the binary interaction parameter (kij) – the fitting parameter inherent to the van der 

Waals one-fluid mixing rule described by Equation 2.7. However, there is a deficiency of SFE data 

for binary mixtures composed of the hydrocarbons and at the cryogenic conditions relevant to LNG 

production. Siahvashi et al. (2017) summarises the range of most commonly used experimental 

methods for SFE measurements [64]. Most data available (and relevant to LNG production) come 

from cryoscopic measurements made using visual cells [41, 42, 54, 65-77]. However, while 

cryoscopy has proven effective, it is dependent on the observer’s eyesight or the resolution of the 

camera used [64], and is often unable to provide information about other thermodynamic properties 

of interest. Additionally, operating a cryoscopic apparatus at cryogenic temperatures can be subject 

to substantial complications. 

Differential Scanning Calorimetry (DSC) is another experimental method that has been cited. The 

studies most resembling C5+ freeze-out using this method are wax (C17+) precipitation from oil 

samples, a prevalent flow assurance risk in crude oil production [78, 79], and SLE-specific 

measurements under at near-ambient conditions with binary mixtures comprising hydrocarbons 

heavier than dodecane (C13+) for potential application as phase change materials [80-84]. However, 

it has the potential to provide an alternate, automated method to measure wider ranging SFE with 

mixtures and conditions relevant to LNG production. This method measures the difference in heat 

absorbed or released between a sample and reference when undergoing a temperature increase or 

decrease, respectively. It is a well-established thermoanalytical technique capable of measuring a 

wide array of thermodynamic properties including isobaric heat capacity (cp), molar enthalpy of 

fusion (ΔHf) and melting temperature (Tmelt) – all three of which are required in the current state-of-

the-art SFE model described by Equation 2.17 in Chapter 2. Figure 3.1 shows schematic examples of 

typical thermograms observed when a pure hydrocarbon undergoes a solid-liquid phase change 

(Figure 3.1 (a)) and when as a single phase liquid it undergoes a temperature change (Figure 3.1 (c)). 
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The absolute heat absorbed in both thermograms is determined by integration of the heat flow curve 

with time. From this absolute heat and the known sample mass either the enthalpy of fusion (Figure 

3.1 (a)) or, when combined with the measured temperature change, the isobaric heat capacity (Figure 

3.1 (c)) can be calculated. It is worth noting that in both cases the associated temperature scans (Figure 

3.1 (b) and (d)) are qualitatively similar even though the measurement in Figure 3.1 (a) is probing a 

property that occurs at a fixed point, while the measurement in Figure 3.1 (c) probes a property 

associated with a temperature interval. 

 

Figure 3.1. Typical DSC thermograms as heat flow, Φ, against time, t (LHS) and profiles of 

temperature, T, against time, t (RHS). (a) Heat flow associated with solid-liquid transition; (b) 

temperature profile used to measure the solid-liquid transition; (c) heat flow associated with the 

temperature increase of the single-phase fluid; and (d) temperature profile associated with the heat 

capacity measurement. —, heat flow; —, baseline integration; – –, area under curve representing the 

absolute heat; —, furnace temperature; —, sample temperature. 

To determine the melting temperature, Tmelt, from Figure 3.1 (a) the characteristic onset temperature 

of the thermal peak is first identified using the method shown in Figure 3.2. The onset temperature is 

determined from the intersection between the tangent to the maximum rising slope upon melting, and 

the sample baseline curve measured prior to any melting [81].  Heating curves are used exclusively 
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to determine Tmelt because of the subcooling frequently observed with solidification. Onset 

temperatures are determined from several thermograms measured using multiple scan rates slow 

enough to minimise temperature gradients within the sample during the temperature change, while 

still producing a significant signal-to-noise ratio. A linear relationship between the onset temperature 

and scan rate is generally observed, which enables Tmelt for a pure fluid to be determined from the 

onset temperatures by extrapolating them to a zero scan rate; this procedure mitigates the thermal lag 

effect inherent to the DSC method [85]. 

 

Figure 3.2. DSC thermograms as heat flow, Φ, measured at different heating rates as a function of 

temperature for a pure hydrocarbon (hexane in this example) during phase transition. Heating curves: 

—, 0.08 K·min-1; – –, 0.05 K·min-1; ·····, 0.02 K·min-1. – –, Multiflash 4.4 [55]; ·····, tangent lines; 

, onset temperature at 0.08 K·min-1. The inset shows the dependency of the heating rate on the onset 

temperature and its shift towards the melting temperature representative of the SLE. 

In principle, DSC can be applied to the determination of Tmelt in hydrocarbon mixtures exhibiting 

eutectic behaviour but there are some key differences from pure fluids, which cause challenges that 

may have prevented its wider adoption. The two main challenges are (1) potential de-mixing of the 

sample due to stratification upon melting, and (2) interpretation of the thermogram produced during 
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the melting process, because the onset of the thermal peak is smeared due to the dependence of Tmelt 

on composition. The objective of this chapter is to show, for certain mixtures, how these challenges 

can be overcome. The studies of melting in hydrocarbon binary mixtures using DSC that exist in the 

literature [80-84] do not explicitly address the potential problem of de-mixing. However, their 

publication suggests that this first challenge might be mitigated sufficiently through the convective 

mixing that occurs in a cell due to the temperature scanning central to the method. In this chapter, the 

repeatability of the measurements and their consistency with literature SLE data measured visually 

are used to assess whether challenge (1) is in fact a significant issue for the types of systems studied 

here. 

The literature is not consistent regarding how Challenge (2) should be dealt with. The application of 

DSC to the study of organic mixtures has seen several methods developed to determine Tmelt from the 

thermogram observed during the melting of the solid phase. Some studies identified Tmelt from the 

onset temperature despite the qualitatively different nature of melting in a mixture to that in a pure 

substance (i.e. melting at constant pressure occurs over a range of temperatures in systems where the 

liquid phase composition varies as the solid phase melts) [86]. Other studies have identified Tmelt as 

the temperature corresponding to the turning point of the thermal peak, which is characterised as the 

peak temperature [87-93]. However, it has been shown that this peak represents the point where the 

energy exchange between the sample and thermopiles (see Figure 3.3) is at a maximum and does not 

correspond to the point of complete dissolution [83]. Some studies have adopted numerical 

procedures applied post-experiment that consider factors influencing the shape of the thermogram to 

identify Tmelt from the data [94-98]. These procedures treat the DSC as a black box with a transfer 

function relating an imaginary DSC curve, calculated using phase equilibrium and the solid fraction 

formed, to the measured DSC curve. The transfer function is derived from a pure component 

thermogram, which is often approximated by a triangle-type representation. Additionally, the solid 

fraction must be calculated, usually via the lever rule. Thus, these methods are limited by their 
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reliance on the accuracy of the thermodynamic models employed, the calculation of the solid fraction 

formed, and the transfer function description of the factors influencing the thermogram shape. 

This chapter demonstrates the use of the endset temperature as a robust and straightforward means of 

identifying Tmelt in hydrocarbon mixtures; determination of the endset temperature is shown in Figure 

3.5 and is analogous to that used to determine the onset temperature in pure substances (but in the 

opposite direction). Smith and Pennings (1974) proposed and employed the endset temperature 

extrapolated to zero scan rate [99]. However, other studies that have adopted this approach used a 

single scan rate slow enough to be considered a good approximation [100, 101]. Kousksou et al. 

investigated melting in hydrocarbon mixtures with DSC both experimentally and numerically [83, 

84]. The numerical model was used to give physical meaning to the experimental thermogram and 

identified Tmelt as the extrapolated endset temperature. This chapter presents a method of determining 

the endset temperature for a given DSC thermogram without reference to a numerical model and then 

extrapolates these measured endset temperatures to zero scan rate to obtain Tmelt. The results of this 

scanning DSC method are validated by comparison with static (non-scanned) DSC measurements as 

well as with SLE data and models in the literature. 

Ambient pressure Tmelt data are presented in this chapter for three pure substances (to establish the 

uncertainty of the temperature and heat flow measurements over the range (175 to 283) K), four 

binary mixtures and a ternary mixture. Literature Tmelt data exist for only two of the binary mixtures; 

for the two other mixtures, comparisons are made with the predictions of the EOS-based SFE model 

(see Equation 2.17) using the PRA EOS which have been anchored to VLE data. The results presented 

here establish a domain of applicability for mixture Tmelt measurements with the DSC method, which 

will be applied in Chapter 4 to the study of SLE in high pressure systems of greater relevance to LNG 

production. 
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3.3 Method and Materials 

Measurements were made via the DSC experimental method using the Setaram BT 2.15 Tian-Calvet 

heat flow calorimeter [102] illustrated in Figure 3.3. This calorimeter is capable of measurements 

across a wide temperature range from (77 to 473) K utilising liquid nitrogen (LN2) to maintain sub-

ambient conditions. Hughes et al. (2011) states this calorimeter’s power detection threshold and 

sensitivity of its heat flow sensor [103]. The sensor was calibrated directly prior to the measurements 

obtained in this chapter using the electrically heated Joule effect cells provided by Setaram. 

Furthermore, the cells used for the present measurements differed from the high pressure cells used 

by Hughes et al. [103]. Stainless steel, cap-sealed cells were used as they allowed for easy preparation 

of the ambient pressure liquid sample when they were removed from the calorimeter housing. 

 

Figure 3.3. Cross-section of the Setaram BT 2.15 Tian-Calvet heat flow calorimeter. 

Mixture samples were prepared gravimetrically using a KERN Model ABJ-NM analytical balance 

with a resolution of 0.0001 g. The supplier’s estimates of purity of the component chemicals used in 
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the preparation of the samples are given in Table 3.1; these were not checked further, but the samples 

were degassed prior to mixture preparation. 

Table 3.1. Purity of the Chemicals Used 

Chemical Name Source Grade Stated Purity 

Hexane (C6H14) Sigma Aldrich CHROMASOLV ≥ 0.98 

Heptane (C7H16) Sigma Aldrich Laboratory Plus 0.99 

para-Xylene (p-C8H10) Sigma Aldrich CHROMASOLV ≥ 0.99 

Hexadecane (C16H34) Sigma Aldrich ReagentPlus 0.99 

 

The chemicals were added to the cell in order of increasing volatility to mitigate any effect on mixture 

composition associated with the (small) loss of material due to vaporisation. Hydrocarbons are prone 

to slow oxidation in the presence of oxygen [104], therefore, prior to sealing the cell with a cap, the 

air in the head space above the sample was displaced with nitrogen gas. The reference cell in the DSC 

was also filled with nitrogen gas before sealing. The sample cell was shaken to promote homogeneity 

of the mixture, then reinserted into the calorimetric block under ambient conditions. Table 3.2 gives 

the overall mole fraction compositions of the five mixtures studied based on their gravimetric 

preparation. 

Table 3.2. Sample mixture masses, m, used in the experiments, gravimetrically-determined overall 

mole fractions, x, of the liquid and corresponding uncertainties for mixtures of C6H14, C7H16, C9H20, 

C10H22, C8H10 and C16H34. 

Mixture number Mixture m /g (± 0.0001) x a 

1a x C7 + (1-x) C16 5.8178 0.6473 ± 0.0032 

1b x C7 + (1-x) C16 5.8151 0.6473 ± 0.0032 

2 x C6 + (1-x) C16 5.7270 0.6727 ± 0.0049 
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3 x C6 + (1-x) C16 5.4696 0.9037 ± 0.0020 

4 
x1 C6 + x2 Cp-xyl 

+ (1-x1-x2) C16 

5.8603 
0.7036 ± 0.0046 (x1) 

0.2004 ± 0.0046 (x2) 

a Uncertainties were derived from the combined uncertainty of the weighing and the purities of the 

components. 

Most Tmelt measurements made in this chapter were conducted with the scanning method. The liquid 

sample was first cooled at a constant rate to a defined temperature below the predicted equilibrium 

melting temperature. In many cases the cooling thermogram was recorded to confirm that a phase 

transition (indicated as a thermal peak) had occurred, usually at a temperature well below Tmelt. The 

temperature of the (partially) frozen sample was then held constant until the heat flow signal had 

returned to its baseline indicating the establishment of thermal equilibrium within the sample. The 

sample was then held under isothermal conditions for a further hour before the temperature was 

increased at a rate below 0.1 K·min-1 to a defined temperature well above the predicted equilibrium 

melting temperature. The sample was held under isothermal conditions for 6 h to ensure the heat flow 

returned to the constant baseline value. This cooling and heating cycle was repeated for at least two 

further scans at rates below 0.1 K·min-1. 

To test the calorimeter’s performance across the temperature range required for these measurements, 

melting temperatures were determined for deionised water, mercury and hexane at scan rates of (0.02, 

0.05 and 0.08) K·min-1. The temperature ranges of the scans were (263.15 to 283.15) K for water, 

(224.15 to 244.15) K for mercury and (163.15 to 188.15) K for hexane. Onset temperatures for these 

pure substances were determined using the method illustrated in Figure 3.2 and described by Hughes 

et al. [103]. Extrapolating the onset temperatures to a scan rate of zero gave values of Tmelt = (273.15 

± 0.01) K, (234.29 ± 0.01) K and (177.39 ± 0.09) K for water, mercury and hexane, respectively. As 

shown in Table 3.3, these measurements compared well with the ice point of water and the 
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recommended melting temperatures for mercury and for hexane determined from the NIST 

ThermoData Engine [105]. 

Table 3.3. Melting temperatures of water, mercury and hexane. 

Material 
This work a 

Tmelt /K 

Reference 

Tmelt /K 

Water 273.15 ± 0.01 273.150 ± 0.002 b 

Mercury 234.29 ± 0.01 234.316 ± 0.003 c 

Hexane 177.39 ± 0.09 177.878 ± 0.020 c 

a Measured uncertainties calculated from linear regression of onset temperature as a function of scan 

rate. 

b Reference uncertainties reported in Mangum (1995) NIST [106]. 

c Reference uncertainties evaluated using the NIST ThermoData Engine [105]. 

The 0.49 K deviation of the hexane melting temperature measured in this chapter from that evaluated 

in the NIST ThermoData Engine can largely be attributed to the lower purity of the sample used in 

this work. This can be accounted for using the van’t Hoff equation, which provides a method for 

calculating the freezing point depression associated with a small impurity which has completely 

melted [107]. 

       
2
pure

pure impurity
f

RT
T T x

H
 

= −   ∆ 
                        (3.1) 

Here Tpure is the melting temperature of the pure substance, ximpurity is the mole fraction of the impurity 

in the liquid solution, and ΔHf is the molar enthalpy of fusion. The molar enthalpy of fusion was 

determined by integration of the DSC thermal peak using Setaram’s thermal analysis software 

Calisto. The adjusted reference melting temperature was calculated to be 177.476 K, which is within 

the uncertainty of this work. 
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Figure 3.4 shows the cooling and heating thermograms typical of a hydrocarbon mixture at varying 

scan rates. The cooling thermograms show no relationship between the onsets of the thermal peaks 

and scan rate due to the stochastic nature of subcooling. The effect of subcooling is identified by the 

extent and discrepancy in which the thermal peaks overshoot the SLE temperature (black, dashed 

line). This was predicted using the SFE model with the PRA EOS as implemented in Multiflash 4.4, 

and discussed in greater detail in Chapter 2. In contrast the thermal peaks associated with the heating 

thermograms show a systematic shift towards the SLE temperature with decreasing scan rate. 

 

Figure 3.4. DSC thermograms as heat flow, Φ, at different heating and cooling rates. Cooling (upper 

curves): —, 0.10 K·min-1; – ··, 0.08 K·min-1; – –, 0.05 K·min-1; ·····, 0.02 K·min-1. Heating (lower 

curves): —, 0.10 K·min-1; – ··, 0.08 K·min-1; – –, 0.05 K·min-1; ·····, 0.02 K·min-1.  – –, Multiflash 

4.4. 

Figure 3.5 shows the method by which the peak and endset temperatures were determined from 

thermograms measured for mixtures as the sample was heated to a temperature well above Tmelt. The 

peak temperature is defined as the intersection between the tangent to the maximum ascending and 

descending slopes of the thermal peak, while the endset temperature is the intersection between the 

tangent to the maximum descending slope and the sample baseline. These characteristic temperatures 
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can be extrapolated to zero scan rate as for the onset temperature in pure component melting described 

above. However, unlike the onset temperature it is unclear in the literature whether a relationship 

exists between these temperatures and scan rate. 

 

Figure 3.5. DSC thermograms as heat flow, Φ, at different heating rates and depicting the thermal 

characteristics of hydrocarbon mixtures during phase transition. Heating curves: —, 0.10 K·min-1; – 

··, 0.08 K·min-1; – –, 0.05 K·min-1; ·····, 0.02 K·min-1. – –, Multiflash 4.4; ·····, tangent lines; •, peak 

temperature at 0.10 K·min-1; , endset temperature at 0.10 K·min-1. 

To further validate the value of Tmelt determined by the scanning method for Mixture 1, a measurement 

was also made using the step method. In this case, a completely new sample (Mixture 1b) with 

virtually identical composition to that studied in the scanning method (Mixture 1a) was prepared, 

cooled to 183.15 K (slightly higher than heptane’s normal melting point) and allowed to stabilise. 

The use of a completely new sample also provided a test of whether the effects of de-mixing were 

significant. The temperature of the sample was then increased in 15 K steps with 6 h isothermal 

periods applied between each step. The step size was decreased to 1 K as the melting temperature 

was approached to reduce the amount of time required to return to the heat flow baseline during the 

applied periods of constant temperature. The steps were continued until melting was completed as 
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evidenced by a change in the ratio of integrated heat flow to temperature change (i.e. effective heat 

capacity) of less than the uncertainty of the  system’s cp measurement [103] (≈ 0.12 J·g-1·K-1), across 

three consecutive temperature steps.   

Figure 3.6 (a) to (c) illustrate the location of the temperature scans conducted relative to isobaric T, x 

phase diagrams for Mixtures 1 to 4 listed in Table 3.2. The phase boundaries shown in Figure 3.6 

were calculated using the SFE model with the PRA EOS as implemented in Multiflash 4.4. 

 

Figure 3.6. T, x phase diagrams at ambient pressure and the corresponding isobaric measurement 

pathways used to obtain the SLE data reported in this chapter. The solid, black curves represent the 

predicted solid-liquid phase boundaries predicted using the SFE model with the PRA EOS as 

implemented in Multiflash 4.4. The red, double arrowed lines represent the temperature range covered 

during the experimental cooling/heating cycles and the overall mixture mole fractions studied for (a) 

Mixture 1, (b) Mixtures 2 and 3, and (c) Mixture 4 in Table 3.2. 

3.4 Results and Discussion 

Mixture 1 (C7 + C16) was studied using both the scanning (Mixture 1a) and step (Mixture 1b) methods. 

For the scanning method, three heating thermograms were produced each measured at different scan 
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rates as shown in Figure 3.7. They display thermal peaks like those described by Figure 3.5, which 

allowed both their peak and endset temperatures to be determined. 

 

Figure 3.7. DSC thermograms of heat flow, Φ, versus temperature, T, for x C7H16 + (1-x) C16H34 

where x = 0.6473 at different heating rates. Heating curves: —, 0.10 K·min-1; – –, 0.08 K·min-1; ·····, 

0.05 K·min-1.  – –, Equilibrium temperature predicted by Multiflash 4.4. 

Figure 3.8 shows that a linear dependence exists between the scan rate and both the peak and endset 

temperatures determined from these thermograms, both of which decreases as the scan rate 

approaches zero. This decrease is towards the SLE temperature calculated with Multiflash 4.4, which 

is consistent with the expectation of the system’s equilibrium temperature being measurable using 

the scanning method by extrapolating to zero scan rate. 
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Figure 3.8. Linear extrapolation of characteristic temperatures extracted from the heating 

thermograms’ shown in Figure 3.7. •, peak temperature; , endset temperature. Clearly the two 

extrapolations are inconsistent indicating, at best, only one should be used to determine Tmelt. 

The extrapolated endset and peak temperatures were found to be (279.17 ± 0.36) K and (277.74 

± 0.25) K, respectively. The uncertainty associated with these values was estimated as the combined 

uncertainty of the endset or peak temperature determination with the statistical uncertainty associated 

with the linear extrapolation. To establish which of the two estimates is more accurate, the value of 

Tmelt was independently measured using the step method, which is often used for determining the 

melting temperature of gas hydrates [108] for example. For this experiment a completely new sample 

(Mixture 1b) with virtually identical composition to Mixture 1a was prepared. The thermogram 

obtained from the stepwise experiment is shown in Figure 3.9. In this case Tmelt was determined via 

interpolation of the integrated heat flow values as shown by the Figure 3.9 inset, with the intersection 

of the trends in the single-phase and two-phase regions being (279.24 ± 0.50) K. 
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Figure 3.9. Heat flow (left axis) associated with temperature (right axis) step changes for x C7H16 + 

(1-x) C16H34 where x = 0.6473 (Mixture 1b). — furnace temperature; — sample temperature; — heat 

flow (Φ). The inset shows how the melting temperature is determined from the step method using the 

change in heat absorbed, Q, due to phase transition. Change in heat absorbed with temperature: , 

during melt; , after melt —, trend line; —, Multiflash 4.4. 

The agreement of the extrapolated endset temperature with that obtained via the step method is within 

the combined experimental uncertainties. This result suggests that the extrapolated endset 

temperature corresponds best to the thermodynamic equilibrium melting temperature. In contrast the 

extrapolated peak temperature fell well outside of the uncertainty of the step method. The consistency 

of Tmelt obtained for the two different samples of this mixture also lends confidence to the assumption 

that any de-mixing during the melting process was negligible. 

Figure 3.10 shows a comparison of the Tmelt estimated via all three experimental methods against 

predictions made using Multiflash 4.4, for which the onset of SLE is predicted to occur at 278.43 K. 

The model prediction has a similar level of consistency with each of the experimental values and does 

not add to the ability to discriminate between them, although it does suggest that none of the 

experimental methods are significantly out from the true value. 
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Figure 3.10. Comparison of melting temperature estimates made using three methods with the phase 

diagram predicted using Multiflash 4.4 for x C7H16 + (1-x) C16H34 where x = 0.6473. — calculated 

phase boundary; •, peak temperature; , endset temperature; , step method. The inset shows the 

experimental uncertainties and differences between the predicted melting temperatures and those 

estimated by the three methods. 

The extrapolated endset method was next tested against literature data measured via cryoscopic 

methods for Mixtures 2 and 3. For Mixture 2 (0.6727 C6 + 0.3273 C16) both components were frozen 

out to obtain a full thermal representation of the phase behaviour, and to measure Tmelt of both 

components. Figure 3.11 shows that the C6 thermal peak is comparable to the pure component SLE 

thermal peaks (Figure 3.2), suggesting that the eutectic composition occurs at a value of x6 very close 

to 1 with only a trace C16 concentration remaining in the liquid phase. Additionally, this indicates that 

C6 and C16 form two immiscible, pure solid phases, consistent with the immiscibility (pure solid 

phase) assumption underlying Equation 2.17. In principle, this melting temperature measurement 

corresponds to the mixture’s eutectic temperature, although for this system any difference between it 

and the melting temperature of (near-) pure C6 was smaller than the resolution of the measurement. 
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Figure 3.11. DSC thermograms as heat flow, Φ, for x C6H14 + (1-x) C16H34 where x = 0.6727 at 

different heating rates. Heating curves: —, 0.09 K·min-1; – –, 0.07 K·min-1; ····, 0.05 K·min-1.  – –, 

Multiflash 4.4. 

The endset melting temperature (for C16) was determined to be (277.03 ± 0.25) K, which is consistent 

with the measurements of Domanska and Kniaz (1990) [109], who measured (277.35 ± 0.25) K at 

this composition. These are both within 0.5 K of the value predicted using Multiflash 4.4. In contrast 

the peak temperature method value of (276.52 ± 0.47) K is inconsistent with the literature value and 

more than 1 K from the predicted melting temperature. Given that this sample was cycled at least 

three times through the melting transition (one for each scan rate), the consistency of the results 

obtained provide further evidence that de-mixing was insignificant. The eutectic temperature where 

a solid phase of (near-) pure hexane appeared was measured to be (177.24 ± 0.25) K, which is 

indistinguishable from that determined for the pure C6 system studied as part of the validation 

procedure. 

For Mixture 3 (0.9037 C6 + 0.0963 C16) the thermal peaks obtained were smeared significantly 

(Figure 3.12) in comparison to those observed for mixtures richer in the solute. This could be 

attributed to the increased dependence of the melting temperature on composition for these systems 
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as indicated by the larger slope of the phase boundary (Figure 3.6 (b)) as x6 → 1. Such a reduction in 

the signal quality at lean compositions ultimately places a limit on the ability of the scanning method 

to determine melting temperatures in mixtures. To an extent, faster scan rates can be employed to 

counter this effect. However, this will increase the uncertainty associated with the linear extrapolation 

to zero scan rate when determining the thermal temperatures. 

 

Figure 3.12. DSC thermograms as heat flow, Φ, for x C6H14 + (1-x) C16H34 where x = 0.9037 at 

different heating rates. Heating curves: —, 0.13 K·min-1; – –, 0.11 K·min-1; ····, 0.09 K·min-1.  – –, 

Multiflash 4.4. 

Because of the smearing in the thermograms for the leaner mixtures, the peak temperatures 

determined from each thermogram did not exhibit a physically reasonable linear trend with scan rate, 

which precluded them from being used to determine Tmelt, as shown in Figure 3.13. In contrast the 

endset temperatures determined from each thermogram did exhibit a clear and reasonable linear trend 

with scan rate, as was observed for the richer mixture. The endset melting temperature determined by 

extrapolation to zero scan rate for Mixture 3 was (261.62 ± 1.18) K. 
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Figure 3.13. Linear extrapolation of the heating thermograms’ characteristic temperatures for x C6H14 

+ (1-x) C16H34 where x = 0.9037. •, peak temperature; , endset temperature. 

Figure 3.14 shows a comparison of the melting temperature measurements made for this system in 

both this work and the literature relative to Multiflash 4.4 predictions. Domanska and Kniaz (1990) 

[109] reported melting temperature measurements for x6 ≤ 0.6727, which consistently deviate from 

Multiflash 4.4 by < 0.56 K. In contrast, the extrapolated endset temperature measured in this chapter 

at x6 = 0.6727 is consistent with the measurement of Domanska and Kniaz (1990) within the combined 

uncertainties. Hoerr & Harwood (1951) [110] reported measurements richer in hexane up to x6 = 

0.9966. Their melting temperature measurements are consistently lower than those predicted with 

Multiflash 4.4 with deviations as large as -3.22 K. While Hoerr & Harwood (1951) did not report an 

estimated uncertainty for their measurements, comparison of their data with those of Domanska and 

Kniaz (1990) at similar compositions would suggest an uncertainty between (0.5 and 1) K. The 

extrapolated endset temperature measured in this chapter at x6 = 0.9037 is generally consistent with 

the data of Hoerr & Harwood (1951), and is likely in agreement within the combined experimental 

uncertainty with the data point they measured at x6 = 0.9037. 
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Figure 3.14. Deviations of measured C16H34 melting temperatures (Texp) from values calculated with 

the Multiflash 4.4 (Tcalc) as a function of C6H14 liquid mole fraction (x6). , this work (endset 

temperature); , Domanska and Kniaz (1990) [109]; , Hoerr and Harwood (1951) [110]. 

Experiments with Mixture 4 (C6 + Cp-xyl + C16) studied the effect of adding an aromatic hydrocarbon 

on the melting temperature of the C6 + C16 system. The hexane-rich solvent in Mixture 4 was mixed 

with p-xylene (Cp-xyl), to produce a ternary mixture with approximate mole fractions 0.7 C6 + 0.2 Cp-

xyl + 0.1 C16. Interestingly, unlike the thermograms observed for Mixture 3, which also had a C16 

solute concentration of only 0.1 mole fraction, the thermal peaks measured for Mixture 4 were not 

smeared as shown in Figure 3.15. This enabled slower scan rates to be studied thereby reducing the 

uncertainty associated with the extrapolation to zero scan rate.  
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Figure 3.15. DSC thermograms as heat flow, Φ, for x1 C6H14 + x2 p-C8H10 + (1-x1-x2) C16H34 where 

x1 = 0.6727 and x2 = 0.2004 at different heating rates. —, 0.10 K·min-1; – ··, 0.10 K·min-1 (repeat); – 

–, 0.08 K·min-1; ·····, 0.06 K·min-1.  – –, Multiflash 4.4. 

 As was also the case for Mixture 3, no clear linear trend was apparent between the thermogram peak 

temperatures and the scan rate (Figure 3.16). In contrast, the endset temperatures determined from 

the thermograms exhibited a clear linear trend with scan rate, and furthermore, a repeat thermogram 

measured at 0.10 K·min-1 produced the same endset temperature but a different peak temperature. 

The consistency of the endset temperature determined for the repeat scan after four freezing-melting 

cycles further indicates that no significant de-mixing occurred. 
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Figure 3.16. Linear extrapolation of the heating thermograms’ characteristic temperatures for x1 

C6H14 + x2 p-C8H10 + (1-x1-x2) C16H34 where x1 = 0.6727 and x2 = 0.2004. •, peak temperature; , 

endset temperature. 

The melting temperature for this system was determined to be (260.80 ± 0.51) K, which shows 

(Figure 3.17) the addition of Cp-xyl resulted in a 0.82 K depression of the melting temperature relative 

to that observed for Mixture 3 with a similar solute mole fraction (i.e. the para-xylene enhanced the 

solubility of the C16). However, Multiflash 4.4 predicted the opposite effect would occur with a Tmelt 

of 265.58 K calculated for the ternary mixture, suggesting that the addition of Cp-xyl to the solvent 

would result in a 1.14 K increase in the temperature at which C16 would precipitate from the solution.   

This suggests that the binary interaction parameters (kij) for this mixture used in the PRA EOS within 

the SFE model to estimate l
iφ  in Equation 2.17 may need to be refined to better represent the SLE 

behaviour observed for this system. 
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Figure 3.17. Comparison of the measured melting temperature at ambient pressure with the phase 

diagram predicted using Multiflash 4.4 for x1 C6H14 + x2 p-C8H10 + (1-x1-x2) C16H34 where x1 = 

0.6727 and x2 = 0.2004. — calculated phase boundary; , extrapolated endset temperature. The inset 

shows the relative experimental uncertainties and discrepancy between the measured and predicted 

melting temperatures. 

 

Table 3.4. Comparison of the melting temperatures and their corresponding uncertainties for the 

mixtures studied determined using the different interpretation techniques and methods. 

Mixture 
Extrapolated Endset 

T /K 

Step Method a 

Melting T /K 

SFE Model         

T /K 

1: (C7 + C16) 279.17 ± 0.44 279.24 ± 0.50 278.43 

2: (0.67C6 + 0.33C16) 277.03 ± 0.25 - 277.55 

3: (0.9C6 + 0.1C16) 261.62 ± 1.18 - 264.44 

4: (C6 + Cp-xyl + C16) 260.80 ± 0.51 - 265.58 

a The step method’s estimated uncertainty was half the size of the temperature step containing Tmelt. 
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3.5 Conclusions 

This chapter tested the robustness of the scanning method for determining melting temperatures in 

hydrocarbon mixtures. Two challenges of such measurements were addressed: the potential for de-

mixing to preclude repeatable measurements, and the best technique for analysing the thermograms 

produced by mixture experiments, about which methods reported in the literature are inconsistent. 

Melting temperatures determined via the endset method were found to be consistent with literature 

measurements of the same mixture obtained visually. They were also consistent with a melting 

temperature measured for a fresh sample using the step method. In contrast, use of the thermogram’s 

peak temperature, as has been suggested previously [87-93], produced inconsistent results that often 

could not be reasonably extrapolated to zero scan rate. The impact of any sample de-mixing that may 

have occurred over multiple freeze-melt cycles was negligible, as demonstrated by the consistency 

of the thermograms repeated at the same scan rate, and the consistency of Tmelt obtained with different 

sample loadings into the DSC cells. 

Further evidence to support the conclusion that no significant de-mixing of the sample occurred 

during the multiple freeze-melt cycles is provided in Appendix A. This lists the total heat absorbed 

during a heating run for all mixtures and scan rates from the integrated area under each thermogram. 

For the same starting and finishing temperatures, the total heat absorbed by the sample should be 

independent of scan rate and constant for a mixture at a fixed composition. For each of the repeat 

measurements listed in Appendix A where the initial and final temperatures were the same the total 

heat absorbed measurements differ by less than 1.2 % for each of the mixtures, independent of scan 

rate. This negligible variation in total heat absorbed between consecutive freeze-melt cycles indicates 

that any potential changes in mixture composition due to segregation was within the uncertainty of 

the measurements. 

Table 3.4 lists the mixture melting temperatures measured in this chapter, together with corresponding 

predictions made using Multiflash 4.4. For Mixtures 1 and 2, which had 0.32 ≤ x16 ≤ 0.36, the 
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measured melting temperatures differed from both the literature data and the predicted value by less 

than 1 K. For Mixtures 3 and 4, which had x16 = 0.0963 and 0.0960, the deviations of the measured 

values from the predictions increased in magnitude to (-2.82 and -4.78) K, respectively. This is likely 

due to the increasing sensitivity of melting temperature on composition as the solute fraction 

decreases. This same sensitivity also affects DSC measurements negatively reducing the signal to 

noise ratio; however, for Mixture 3, the melting temperature measured in this chapter was consistent 

with the results of cryoscopic experiments [109, 110]. For Mixture 4, which has not been studied 

previously, it is likely that the current state-of-the-art SFE model does not adequately capture the 

interactions associated with the addition of an aromatic component. In Chapter 4 this technique will 

be applied to mixtures and conditions more relevant to natural gas processing and LNG production, 

and used to determine melting temperatures of lighter hydrocarbon mixtures with key heavy 

components (C5+) found in natural gas. 
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Chapter 4. Melting Temperature and Isobaric Heat Capacity 

Measurements Relevant to Natural Gas Processing and LNG 

Production 

This chapter contributes newly measured melting temperature (Tmelt) and isobaric heat capacity (cp) 

data to literature for hydrocarbon mixtures analogous to natural gas systems. Additionally, a novel 

system for loading and pressurising these mixtures into the Setaram BT 2.15 DSC is detailed 

including the previous limitations which led to its development. This chapter builds on the cp 

measurements of Syed et al. [33] by introducing a heavier hydrocarbon component, heptane, into the 

mixtures and measuring near the critical point and/or in the supercritical region at pressures up to 32 

MPa. This chapter is also a continuation of Chapter 3 applying the now standardised, robust technique 

for determining Tmelt in mixtures to binary and multicomponent hydrocarbon mixtures at pressures up 

to 35 MPa and cryogenic temperatures down to 137 K relevant to natural gas processing and LNG 

production.  

4.1 Abstract 

Accurate cp and Tmelt data are measured for hydrocarbon mixtures analogous to natural gas under high 

pressure at cryogenic temperatures using the Setaram BT 2.15 DSC. Due to the high-pressure 

cricondenbars and cricondentherms above room temperature associated with the significant fractions 

of heavy hydrocarbons (C5+) in these mixtures, a novel method is developed to prepare and load such 

mixtures as a single phase into an in-situ apparatus. The cp measurements are reported at (200 and 

255) K and pressures between (10 and 32) MPa for supercritical mixtures of methane (C1) + propane 

(C3) at x1 = 0.9509, and two C1 + C3 + heptane (C7) mixtures at x7 = 0.0461 and 0.1000. Measured cp 

at 200 K for C1 + C3 and C1 + C3 + C7 where x7 = 0.0461 agree with the GERG-2008 EOS across the 

pressure range measured. Measured cp above 22 MPa at 200 K for x7 = 0.1000 also agree with the 

GERG-2008 EOS, but deviations of up to 0.065·cp occur below 22 MPa. At 255 K, C1 + C3 diverges 
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below 25 MPa with deviations increasing from (0.030 to 0.038) ·cp as pressures decrease from (24 to 

21) MPa. At the same temperature, deviations increase from (0.041 to 0.077) ·cp as pressure decreases 

from (31.6 to 20.7) MPa for x7 = 0.0461, and from (0.048 to 0.095) ·cp from (32.0 to 20.6) MPa for 

x7 = 0.1000. All deviations observed per mixture are due to the increasing proximity of the critical 

point and vapour-liquid region with decreasing pressure, while the increasing deviation offset and 

divergence between mixtures correspond to the increasing C7 content. 

New Tmelt data are reported for two C1 + C7 binary mixtures, two C1 + C3 + C7 ternary mixtures, and 

three multicomponent mixtures with solvent C1 + C2 + C3 + butane (C4), and the solute for each 

mixture either: hexane (C6), benzene (CBz) or para-xylene (Cp-xyl). These measurements were 

performed over a temperature range from (137.82 to 302.18) K at pressures between (11.12 and 34.5) 

MPa. Binary mixture measurements were consistent with the observed trend of the literature data and 

comparison against Multiflash 4.4 showed deviations of (4.1 and 5.7) K for x7 = 0.2508 and 0.1032. 

The ternary mixtures showed deviations of (-4.4 and 2.9) K for x7 = 0.0461 and 0.1000, respectively, 

where the addition of C3 increased the mixtures’ ideality by stabilising the molecular interactions 

between C1 and C7. The stabilising effect of additional intermediate constituents is also seen in the 

multicomponent mixture containing C6 solute with a deviation of -2.4 K. The multicomponent 

mixtures containing aromatic solutes, benzene and para-xylene, showed deviations of (9.4 and 21.5) 

K, respectively, suggesting that Multiflash 4.4 does not adequately capture the interactions associated 

with the presence of an aromatic solute. 

4.2 Introduction 

The design and operation of an LNG plant requires calorific properties for both binary and 

multicomponent hydrocarbon systems over wide pressure and temperatures ranges as inputs to heat 

balance calculations. The equations-of-state (EOS) –based models used to calculate these properties 

are most commonly regressed to high temperature vapour-liquid equilibrium (VLE) data, but their 

accuracy to predict isobaric heat capacities (cp) and melting temperatures (Tmelt) have rarely been 
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tested. The GERG-2008 EOS was revealed to poorly predict low temperature, high pressure cp when 

compared against high quality experimental data [32, 33]. Recent modifications to the GERG-2008 

EOS reliant on experimental data have since improved cp predictions for methane (C1) + butane (C4) 

mixtures [34], highlighting the continued need for new mixture thermodynamic data to help improve 

the accuracy of EOS used to describe natural gas systems. This chapter builds on the cryogenic cp 

measurements made by Syed et al. (2014) [33] extending both the previous pressure limitation of the 

BT 2.15 DSC from (10 to 35) MPa and the range of hydrocarbon mixtures that can be studied with 

the inclusion of heptane (C7). The selected hydrocarbon mixtures and experimental conditions were 

requested by the Gas Processors Association (GPA) as part of a research grant towards optimising 

the design and operation of natural gas gathering, treating and processing plant equipment, which 

operate near the fluids’ critical points and cricondenbars (see Figure 4.3). 

This chapter is also a continuation of Chapter 3, which standardised a robust and reliable technique 

for determining the Tmelt of hydrocarbon mixtures from calorific data using the BT 2.15 DSC. This 

enabled accurate Tmelt measurements for mixtures at cryogenic temperatures between (175 and 283) 

K under ambient pressure and composed of heavier hydrocarbons (solvent: C6 - C7 and solute: C16) 

compared to those comprising natural gas. These hydrocarbon mixtures had simpler solid-fluid phase 

behaviour and were liquid under ambient conditions, which simplified the mixture preparation and 

loading process. This chapter extends this application to Tmelt measurements of natural gas analogues 

at high pressures and cryogenic temperatures to contribute new data to the critical gaps in the literature 

at conditions relevant to the liquefaction stage of the LNG plant. These mixtures exhibit more 

complex phase behaviour relative to those in Chapter 3 including the prevalence of high-pressure 

cricondenbars and cricondentherms above room temperature. This has implications on the feasibility 

of preparing single-phase mixtures of known composition, since mixture preparation under ambient 

conditions will result in a two-phase (vapour-liquid) split affecting the overall composition. A novel 

mixture preparation and loading method is described to ensure the subsequent measured calorific 

properties correspond to a mixture of reliable overall composition. 
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New cp data are reported in this chapter for C1 + propane (C3) and two C1 + C3 + C7 mixtures at (200 

and 255) K, and pressures between (10 and 32) MPa. No literature data exists for these mixtures at 

the measured conditions, but comparisons are made with the GERG-2008 EOS as implemented in 

NIST’s REFPROP version 9.1 [38]. These results will be used to benchmark deviations from cp 

predictions in this region as a step towards improving the energy balance calculations underpinning 

process simulators. New Tmelt data are reported for two C1 + C7 binary mixtures, two C1 + C3 + C7 

ternary mixtures (the same mixtures used for the cp measurements), and three multicomponent 

mixtures with solvent C1 + C2 + C3 + butane (C4), and the solute for each mixture either: hexane (C6), 

benzene (CBz) or para-xylene (Cp-xyl). These measurements were performed over a temperature range 

from (137.82 to 302.18) K at pressures between (11.12 and 34.5) MPa. Only literature data for the 

binary C1 + C7 system exists, but at pressures below 10 MPa. However, the Tmelt measured in this 

chapter correspond to solid-liquid equilibria (SLE), which has a small dependence on pressure. 

Therefore, only the subset of literature data representing SLE will be compared based on the 

assumption that pressure has a negligible effect. Comparisons are made for all mixtures with the 

predictions of the EOS-based solid-fluid equilibrium (SFE) model (see Equation 2.17) using the PRA 

EOS in Multiflash version 4.4. The results presented here contribute accurate SLE data, which will 

be applied in Chapter 5 to the optimisation of the EOS-based SFE model for improved SFE prediction 

of natural gas systems. 

4.3 Apparatus and Mixture Preparation 

Measurements were made via the DSC experimental method using the Setaram BT 2.15 Tian-Calvet 

heat flow calorimeter detailed in Chapter 3 [102]. The cap-sealed sample cell used for measurements 

at atmospheric pressure in Chapter 3 was substituted with a high-pressure, stainless-steel cell rated to 

35 MPa and able to attain the supercritical pressure conditions required by the GPA. To load a mixture 

into the sample cell and regulate at high pressure, the cell must be connected to a pressure-regulating 

system via stainless-steel tubing. Previously, a high-pressure vapour ballast manifold had been used 
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to buffer the effect of thermal expansion of the liquid sample to maintain a relatively constant pressure 

during measurement [33, 111]. However, the 10 MPa pressure rating of this system limited the scope 

of measurements that were possible. In addition to the higher rated cells, the work in this chapter 

extends the pressure rating of the entire system to 35 MPa by replacing the ballast manifold with a 

high-pressure syringe pump. 

A schematic of the experimental setup consisting of the Setaram BT 2.15 calorimeter and the new 

pressure-regulating system is shown in Figure 4.1. The high-pressure cells were designed and built 

in-house with a volume of 4.5 mL and connecting stems with 4 mm outside diameter (OD) and 3 mm 

inside diameter (ID). The sample stem connected the sample cell with the high-pressure syringe 

pump, while the reference stem connected the corresponding reference cell to a pressure-regulated 

nitrogen supply. A stainless-steel sample injection tube with 1.59 mm OD and 1.08 mm ID was 

inserted inside the connecting stem and sealed with Swagelok fittings so that fluid samples can be 

delivered and displaced from the cell. Syed et al (2012) customised this system to mitigate 

temperature inversion and consequent convection along the stems caused by boil-off vapour from the 

LN2 [111]. This was previously a recurring issue that impaired the heat flow signals when attempting 

to measure calorific properties above 173 K. A series of three heaters and six platinum resistance 

thermometers (PRTs) were installed along both the sample and reference stems to monitor and control 

positive temperature profiles along the stems away from the cells.  

To prepare and load a mixture into the sample cell with a mixture whose cricondentherm is greater 

than room temperature, the following procedure was followed: 

• Mixture components that are gas at room temperature are gravimetrically prepared at room 

temperature in the same molar ratio as required for the final mixture. 

• This gravimetric mixture is pressurised in the mixture preparation syringe pump to 31 MPa; 

above the calculated cricondenbar of the overall mixture to be prepared. 
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• The liquid component is degassed by heating and placing under vacuum so that air dissolved 

into the liquid can be removed. 

• The liquid-loading syringe pump is filled with the degassed liquid component by 

simultaneously exposing the evacuated area above the liquid to atmospheric pressure and 

opening valve 2 in Figure 4.1. 

• Once in the syringe pump, the liquid component is pressurised to 32 MPa, 1 MPa above the 

pressure of the gas mixture in the mixture preparation syringe pump. The temperatures of the 

barrels of both syringe pumps are controlled using a circulating bath fluid through a 

surrounding jacket. 

• From the known pressure, temperature and volume, the amount of the gas mixture in the pump 

is calculated via an EOS using REFPROP 9.1 and, subsequently, the liquid volume required 

for a defined overall composition can also be calculated. The pump volume was determined 

by means of calibration. 

• The required liquid volume is injected into the mixture preparation pump and stirred at 500 

rpm for 8 hours to create a single-phase supercritical mixture with known composition. The 

temperature of the circulating fluid through the surrounding jacket is cycled between (303 and 

323) K to drive convection and promote homogenisation of the fluid. 

• To prevent depressurisation of the prepared mixture upon loading into the sample cell, a third 

syringe pump (the receiving syringe pump) is connected to the injection tube and the entire 

manifold is flushed and pressurised with methane to 1 MPa below the pressure of the mixture 

preparation pump (still above the mixture’s cricondenbar). 

• By setting the mixture preparation pump to operate in constant pressure mode and the 

receiving pump to refill at a constant flowrate of 2 mL/min, opening valve 6 in Figure 4.1 

enables the mixture to be slowly transferred into the sample cell at constant pressure without 

crossing the two-phase region and while displacing the methane. 
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• Once a volume of mixture equal to at least 3 times that of the combined sample cell and valve-

tubing manifold volume has been injected, the system is isolated from the mixture preparation 

pump by closing valve 14M in Figure 4.1. Cell pressure is regulated for the rest of the 

experiment by placing the receiving pump into constant pressure mode. 

• Any mass transfer of methane into the supercritical mixture would be greatly limited by the 

small surface area of the interface between the pure methane and mixture fluids. Additionally, 

any compositional change due to dissolved methane would occur in a small region near the 

interface, which will have been displaced well beyond the calorimetric cell. 

 

Figure 4.1. Customised Setaram BT 2.15 DSC for high pressure measurements of calorific properties 

and depicting the modified mixture preparation, loading and pressurisation process flow. M = sample 

(measurement)-side; R = reference-side. 
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4.4 Method & Materials 

The supplier’s estimates of purity of the component gases and liquids used in the preparation of the 

mixtures are given in Table 4.1; these were not checked further, but the liquid components were 

degassed prior to mixture preparation. 

Table 4.1. Purity of the Chemicals Used. 

Chemical Name Source Grade Stated Purity 

Methane (CH4) Coregas Pty Ltd. Research 0.99995 

Ethane (C2H6) BOC Research 0.99990 

Propane (C3H8) Air Liquide Research 0.99990 

Butane (C4H10) Coregas Pty Ltd. Research 0.99950 

Hexane (C6H14) Sigma Aldrich CHROMASOLV ≥ 0.98 

Heptane (C7H16) Sigma Aldrich Laboratory Plus 0.99 

Benzene (C6H6) Sigma Aldrich HPLC ≥ 0.999 

para-Xylene (p-C8H10) Sigma Aldrich CHROMASOLV ≥ 0.99 

 

Heat capacities were measured using the step method under isobaric conditions at a heating rate of 

0.03 K·min-1 and across a 10 K temperature step to produce a sufficient signal-to-noise ratio. To 

ensure the net heat flow signal returned to a stable baseline and that thermal equilibrium was 

established within the sample cell, the calorimeter was held at constant temperature for one hour prior 

to, and 5 hours after, the temperature change. The measurements presented in this chapter were 

performed at (200 and 255) K across the temperature ranges (195 to 205) K and (250 to 260) K, 

respectively. Upon completion of a temperature step, the pressure was adjusted to the next condition 

to be measured using the receiving syringe pump. Repeat measurements were done after several 

pressure adjustments to ensure no change in composition or potential de-mixing had occurred. 

Baseline scans where both the sample and reference cells were filled with dry nitrogen at atmospheric 

pressure were performed following the same experimental conditions described above. 
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To remove the sample from the DSC and pressure-regulating system, the sample was vented and the 

DSC was heated to above the normal boiling point of the solute (heaviest component). Liquid formed 

due to flashing upon depressurisation when venting was collected in a graduated beaker. The system 

was flushed and evacuated with methane with any displaced liquid remaining collected in the beaker.  

This was repeated three times and the cell was then evacuated for 12 hours to ensure all the liquid 

had been displaced or evaporated. 

Equation 4.1 describes the ‘two step’ method to determine the measured cp from the resultant heat 

flow curves. The absolute heat for both the sample and baseline scans across the same experimental 

temperature step are determined via integration of the heat flow curves as a function of time as shown 

in Figure 4.2. The absolute heat of the baseline scan represents the inherent asymmetries between the 

two sides (sample and reference) of the calorimetric block and the cells. Subtraction of the baseline 

from the sample absolute heat represents the heat produced due to the temperature increase in the 

sample fluid. 

              
s b

p
cell step

dt dt
c

V Tρ

Φ − Φ
=

∆
∫ ∫                 (4.1) 

Here ʃ Φs dt is the integrated heat flow difference between the sample and nitrogen-filled, ambient 

pressure reference cell over the 10 K temperature step (ΔTstep), ʃ Φb dt is the integrated heat flow 

difference for the baseline scans over the same temperature step, Vcell is the effective sample cell 

volume, and ρ is the fluid density calculated at the known pressure and mean temperature of the step 

using the GERG-2008 EOS as implemented in REFPROP 9.1. The effect of these variables’ 

uncertainties on the measured cp is discussed in Section 4.5. 
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Figure 4.2. DSC thermogram as heat flow, Φ, (left axis) and sample temperature, T, (right axis) 

against time, t. This shows the heat flow associated with the ΔTstep = 10 K temperature increase of a 

single-phase supercritical fluid, and the sample temperature profile associated with the cp 

measurement. —, heat flow; – –, baseline integration; —, sample temperature. The red-shaded area 

above the curve, ʃ Φs dt, represents the absolute heat of the sample scan. An equivalent approach is 

applied to ʃ Φb dt, for the baseline scans. 

The volume of the sample cell was designed and built to be 4.5 mL. However, the precision of this is 

compromised by the uncertainty associated with the assembling of the cell and compression of the 

sealing gasket. Furthermore, the relevant volume required is that which is detected by the thermopiles 

surrounding the cell. Therefore, to determine the true volume, calibration measurements were 

performed by measuring the cp of liquid ethane with 10 K steps at (168.15 and 268.15) K and (0.8 

and 5.5) MPa, respectively. Equation 4.1 was solved for cell volume for each measurement and 

averaged to be (4.427 ± 0.026) mL. The associated uncertainty was taken as the standard deviation 

of the calculated volumes. The sample-side pressure transducer connected to the manifold and 

depicted in Figure 4.1 between valves 13M and 14M was manufactured by Omega Engineering and 

rated to 35 MPa. It was calibrated across the pressure range to be measured by benchmarking against 

a Paroscientific Digiquartz® transducer [112].  The pressure and temperature conditions measured in 

this chapter are depicted in Figure 4.3 with each mixture’s respective phase envelopes superimposed.  
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Figure 4.3. P, T diagram depicting the fluid phase behaviour for Mixtures 1-3 calculated using the 

PRA EOS as implemented in Aspen HYSYS v7.3. VLE phase envelopes: ····, 0.9509·C1 + C3 

(Mixture 1); – –, C1 + C3 + 0.0461·C7 (Mixture 2); —, C1 + C3 + 0.1000·C7 (Mixture 3). 

Cricondenbars: ····, 0.9509·C1 + C3; – –, C1 + C3 + 0.0461·C7; —, C1 + C3 + 0.1000·C7. ····, ambient 

temperature (293 K). , P, T conditions for cp measurements; , critical point. 

All Tmelt measurements made in this chapter were conducted using the scanning method. The liquid 

sample was first cooled at a constant rate to a defined temperature at least 15 K below the solute’s 

equilibrium melting (SLE) temperature predicted using Multiflash 4.4. In many cases the cooling 

thermogram was recorded to confirm that a phase transition had occurred. The temperature of the 

(partially) frozen sample was then held constant until the heat flow signal had returned to its baseline 

indicating the establishment of thermal equilibrium within the sample. The sample was then held 

under isothermal conditions for a further hour before the temperature was increased at a rate that 

enabled a distinct thermal peak (high signal-to-noise ratio) to be produced. Ideally the scan rates 

chosen are as slow as possible without compromising the quality of the thermal peak. This reduces 

the uncertainty associated with endset temperature extrapolation to zero scan rate in the post-

experimental analysis. However, Chapter 3 showed that higher scan rates were required for leaner 

solute compositions to counteract thermal peak smearing. Therefore, some mixtures studied in this 
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chapter required scan rates as high as 0.20 K.min-1, which is accounted for in the corresponding 

combined uncertainty. Isothermal conditions were set at a defined temperature at least 20 K above 

the predicted equilibrium melting temperature ending the temperature ramp. The sample was held 

under isothermal conditions for 6 hours to ensure the heat flow returned to a stable baseline essential 

for determining the endset temperature. This cooling and heating cycle was repeated for at least two 

further scans at different rates. The endset scanning method standardised in Chapter 3 was used for 

the post-experimental analysis to determine the extrapolated endset temperature corresponding to the 

measured Tmelt. 

The overall molar compositions of the eight mixtures studied in this chapter are stated in Table 4.2. 

The solvents in all mixtures are methane-dominant, while the intermediate constituent mole fractions 

in the multicomponent mixtures decrease with hydrocarbon number (C2 → C4) like treated natural 

gas compositions during the liquefaction stage of the LNG plant. Each mixture’s solute component 

for Tmelt measurements is a C5+ hydrocarbon susceptible to carry-over and consequent freeze-out in 

the MCHE. The chosen solutes are the aliphatic hydrocarbons – hexane (C6) and heptane (C7), and 

the aromatic hydrocarbons – benzene (CBz) and para-xylene (Cp-xyl). The solute mole fractions are 

higher than the trace concentrations seen in the LNG plant due to: 1) thermal peak smearing with 

increased Tmelt dependency as the solute mole fraction decreases (detailed in Chapter 3), and 2) a 

lower signal-to-noise ratio, where less solute is present in the sample to absorb heat upon melting. 

However, given the limited available SFE data, the measured Tmelt in this chapter contribute valuable 

insight to build on the current understanding of SFE in hydrocarbon systems as well as provide 

additional data towards improving the current start-of-the-art of SFE modelling.  
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Table 4.2. Sample mixture overall mole fractions, x, of the fluid and corresponding uncertainties for 

mixtures including CH4, C2H6, C3H8, C4H10, C6H14, C7H16, C6H6 (CBz) and p-C8H10 (Cp-xyl). 

Mixture number Mixture x (± 0.0001) a Property measured 

1 x C1 + (1-x) C3 0.9509 cp 

2 
x1 C1 + x2 C3 

+ (1-x1-x2) C7 

0.8534 (x1) 

0.1005 (x2) 
Tmelt + cp 

3 
x1 C1 + x2 C3 

+ (1-x1-x2) C7 

0.7996 (x1) 

0.1004 (x2) 
Tmelt + cp 

4 x C1 + (1-x) C7 0.8968 Tmelt 

5 x C1 + (1-x) C7 0.7492 Tmelt 

6 

x1 C1 + x2 C2 

+ x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) C6 

0.8433 (x1) 

0.0312 (x2) 

0.0167 (x3) 

0.0111 (x4) 

Tmelt 

7 

x1 C1 + x2 C2 

+ x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) CBz 

0.6851 (x1) 

0.0838 (x2) 

0.0527 (x3) 

0.0275 (x4) 

Tmelt 

8 

x1 C1 + x2 C2 

+ x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) Cp-xyl 

0.6199 (x1) 

0.1310 (x2) 

0.0844 (x3) 

0.0448 (x4) 

Tmelt 

a Uncertainties were derived from the combined uncertainty of the gravimetric preparation of the gas 

solvent and the purities of the components.  
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4.5. Isobaric heat capacity measurements 

Isobaric heat capacities for Mixtures 1, 2 and 3 with compositions listed in Table 4.2 were measured 

at (200 and 255) K and pressures between (10 and 32) MPa. The cp properties of the binary C1 + C3 

hydrocarbon system classifying Mixture 1 are well-known at lower pressures and temperatures [33, 

113-116]. However, the GERG-2008 EOS has been revealed to poorly predict cp at these conditions 

when compared against experimental data [32, 33]. Therefore, the measured cp for Mixture 1 at the 

stated conditions provide a reference upon which the effect of increasing the C7 mole fraction on the 

predictions made by the GERG-2008 EOS can be observed. The measured cp for Mixture 1 are listed 

in Table 4.3 and shown in Figure 4.4a. They are compared with values calculated from the GERG-

2008 EOS as implemented in REFPROP 9.1. Good agreement is observed at higher pressures, but 

steadily diverges as the pressure decreases at both (200 and 255) K. However, the relative deviations 

shown in Figure 4.4b indicate that the predictions remain within the uncertainty of the measurements 

across the entire pressure range at 200 K, while falling outside at pressures below 25 MPa at 255 K. 

Measured cp were repeated at approximately 24.5 MPa and 200 K, and (31.4 and 21) MPa at both 

(200 and 255) K. Figure 4.4 shows that the repeated measurements are consistent within their 

uncertainties indicating that the measured cp are repeatable across the pressure range measured at 

both temperatures. 

The standard combined uncertainties averaged across all three mixture are (5 and 2.5) % for (200 and 

255) K, respectively. These were determined via an uncertainty analysis combining the following 

attributing uncertainties: 1) the pressure stability across the experimental temperature step ≈ (0.05 – 

0.15) MPa, 2) the calculated mixture density using REFPROP (assuming 0.1 % based on the density 

of pure-fluid propane in the extended critical region [117], and 5 % for the ternary mixtures), 3) the 

effective cell volume (± 0.026 mL), 4) the measured sample temperature where the standard 

uncertainty is (0.25 and 0.50) K above and below 220 K [111], respectively, and 5) uncertainty in the 

selected integration baseline points to determine the absolute heat, where the standard deviation of 
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six heat flow curve integrations was defined as its uncertainty (± 0.3 J). The resultant measured 

uncertainty was determined by combining each of these uncertainty sources in quadrature. 

Table 4.3. Isobaric heat capacities for x CH4 + (1-x) C3H8 with x = 0.9509 on a volumetric basis and 

converted to a gravimetric basis using fluid densities calculated from GERG-2008 EOS. 

P /MPa a cp /J·(mL·K)-1 cp /J·(g·K)-1 b 

T = 200 K 

31.36 1.19 3.25 

31.44 1.20 3.27 

28.00 1.20 3.32 

26.16 1.22 3.42 

24.50 1.23 3.47 

24.41 1.22 3.46 

21.01 1.24 3.59 

21.09 1.23 3.55 

17.62 1.27 3.76 

14.10 1.32 4.04 

10.63 1.38 4.44 

T = 255 K 

31.40 1.00 3.40 

31.50 1.02 3.44 

27.96 1.01 3.57 

26.08 1.02 3.68 

24.39 1.02 3.79 

21.02 1.01 4.01 

21.03 1.02 4.03 

a Pressure uncertainty = ± 0.5 % stated in the syringe pump specification datasheet [118]. 
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b cp average standard combined uncertainty = (5 and 2.5) % for (200 and 255) K, respectively, 

determined via an uncertainty analysis. 

 

Figure 4.4. (a) Absolute isobaric heat capacity, cp, and (b) relative deviations, (cp-cp, GERG)/cp, of the 

measured cp as a function of pressure for x CH4 + (1-x) C3H8 with x = 0.9509 with cp, GERG calculated 

using the GERG-2008 EOS. Measured cp data: , 200 K; , 255 K. cp, GERG: – –, 200 K; – –, 255 K. 



Chapter 4 

70 | P a g e  
 

The measured cp data for Mixtures 2 and 3 are listed in Table 4.4 and Table 4.5, and shown in Figure 

4.5a and Figure 4.6a, respectively. For Mixture 2, the measured cp are consistent with the GERG-

2008 EOS at 200 K across the pressure range measured, while for Mixture 3 they are consistent only 

above 22 MPa at the same temperature. The relative deviations in Figure 4.5b and Figure 4.6b show 

there is no clear distinction that the differences decrease at higher pressures for both mixtures as cp is 

less dependent on pressure (flatter curves) than was seen for Mixture 1. However, the sensitivity of 

the DSC measurements can still distinguish these changes at the lower pressures. Deviations of up to 

0.065·cp between the measured and predicted cp occur below 22 MPa. At 255 K, the measured cp 

disagrees with the GERG-2008 EOS across the pressure range measured for both mixtures. 

Additionally, the deviations become larger with decreasing pressure as the value of cp increases 

towards the mixture’s vapour-liquid region. The deviations between the measured and predicted cp 

for Mixture 2 increase from 0.041·cp at 31.6 MPa diverging to 0.077·cp at 20.7 MPa. For Mixture 3, 

this divergence is even greater from 0.048·cp at 32.0 MPa to 0.095·cp at 20.6 MPa. This suggests that 

the GERG-2008 EOS may be unable to adequately capture the effect of C7 on cp in mixtures, and 

magnifies the divergence seen when approaching the vapour-liquid region. Despite being able to 

describe VLE and the supercritical region [30], the GERG-2008 EOS is also known to diverge from 

measured cp data as near the critical point, and in this case, the proximity of the measured conditions 

to the critical point increases as the C7 mole fraction also increases as illustrated in Figure 4.3. 

Therefore, this indicates that the addition of C7 negatively affects the GERG-2008 EOS at conditions 

approaching the vapour-liquid region and/or near the critical point, where natural gas gathering, 

treating and processing plant equipment operate. The GERG-2008 EOS may require regression to the 

new cp data to improve predictions within the measured temperature and pressure range for mixtures 

containing C7. However, the measured cp is currently dependent on density predictions using 

REFPROP 9.1; a property which could also deviate approaching the vapour –liquid region and near 

the critical point. Therefore, accurate density measurements for the same mixtures and experimental 
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conditions are required as inputs to Equation 4.1 to validate the cp results in this chapter before 

confirming the need for regression to improve the GERG-2008 EOS. 

Table 4.4. Isobaric heat capacities for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 with x1 = 0.8534 and x2 = 

0.1005 on a volumetric basis and converted to a gravimetric basis using fluid densities calculated 

using the GERG-2008 EOS. 

P /MPa a cp /J·(mL·K)-1 cp /J·(g·K)-1 b 

T = 200 K 

31.49 1.24 2.83 

31.55 1.26 2.87 

28.10 1.23 2.84 

25.86 1.24 2.88 

24.13 1.27 2.94 

20.68 1.25 2.96 

17.24 1.28 3.07 

13.79 1.27 3.10 

10.34 1.27 3.15 

T = 255 K 

31.59 1.15 3.06 

28.10 1.13 3.09 

26.38 1.14 3.16 

24.13 1.17 3.29 

20.68 1.19 3.48 

20.68 1.15 3.37 

a Pressure uncertainty = ± 0.5 % stated in the syringe pump specification datasheet [118]. 

b cp average standard combined uncertainty = (5 and 2.5) % for (200 and 255) K, respectively, 

determined via an uncertainty analysis. 
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Figure 4.5. (a) Absolute isobaric heat capacity, cp, and (b) relative deviations, (cp-cp, GERG)/cp, of the 

measured cp as a function of pressure for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 with x1 = 0.8534 and x2 

= 0.1005 with cp, GERG calculated using the GERG-2008 EOS. Measured cp data: , 200 K; , 255 K. 

cp, GERG: – –, 200 K; – –, 255 K. 
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Table 4.5. Isobaric heat capacities for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 with x1 = 0.7996 and x2 = 

0.1004 on a volumetric basis and converted to a gravimetric basis using fluid densities calculated 

using the GERG-2008 EOS. 

P /MPa a cp /J·(mL·K)-1 cp /J·(g·K)-1 b 

T = 200 K 

31.99 1.28 2.64 

32.09 1.29 2.65 

28.59 1.28 2.66 

26.93 1.28 2.67 

25.32 1.29 2.69 

21.95 1.30 2.73 

18.28 1.29 2.74 

16.96 1.30 2.78 

13.45 1.30 2.81 

9.91 1.31 2.87 

20.48 1.31 2.77 

T = 255 K 

32.04 1.20 2.81 

32.19 1.21 2.83 

28.71 1.21 2.88 

26.95 1.22 2.93 

25.21 1.22 2.96 

21.92 1.23 3.05 

20.59 1.26 3.14 

a Pressure uncertainty = ± 0.5 % stated in the syringe pump specification datasheet [118]. 

b cp average standard combined uncertainty = (5 and 2.5) % for (200 and 255) K, respectively, 

determined via an uncertainty analysis. 
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Figure 4.6. (a) Absolute isobaric heat capacity, cp, and (b) relative deviations, (cp-cp, GERG)/cp, of the 

measured cp as a function of pressure for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 with x1 = 0.7996 and x2 

= 0.1004 with cp, GERG calculated using the GERG-2008 EOS. Measured cp data: , 200 K; , 255 K. 

cp, GERG: – –, 200 K; – –, 255 K.  
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4.6. Melting temperature measurements 

All Tmelt measurements for Mixtures 2 to 8 were studied using the scanning method described in 

Section 4.4. For each measurement, at least three heating thermograms were produced each at 

different scan rates. They display thermal peaks like those seen in Chapter 3, which enable the 

measured Tmelt to be determined via the now standardised extrapolated endset temperature. 

4.6.1 Binary mixtures 

Measured Tmelt was determined for two C1 + C7 binary mixtures (Mixtures 4 and 5). For both mixtures, 

the system was cooled until pure C7 solid partially froze out of solution. This was identified by a 

positive thermal peak equivalent to those seen in Figure 3.4. The system was then heated until the 

solid C7 had completely melted back into solution.  

 

Figure 4.7. DSC thermograms of heat flow, Φ, versus temperature, T, for x CH4 + (1-x) C7H16 where 

x = 0.8968 at different heating rates. Heating curves: —, 0.10 K·min-1; —, 0.08 K·min-1; —, 0.06 

K·min-1. – –, Equilibrium SLE temperature predicted by Multiflash 4.4. The inset shows the linear 

extrapolation of the heating thermograms’ endset temperature, ,  with heating rate. 

Figure 4.7 shows the three heating thermograms produced at different scan rates and a constant 

pressure of 31.14 MPa for Mixture 4. As was seen in Chapter 3, the thermal smearing typical of 



Chapter 4 

76 | P a g e  
 

melting in a eutectic mixture is observed at the onset of the thermal peak, while the return to baseline 

shifts towards the SLE temperature calculated by Multiflash 4.4 at the experimental pressure. The 

Figure 4.7 inset shows that a linear dependence exists between the scan rate and endset temperatures 

determined from the thermograms, both of which decreases as the scan rate approaches zero. This 

decrease is towards the predicted SLE equilibrium temperature, which is consistent with the 

expectation that the endset scanning method may be applied to these more complex hydrocarbon 

mixtures at high pressures. The extrapolated endset temperature and, therefore, Tmelt was found to be 

(172.64 ± 0.54) K. The uncertainty was estimated as the combined uncertainty of the endset 

temperature determination and the statistical uncertainty associated with the linear extrapolation. The 

pressure uncertainty associated with any pressure shift during the temperature step was excluded due 

to the low dependence of SLE with pressure and the minimal variation (ΔPexp ≈ 0.2 MPa) that occurs. 

 

Figure 4.8. DSC thermograms of heat flow, Φ, versus temperature, T, for x CH4 + (1-x) C7H16 where 

x = 0.7492 at different heating rates. Heating curves: —, 0.10 K·min-1; – –, 0.10 K·min-1 (repeat); —

, 0.06 K·min-1; —, 0.04 K·min-1.  – –, Equilibrium SLE temperature predicted by Multiflash 4.4. The 

inset shows the linear extrapolation of the heating thermograms’ endset temperature, ,  with heating 

rate. 
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Figure 4.8 shows that the magnitude of the thermal peaks for Mixture 5 (Φpeak ≈ -90 mW at 0.1 K.min-

1) were larger compared to Mixture 4 (Φpeak ≈ -58 mW at 0.1 K.min-1) because of the increase in 

solute mole fraction from x7 ≈ 0.1 to 0.25. Due to the larger thermal peaks a slower scan rate of 0.04 

K.min-1 could be used. Thus, for mixtures with xsolute ≥ 0.25 the scanning method can produce thermal 

peaks with a sufficient signal-to-noise ratio at lower scan rates. The repeatability of the measurements 

was tested at 0.10 K.min-1 to provide evidence that de-mixing was insignificant for these more 

complex hydrocarbon mixtures at high pressure. The Figure 4.8 inset shows the linear dependence of 

the endset temperature with scan rate, and that the measurements are repeatable. The measured Tmelt 

for Mixture 5 was determined to be (173.89 ± 0.60) K. 

 

Figure 4.9. Comparison of the measured melting temperatures at P = 30.14 MPa with the phase 

diagram predicted using Multiflash 4.4 for x CH4 + (1-x) C7H16 where x = 0.8968 and 0.7492. — 

calculated phase boundary; , this work (endset temperature); Kuebler and McKinley (1974) [54], 

, P = (5.61 to 9.58) MPa. The inset shows the relative experimental uncertainties and discrepancy 

between the measured and predicted melting temperatures. 

Figure 4.9 compares the measured Tmelt for Mixtures 4 and 5 to literature data and Multiflash 4.4. 

Literature comparisons must be made between data measured along the same solid-fluid phase 

equilibria, in this case, SLE. No SLE data exist at the same overall compositions and/or pressures as 
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Mixtures 4 and 5, but the trend observed for Kuebler and McKinley (1974) [54] between x1 = (0.9763 

and 0.999991) and P = (5.61 and 9.58) MPa for the C1 + C7 system can be compared. The effect of 

the different experimental pressures between the measured and literature data on the SLE temperature 

can be assumed negligible for this comparison due to its small dependence. Figure 4.9 shows that 

Multiflash 4.4 underpredicts the SLE temperatures both in this work and literature across the 

composition range measured. Despite this deviation, it can capture the observed trend of the combined 

datasets including the slight flattening in the curve from 0.84 ≤ x1 ≤ 0.96. However, additional data 

points are required to determine if the predicted flattening in the SLE curve is representative. 

 

Figure 4.10. Deviations of measured C7H16 melting temperatures (Texp) from values calculated with 

the Multiflash 4.4 (Tcalc) as a function of C7H16 liquid mole fraction (x7). , this work (endset 

temperature); , Kuebler and McKinley (1974) [54]. 

Figure 4.10 shows the absolute deviations of the melting temperature measurements made for this 

system in both this work and the literature relative to Multiflash 4.4. The model predictions deviate 

by (5.7 and 4.1) K for x7 = 0.1032 (Mixture 4) and 0.2508 (Mixture 5), respectively, suggesting that 

the Multiflash 4.4 becomes less accurate as C7 mole fraction decreases. The data reported by Kuebler 

and McKinley (1974) between x7 = (0.09 and 237) x 10-4 deviate from Multiflash 4.4 by between (3 
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and 8) K. The parabolic trend further validates the consistency between the literature and measured 

data in this chapter. It also indicates that the deviations become smaller as both x1 and x7 approach 1 

(their well-known pure component melting temperatures). Most notably, it reveals the poor model 

performance from x7 = (0.4 and 5) x 10-3, which is equivalent to the C5+ impurity specification range 

in the liquefaction stage of the LNG plant (see Table 1.1). The consistently large discrepancies reveal 

that Multiflash 4.4 is unable to accurately predict SLE for the C1 + C7 binary system at x7 ≤ 0.25 

indicating opportunity to improve model performance. 

4.6.2 Ternary mixtures 

Measured Tmelt was determined for two C1 + C3 + C7 binary mixtures (Mixtures 2 and 3). The 

normalised composition of the C1 + C3 solvent (x7 = 0) in both mixtures are approximately equivalent 

differing by only x1 = 0.0061. The resultant difference in the predicted T, x phase diagrams for 

Mixtures 2 and 3 are negligible relative to their measured Tmelt uncertainties. Therefore, both 

measurements are compared on the same T, x phase diagram in the following discussion. These 

measurements were performed after completing the cp measurements with the same prepared 

mixtures. For both mixtures, the system was cooled until pure C7 solid partially froze out of solution. 

The system was then heated until the solid C7 had completely melted back into solution. 
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Figure 4.11. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C3H8 + (1-

x1-x2) C7H16 where x1 = 0.8534 and x2 = 0.1005 at different heating rates. Heating curves: —, 0.20 

K·min-1; —, 0.18 K·min-1; —, 0.16 K·min-1.  – –, Equilibrium SLE temperature predicted by 

Multiflash 4.4. 

Figure 4.11 shows that for Mixture 2 the thermal peaks obtained were significantly smeared (like the 

lean mixture seen in Figure 3.12) in comparison to those obtained for mixtures richer in the solute. 

This is attributed to the increased dependence of the melting temperature on composition for these 

systems as indicated by the larger slope of the phase boundary (refer to Figure 4.17) as xsolvent → 1. 

Such a reduction in the quality of the thermal peak at lean compositions ultimately places a limit on 

the ability of the scanning method to determine melting temperatures in hydrocarbon mixtures. Faster 

scan rates were employed to counter this effect, but with a corresponding increased uncertainty 

associated with the linear extrapolation to zero scan rate when determining the extrapolated endset 

temperature. Figure 4.12 validates this use of faster scan rates, because the endset temperatures 

continued to exhibit a clear linear trend with scan rate irrespective of the smearing. The measured 

Tmelt for Mixture 2 at 11.12 MPa was determined to be (154.37 ± 2.78) K. 
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Figure 4.12. Linear extrapolation of the heating thermograms’ endset temperature, ,  with heating 

rate for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 where x1 = 0.8534 and x2 = 0.1005. 

For Mixture 3 the effect of subcooling was observed in addition to measuring Tmelt. Figure 4.13 shows 

the cooling and heating thermograms at different scan rates for Mixture 3 at 11.17 MPa. The inset 

shows the randomness of the thermal peaks with scan rate upon freezing highlighting the stochastic 

nature of subcooling. The average degree of subcooling observed was -12.6 K with a standard 

deviation of 0.72 K, representing the mean extent by which the thermal peaks overshoot the mixture’s 

predicted equilibrium SLE temperature. Subcooling is a phenomenon relevant to C5+ freeze-out in an 

LNG plant’s MCHE. Although several factors contribute to the extent of subcooling incurred, this 

thermal analysis provides an indication of what could be experienced within the MCHE. The effect 

offers a degree of flexibility for operators as it extends the operational temperature range possible 

before solid freeze-out occurs. Therefore, measured Tmelt corresponding to SLE temperatures 

represent worst-case thresholds for solid freeze-out. Future research could measure and include the 

effect of subcooling into solid freeze-out calculations to optimise the threshold limits operators should 

avoid. 
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Figure 4.13. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C3H8 + (1-

x1-x2) C7H16 where x1 = 0.7996 and x2 = 0.1004 at different cooling and heating rates. Cooling (upper 

curves) and heating (lower curves): —, 0.10 K·min-1; —, 0.08 K·min-1; —, 0.06 K·min-1. – –, 

Equilibrium SLE temperature predicted by Multiflash 4.4. The inset highlights the stochastic nature 

of subcooling by the variation of freezing onset between cooling-heating cycles. The average 

subcooling between cycles was calculated to be approximately -12.6 K. 

In contrast, the thermal peaks associated with the heating thermograms show the typical systematic 

shift towards the predicted equilibrium SLE temperature with decreasing scan rate as shown with 

greater clarity by Figure 4.14. Less thermal peak smearing is observed due to a richer C7 mole fraction 

in the mixture. The measurements are repeatable at all scan rates further validating the scanning 

method for such mixtures. Figure 4.15 shows that the measurements are repeatable within their 

uncertainties including the linear dependence of the endset temperature with scan rate. The measured 

Tmelt for Mixture 3 at 11.17 MPa was determined to be (165.34 ± 0.65) K. 
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Figure 4.14. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C3H8 + (1-

x1-x2) C7H16 where x1 = 0.7996 and x2 = 0.1004 at different heating rates. Heating curves: —, 0.10 

K·min-1; —, 0.08 K·min-1; —, 0.06 K·min-1. Repeated heating curves: – –, 0.10 K·min-1; – –, 0.08 

K·min-1; – –, 0.06 K·min-1. – –, Equilibrium SLE temperature predicted by Multiflash 4.4. 

 

Figure 4.15. Linear extrapolation of the heating thermograms’ endset temperature, ,  with heating 

rate for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 where x1 = 0.7996 and x2 = 0.1004. 
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The Tmelt for Mixture 3 was also measured at 31.20 MPa to identify whether the scanning method is 

sensitive enough to observe the effect of the small pressure dependence on SLE. Figure 4.16 shows 

the heating thermograms for Mixture 3 at 31.20 MPa (dashed lines) superimposed onto those at 11.17 

MPa (solid lines). Multiflash 4.4 predicts this 20 MPa increase to reduce the solubility of C7 in the 

mixture with the SLE temperature increasing by approximately 1.5 K. This is represented in the 

thermograms by observing the shift of the thermal peaks’ onset and return-to-baseline slopes towards 

higher temperatures. Therefore, the scanning method is sufficiently sensitive to detect this pressure 

change. Due to this effect the experimental temperature step was extended to ensure an adequate 

baseline was produced for determining the endset temperature. The measured Tmelt for Mixture 3 at 

31.20 MPa was determined to be (167.34 ± 0.53) K. Therefore, the predicted 1.5 K increase due to 

the pressure change is within the uncertainty of the 2 K measured Tmelt increase. Additionally, it shows 

that there is a negligible pressure effect on the endset temperature’s dependence with scan rate. 

 

Figure 4.16. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C3H8 + (1-

x1-x2) C7H16 where x1 = 0.7996 and x2 = 0.1004 at different heating rates. Heating curves at 11.17 

MPa: —, 0.10 K·min-1; —, 0.08 K·min-1; —, 0.06 K·min-1. Heating curves at 31.20 MPa: – –, 0.10 

K·min-1; – –, 0.08 K·min-1; – –, 0.06 K·min-1. Equilibrium SLE temperature predicted by Multiflash 

4.4 at: —, 11.17 MPa; – –, 31.20 MPa. 
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Figure 4.17 compares the measured Tmelt for Mixture 2 at 11 .17 MPa and Mixture 3 at both 11.17 

and 30.20 MPa against Multiflash 4.4. The SLE is overpredicted at xsolvent = 0.9539 (Mixture 2) by -

4.4 K, while it is underpredicted at xsolvent = 0.9 (Mixture 3) by (2.9 and 3.4) K for (11.17 and 30.20) 

MPa, respectively. Mixture 2 showed a larger deviation than Mixture 3 at 11.17 MPa due to the 

impact of thermal peak smearing on the quality of the return-to-baseline slopes and subsequent endset 

temperature determination. Despite this disagreement, Multiflash 4.4 captures the general trend as 

the SLE temperature decreases with increasing solvent mole fraction (and as x7 decreases). However, 

it indicates that the dependency of SLE on composition may have a greater rate of change; increasing 

at a lower solvent mole fraction than predicted. The difference in Tmelt between the measurements at 

(11.17 and 30.20) MPa and that seen between the predicted Tmelt both fall within the combined 

uncertainties of the measurements for Mixture 3. Therefore, there is no indication that Multiflash 

4.4’s ability to predict SLE changes between these pressures. However, Multiflash 4.4 is shown to 

improve with the addition of C3 as an intermediate component to Mixture 3 by comparing its 

measured Tmelt to Mixture 4 (C1 + C7), which both have x7 ≈ 0.1 at P ≈ 30 MPa. The measured Tmelt 

for Mixture 3 deviates from Multiflash 4.4 by 3.4 K, while for Mixture 4 it deviates by 5.7 K. 

Therefore, Multiflash 4.4 can more accurately predict the SLE temperature by 2.3 K with the 

inclusion of C3 to the solvent. This may be due to greater non-ideality in the system without 

intermediate constituents to stabilise interactions between molecules with very different properties. 

In general, the large discrepancies reveal that Multiflash 4.4 is unable to accurately predict SLE for 

the C1 + C3 + C7 ternary system at x7 ≤ 0.1 indicating opportunity to improve model performance. 
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Figure 4.17. Comparison of the measured melting temperature at P = (11.17 and 31.20) MPa with 

the phase diagram predicted using Multiflash 4.4 for x1 CH4 + x2 C3H8 + (1-x1-x2) C7H16 at xsolvent = 

0.9539 and 0.9, where xsolvent = x1 + x2. Calculated phase boundaries at: —, 11.17 MPa; – –, 31.20 

MPa. Extrapolated endset temperature at: , 11.17 MPa; , 31.20 MPa. The inset shows the relative 

experimental uncertainties and discrepancy between the measured and predicted melting 

temperatures. 

4.6.3 Multicomponent mixtures 

Measured Tmelt was determined for three C1 + C2 + C3 + C4 + solute multicomponent mixtures, where 

the solute was C6, benzene and p-xylene for Mixtures 6, 7 and 8, respectively. For all three mixtures, 

the system was cooled until pure solute solid partially froze out of solution. The system was then 

heated until the solid solute had completely melted back into solution. 
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Figure 4.18. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C2H6 + x3 

C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) C6H14 where x1 = 0.8433, x2 = 0.0312, x3 = 0.0167 and x4 = 0.0111 

at different heating rates. Heating curves: —, 0.10 K·min-1; —, 0.08 K·min-1; —, 0.05 K·min-1.  – –, 

Equilibrium SLE temperature predicted by Multiflash 4.4. 

Figure 4.18 shows the three heating thermograms produced at different scan rates and a constant 

pressure of 24.50 MPa for Mixture 6 containing C6 solute. The thermal peaks’ return-to-baseline 

slopes shift linearly towards the predicted SLE temperature, and the measured Tmelt was determined 

to be (155.94 ± 0.67) K. Figure 4.19 shows that Multiflash 4.4 overpredicts the SLE temperature by 

-2.4 K. This is a smaller deviation when comparing to those seen for Mixtures 3 and 4 (a valid 

comparison given the similar physical properties of C6 and C7 as aliphatic hydrocarbons differing by 

only one carbon). This is likely due to the addition of two intermediate components (C2 and C4), 

which further stabilise the interactions between C1 and C6 increasing the ideality of the system. 

Despite Multiflash 4.4 displaying a greater capability to predict SLE temperatures in multicomponent 

systems relative to binary and ternary systems, it still disagrees with the measured Tmelt; falling outside 

of its combined uncertainty, which may indicate opportunity for improvement. However, this could 

also be attributed to the notable smearing in the return-to-baseline slopes relative to other DSC 

measurements despite the linear shift with scan rate. 
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Figure 4.19. Comparison of the measured melting temperature at P = 24.50 MPa with the phase 

diagram predicted using Multiflash 4.4 for x1 CH4 + x2 C2H6 + x3 C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) 

C6H14 where x1 = 0.8433, x2 = 0.0312, x3 = 0.0167 and x4 = 0.0111. — calculated phase boundary; 

, extrapolated endset temperature. The inset shows the relative experimental uncertainties and 

discrepancy between the measured and predicted melting temperatures. 

Figure 4.20 shows the heating thermograms produced at three different scan rates and a constant 

pressure of 17.70 MPa for Mixture 7 containing benzene solute. This experiment was performed at a 

lower pressure to obtain measured Tmelt closer to the MCHE operating pressure range. To achieve this 

the mixture was cooled from ambient temperature to near the predicted SLE temperature at the 

pressure above the cricondenbar (≈ 27 MPa) that it was prepared at. The pressure was then lowered 

as close as possible to the MCHE operating pressure range (3 - 5 MPa) without crossing potential 

fluid phase boundaries predicted with Multiflash 4.4. This pre-experimental pathway is represented 

in Figure 4.21. Crossing fluid phase boundaries (i.e. VLE) will cause a phase split impairing the 

overall mixture composition and retracing back to a single phase will result in a heterogeneous 

mixture. 
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Figure 4.20. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C2H6 + x3 

C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) C6H6 where x1 = 0.6851, x2 = 0.0838, x3 = 0.0527 and x4 = 0.0275 

at different heating rates. Heating curves: —, 0.12 K·min-1; —, 0.12 K·min-1 (repeat); —, 0.10 

K·min-1; —, 0.08 K·min-1.  – –, Equilibrium SLE temperature predicted by Multiflash 4.4. 

There are two major distinctions from the thermograms associated with preceding mixtures. First, the 

thermal peaks are markedly offset from the predicted SLE temperature. In previous mixtures, the 

thermal peak onsets intersected the predicted SLE temperature line. Second, the baseline noise has 

increased from Φ ≈ (0.03 to 0.88) mW. This is likely due to operating near a secondary phase 

transition. Figure 4.21 shows the temperature step performed to produce the thermograms in relation 

to Mixture 7’s predicted phase behaviour. It indicates the potential existence of a phase region with 

two immiscible liquid phases in equilibrium (L1 + L2 region) at a slightly higher temperature and at 

the same experimental pressure. Since a positive temperature profile is maintained up the stem 

connecting the sample cell to the pressure-regulating pump, this phase transition is likely to occur in 

the stem near the cell and calorimetric block. Consequently, any heat effects resulting from a liquid 

to liquid-liquid (LLE) to VLE phase transition in the stem may affect the heat flow signal 

corresponding to the SLE transition inside the cell. Additionally, these transitions may cause the 

syringe pump to continually adjust its position to maintain constant pressure amplifying the noise in 
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the heat signal. A further possibility is that LLE may exist within the experimental temperature range 

if the predicted liquid to LLE phase transition temperature is inaccurate. However, Figure 4.20 shows 

no indication of thermal peaks associated with this phase split in addition to those seen for the solid 

transition. Another consideration is that no liquid phase exists within the temperature range at the 

operating pressure, and the phase transition measured is instead LLE to SLE. However, the interface 

between the two immiscible liquid phases inside the sample cell will likely create much greater 

variations in the resulting thermograms. 

 

Figure 4.21. Pressure, temperature phase diagrams depicting the predicted phase behaviour for 

Mixture 7 highlighting the liquid-liquid (L1 + L2) phase transition and its proximity to the 

experimental temperature step performed. The black lines, —, represent phase transitions; blue line, 

—, phase transition from liquid (L) to solid solute (SBz); red line, —, experimental temperature step 

pathway; red dashed line, – –, loading-to-experiment initial conditions pathway. L1 and L2 represent 

two immiscible liquid phases, V + L is vapour and liquid phases in equilibrium. G = gas. 

The repeatability of the measurements was tested at 0.12 K.min-1 to ensure their precision irrespective 

of these distinctions. Figure 4.22 shows that the linear dependence of the endset temperature with 

scan rate also occurs despite the distinctions, and the repeatability of the measurement at 0.12 K.min-
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1 is within their uncertainties. The measured Tmelt for Mixture 7 was determined to be (257.00 ± 0.77) 

K. 

 

Figure 4.22. Linear extrapolation of the heating thermograms’ endset temperature, ,  with heating 

rate for x1 CH4 + x2 C2H6 + x3 C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) C6H6 where x1 = 0.6851, x2 = 0.0838, 

x3 = 0.0527 and x4 = 0.0275. 

Figure 4.23 compares the measured Tmelt against the corresponding SLE temperature predicted using 

Multiflash 4.4. The predicted SLE depicts a flattening in the curve between xsolvent = 0.54 and 0.94, 

which is attributed to the proximity of the LLE phase behaviour. Multiflash 4.4 significantly 

underpredicts the SLE temperature by 9.4 K. This deviation is much larger than seen in previous 

mixtures and is likely attributed to the very different physical and chemical properties of the aromatic 

benzene solute relative to the lighter aliphatic hydrocarbons (C1 to C4) comprising the solvent. Given 

Multiflash 4.4’s increased accuracy to predict SLE temperatures in multicomponent systems as seen 

from the preceding mixture measurements, it can be hypothesised that even larger deviations could 

be expected from comparisons with measured binary systems containing benzene. This will be 

validated in Chapter 5 indicating a great need to improve SLE predictions for systems containing 

aromatic solutes. 
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Figure 4.23. Comparison of the measured melting temperature at P = 17.70 MPa with the phase 

diagram predicted using Multiflash 4.4 for x1 CH4 + x2 C2H6 + x3 C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) 

C6H6 where x1 = 0.6851, x2 = 0.0838, x3 = 0.0527 and x4 = 0.0275. — calculated phase boundary; 

, extrapolated endset temperature. The inset shows the relative experimental uncertainties and 

discrepancy between the measured and predicted melting temperatures. 

Figure 4.24 shows the thermograms produced at three different scan rates and a constant pressure of 

34.50 MPa for Mixture 8 containing p-xylene solute. The cooling thermogram (positive heat flow) 

shows that the freezing onset occurs at a higher temperature than predicted. This is a telling initial 

indicator that Multiflash 4.4 significantly underpredicts the true SLE temperature as it implies that no 

subcooling occurs. The inset shows significant smearing in the thermal peaks of the heating 

thermograms occurring over approximately double the temperature range compared to previous 

mixtures. This smearing corresponds to the much steeper gradient of the predicted T, x curve shown 

in Figure 4.25. The endset temperatures at (0.08 and 0.06) K.min-1 were determined, but too much 

smearing was observed at 0.04 K.min-1. Therefore, only two endset temperatures were used to 

determine the measured Tmelt. By using only two endset temperature points a perfect linear least 

squares fit had to be assumed, and was accounted for as an approximation error in the combined 

uncertainty of the measurement. To determine this error the coefficient of determination values from 
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previous measurements were averaged. The unmeasured endset temperature at 0.1 K.min-1 was 

estimated by solving an optimisation problem to equate the linear least squares fit coefficient with 

the averaged value. This scan rate was used to be consistent with the three most frequent scan rates 

associated with measurements from the previous mixtures. The approximation error was then 

determined as the difference between the extrapolated endset temperature (y-intercept) of this 

adjusted fit and the measured Tmelt (error ≈ 1.5 K). The measured Tmelt for Mixture 8 at 34.50 MPa 

was determined to be (277.49 ± 3.62) K. 

 

Figure 4.24. DSC thermograms of heat flow, Φ, versus temperature, T, for x1 CH4 + x2 C2H6 + x3 

C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) p-C8H10 where x1 = 0.6199, x2 = 0.1310, x3 = 0.0844 and x4 = 

0.0448 at different heating rates. Heating curves: —, 0.08 K·min-1; —, 0.06 K·min-1; —, 0.04 K·min-

1.  – –, Equilibrium temperature predicted by Multiflash 4.4. 

Figure 4.25 compares the measured Tmelt against the corresponding SLE temperature predicted using 

Multiflash 4.4. The predicted SLE depicts a much steeper gradient across the entire composition range 

compared to previous hydrocarbon systems. As with Mixture 7, which also contained an aromatic 

solute (benzene), Multiflash 4.4 underpredicts the SLE temperature, but by an even more significant 

margin of 21.5 K. This deviation is much larger than seen in previous mixtures and is likely attributed 
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to the very different physical and chemical properties of the aromatic p-xylene solute and lighter 

aliphatic hydrocarbons (C1 to C4) comprising the solvent. Therefore, there is a great need to improve 

SLE predictions for systems containing aromatic solutes. Chapter 5 will show that by anchoring the 

EOS-based SFE model to binary SFE data, improved model performance will result not only for 

binary, but also multicomponent hydrocarbon systems. 

 

Figure 4.25. Comparison of the measured melting temperature at P = 34.50 MPa with the phase 

diagram predicted using Multiflash 4.4 for x1 CH4 + x2 C2H6 + x3 C3H8 + x4 C4H10 + (1-x1-x2-x3-x4) 

p-C8H10 where x1 = 0.6199, x2 = 0.1310, x3 = 0.0844 and x4 = 0.0448. — calculated phase boundary; 

, extrapolated endset temperature. The inset shows the relative experimental uncertainties and 

discrepancy between the measured and predicted melting temperatures. 
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Table 4.6. Comparison of the melting temperatures and their corresponding uncertainties for the 

mixtures studied. 

a Pressure uncertainty = ± 0.25 % specified in the transducer manufacturer’s technical data sheet. 

  

Mixture 
Extrapolated Endset     

T /K 

SFE Model         

T /K 

Pressure 

/MPa 

2: x1 C1 + x2 C3 + (1-x1-x2) C7 

where x1 = 0.8534 and x2 = 0.1005 
154.37 ± 2.78 158.74 11.17 

3: x1 C1 + x2 C3 + (1-x1-x2) C7 

where x1 = 0.7996 and x2 = 0.1004 

165.34 ± 0.65 

167.34 ± 0.53 

162.46 

163.98 

11.12 

31.20 

4: x C1 + (1-x) C7  

where x = 0.8968 
172.64 ± 0.54 166.95 30.14 

5: x C1 + (1-x) C7  

where x = 0.7492 

173.89 ± 0.60 169.83 30.21 

6: x1 C1 + x2 C2 + x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) C6 
155.94 ± 0.67 158.34 24.50 

7: x1 C1 + x2 C2 + x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) CBz 
257.00 ± 0.77 247.60 17.70 

8: x1 C1 + x2 C2 + x3 C3 + x4 C4 + 

(1-x1-x2-x3-x4) Cp-xyl 
277.49 ± 3.62 255.99 34.50 
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4.7 Conclusions 

This chapter reported new cp and Tmelt data measured for hydrocarbon mixtures not studied previously 

under high pressure at cryogenic temperatures using the Setaram BT 2.15 DSC. The mixtures were 

analogues to natural gas differing only by the higher C5+ solute mole fractions necessary to avoid the 

thermogram smearing limitation of the scanning method. One key challenge of such measurements 

was addressed: the potential for vapour-liquid phase splitting under ambient conditions to preclude 

reliable mixture compositions upon loading into the in-situ apparatus. A novel method was developed 

to ensure a homogeneous, single phase mixture was prepared and loaded by employing high-pressure 

syringe pumps to pressurise above the predicted cricondenbar circumventing the vapour-liquid 

region. 

Table 4.3 to 4.5 list the cp measured in this chapter at (200 and 255) K and pressures between (10 and 

32) MPa, and are compared to the GERG-2008 EOS in Figures 4.4 to 4.6. Measurements are made 

for Mixtures 1, 2 and 3, which had x7 ≈ 0, 0.05 and 0.10, respectively. For Mixture 1 and 2, the 

measured cp at 200 K agree with the GERG-2008 EOS across the pressure range measured, while for 

Mixture 3 it agrees only above 22 MPa and deviates by up to 0.065·cp below this pressure. At 255 K, 

Mixture 1 diverges below 25 MPa with deviations increasing from (0.030 to 0.038) ·cp as pressures 

decrease from (24 to 21) MPa. At the same temperature, deviations increase from (0.041 to 0.077) ·cp 

as pressure decreases from (31.6 to 20.7) MPa for Mixture 2, and from (0.048 to 0.095) ·cp from (32.0 

to 20.6) MPa for Mixture 3. The divergent trend with decreasing pressure seen across all three 

mixtures was due to the increasing proximity of the critical point and vapour-liquid region where 

natural gas gathering, treating and processing plant equipment operate. This was increasingly 

amplified with the addition of C7 indicating that the GERG-2008 EOS may require regression to the 

new cp data to improve predictions within the measured temperature and pressure range for mixtures 

containing C7. However, the measured cp is dependent on accurate density predictions, which itself 
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is sensitive to conditions near the critical point, and must be measured in future work to validate the 

need to regress the GERG-2008 EOS to the new cp data. 

Table 4.6 lists the mixture Tmelt measured in this chapter at pressures between (11.12 and 34.50) MPa 

using the endset scanning method standardised in Chapter 3, together with corresponding predictions 

made using Multiflash 4.4. For the binary mixtures (Mixtures 5 and 4), which had x7 ≈ 0.25 and 0.10, 

the measured Tmelt differed from the predicted values by (4.1 and 5.7) K, respectively. The ternary 

mixtures (Mixtures 3 at 31.2 MPa and 2) also showed increased absolute deviations from (3.4 to -4.4) 

K for x7 ≈ 0.10 and 0.05, respectively. For all Mixtures 2 to 5, this is likely due to the increasing 

sensitivity of melting temperature on composition as the solute mole fraction decreases. This same 

sensitivity also affects DSC measurements both negatively reducing and smearing the signal to noise 

ratio; however, for the binary mixtures the measured Tmelt in this chapter were consistent with the 

trend of the literature data observed for x7 ≤ 0.0237. A comparison of Mixtures 3 and 4, which both 

had x7 ≈ 0.10, shows that the addition of C3 reduced the deviation from Multiflash 4.4 by 2.3 K. This 

is likely due to the C3 acting to stabilise the non-ideality between the C1 and C7 components. The 

multicomponent Mixture 6, which had x6 ≈ 0.10, differed from the predicted value by -2.4 K, and 

thus showed that additional intermediate components further reduce the absolute deviation, in this 

case, by 1 K compared to Mixture 3. The multicomponent mixtures with aromatic solutes (Mixtures 

7 and 8), showed deviations of (9.4 and 21.5) K, respectively, suggesting that the current state-of-the-

art SFE model does not adequately capture the interactions associated with the addition of an aromatic 

solute. The default binary interaction parameter (kij) values inherent to the EOS-based SFE model as 

implemented in Multiflash 4.4 were used for the comparisons in this chapter. These values are 

traditionally optimised by regressing to binary VLE data, which is often well studied and widely 

available. However, Chapter 5 will show that the above deviations and, more generally, the SFE 

predictions for natural gas systems can be significantly improved by instead regressing the kij to 

binary SFE data from both literature and the measured data presented in this chapter.
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Chapter 5. Optimisation of Solid-Fluid Phase Equilibrium Models 

This chapter is the capstone that unifies the existing SFE literature with the new data presented in 

Chapter 4; benchmarking the current state-of-the-art EOS-based SFE model (as detailed in Chapter 

2) to reveal significant discrepancies. Anchored to this data, the model will highlight substantial 

improvements to both binary and multicomponent hydrocarbon mixture SFE predictions, with 

minimal impact on VLE predictions. These modelled advancements represent a significant step 

towards mitigating the freeze-out of heavy hydrocarbons in the LNG plant’s MCHE. 

5.1 Introduction 

Despite the multitude of components that make-up processed natural gas as it enters the MCHE, the 

most prevalent to freeze-out are those with the highest normal melting points. While interaction 

between the various components also contribute to freeze-out, the normal melting point of any given 

component dominates and reflects its threshold solubility within a solution. Therefore, the higher a 

solute’s normal melting point, the lower its solubility in mixture. This underpins the choice of 

components selected for the literature search and are listed in Table 5.1 alongside their corresponding 

normal melting points. 

Table 5.1. Hydrocarbons searched in the literature as solutes in measured SFE mixture data. 

Solute Component Classification Normal Melting 
Point (K) a 

Data 
Available 

Butane C4 Alkane 134.85 Yes 
Isobutane isoC4 Alkane 113.55 No 
Pentane C5 Alkane 143.48 Yes 

Isopentane isoC5 Alkane 113.38 No 
Hexane C6 Alkane 177.80 Yes 
Heptane C7 Alkane 182.60 Yes 
Octane C8 Alkane 216.42 Yes 
Nonane C9 Alkane 219.68 Yes 
Decane C10 Alkane 243.45 Yes 

Cyclobutane cycloC4 Cycloalkane 182.55 No 
Cyclopentane cycloC5 Cycloalkane 179.75 No 
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Cyclohexane cycloC6 Cycloalkane 279.62 Yes 

Methylcyclopentane methylcycloC5 
Branched 

Cycloalkane 130.65 No 

Ethylcyclopentane ethylcycloC5 
Branched 

Cycloalkane 134.75 No 

Neopentane neoC5 
Double-Branched 

Cycloalkane 
256.78 No 

Benzene Bz Aromatic 278.71 Yes 
Ethylbenzene ethylBz Aromatic 178.20 No 

Toluene Tol Aromatic 178.25 Yes 
meta-Xylene m-xyl Aromatic 225.30 No 
ortho-Xylene o-xyl Aromatic 247.99 No 
para-Xylene p-xyl Aromatic 286.45 Yes 

     a Normal melting points cited from Haynes, W. M. (2015) [119]. 

Given the high pressure (3 - 5 MPa), low temperature (down to 111 K) operating conditions of the 

MCHE and that normal melting point increases with carbon number, the components listed in Table 

5.1 are primarily C5+ components susceptible to freeze-out including aliphatic compounds (i.e. 

hexane, heptane, octane), BTEX aromatics (benzene, toluene, ethylbenzene and (p, m, o)-xylenes), 

and cyclic compounds – of which only cyclohexane has available data. Simulations have shown that 

the typical concentration range of C5+ components in the MCHE feed at the above operating 

conditions are susceptible to freeze-out [120]. The solvent make-up of the multicomponent mixtures 

identified in the literature are near-analogues to natural gas systems and, thus, are methane-dominant 

with a combination of intermediate components including ethane, propane, butane and isobutane. The 

solid solubility of C5+ components in such solvents and at conditions corresponding to the MCHE are 

difficult to measure and, consequently, experimental SFE data are scarce. Therefore, due to the 

limited range of SFE data and mixtures studied in the literature, not all components listed in Table 

5.1 were found to have been measured. Those with available data are used for the comparison and 

optimisation that follows in this chapter.  

The inclusion of a solid phase can increase the complexity of the phase behaviour in a hydrocarbon 

mixture [121]. This is best illustrated through pressure-temperature phase diagrams. To better 
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understand SFE in hydrocarbon mixtures, a comparison of all available SFE experimental data against 

the EOS-based SFE model as described in Chapter 2 has been performed. This analysis benchmarks 

the model’s efficacy to predict SFE in natural gas analogues and quantifies the extent required for 

model improvement. Despite the very lean C5+ feed composition range (Table 1.1) and specific 

MCHE operating conditions, the analyses in this chapter include a much wider PTx range where the 

measured data is available. This provides a more holistic view of the SFE phase behaviour to aid 

understanding of such systems as well as to identify if a generally more robust EOS-based SFE model 

can be achieved. To enable a thorough interpretation of the data comparisons, Figure 5.1 depicts 

pressure-temperature phase diagrams profiling the complete phase equilibria for the methane + 

heptane system snapshotting four different compositions. Similarly, Figure 5.2 depicts how the 

addition of different intermediate components in this case, ethane and propane, affect the phase 

behaviour of the methane + heptane system. These profiles were drawn using the current capability 

of the EOS-based SFE model as implemented in Multiflash 4.4. 

 

Figure 5.1. Pressure, temperature phase diagrams depicting the complete phase equilibrium profile 

for C1 + C7 at x7 = 0.5 (top-left), x7 = 0.25 (top-right), x7 = 0.1 (bottom-left) and x7 = 0.01 (bottom-

right). —, represents phase transitions, —, phase transition from liquid (L) to solid solute (SC7), red 
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line, —, represents the locus along which lies the solid, liquid and vapour phases in equilibrium 

(SLVE) and the phase transition from vapour-liquid equilibrium (V+L) to solid (-solute) (SC7)-vapour 

equilibrium (SVE). The yellow dot, , represents the Q point, where SC7, the two immiscible liquid 

phases (L1 and L2) and vapour phase are in equilibrium. G = gas, SC1 = solid solvent (methane). The 

red zone represents the MCHE operating window, highlighting the solid freeze-out risk zone as it 

crosses SFE phase boundaries. 

 

Figure 5.2. Pressure, temperature phase diagrams depicting the effect of adding an intermediate 

solvent component on phase equilibria at x7 = 0.1 for 0.9C1+C7 (left), (b) 0.8C1+0.1C2+C7 (middle) 

and 0.8C1+0.1C3+C7 (right). —, represents phase transitions, —, phase transition from liquid (L) to 

solid solute (SC7), —, represents the locus along lies the solid, liquid and vapour phases in equilibrium 

(SLVE) and the phase transition from vapour-liquid equilibrium (V+L) to solid (-solute) (SC7)-vapour 

equilibrium (SVE). The yellow dot, , represents the Q point, where SC7, the two immiscible liquid 

phases (L1 and L2) and vapour phase are in equilibrium. G = gas, SC1 = solid solvent (methane). The 

red zone represents the MCHE operating window, highlighting the solid freeze-out risk zone as it 

crosses SFE phase boundaries. 

Such comparisons are important to both to visualize where a SFE temperature may lie for a given 

pressure and composition as well as to how SFE phase boundaries shift, particularly, at leaner solute 

mole fractions relevant to the MCHE. Both Figures 5.1 and 5.2 reveal the prevalence of LLE phase 

behaviour within close proximity of the SLE line and SLVE locus. The LLE phase is shown to be 

influenced by solute composition and the intermediate components present in a multicomponent 

mixture. Additionally, mixtures with aromatic and cyclic solutes have been predicted to exhibit more 

complex behaviour such as retrograde condensation or retrograde solubility. Therefore, identifying 

complex phase behaviour via this visual method allows for greater understanding when interpreting 

deviations that arise when benchmarking against measured data. Following a comparison of the SFE 

phase behaviour with measured data, a robust computational method developed in this work is 
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employed to optimise (tune) the kij parameter to the best possible fit with the data. The source of the 

current default kij values employed by Multiflash 4.4 are not explicitly stated by KPR Advanced 

Technologies. However, kij values are generally known to derive from tuning to VLE data usually at 

or above room temperature [121], which are available for many systems due to their ease of 

measurement. This hypothesis was tested by tuning the PRA EOS kij parameter as implemented in 

Multiflash 4.4 for the methane + toluene mixture to available VLE data, which produced a similar 

value to Multiflash 4.4’s default value. Ye et al. (2014) described the development of a method for 

regression to SFE data as a laborious and time-consuming task [122]. However, de Hemptinne (2005) 

suggested this as a point of progress for future work [121]. Previous EOS tuning of hydrocarbon 

mixtures to SFE data has been reported, but only for limited systems and without a detailed 

description of the method employed [35, 123]. This chapter outlines the development of a robust 

method for tuning the EOS-based SFE model. It also addresses the complications seen and overcome, 

and discusses the significance of the improvements in the model’s predictions. This computational 

method is applied to the tuning of all mixtures with available data from the comprehensive list of 

components in Table 5.1. 

5.2 Approach to tuning solid-fluid equilibrium models to experimental data 

The EOS-based SFE model was chosen in Chapter 2 to form the thermodynamic framework for this 

LNG production application because of the robustness and commonplace use of cubic EOS in 

industry. Additionally, it offers the capability to anchor the EOS-based SFE model described by 

Equations 2.4 to 2.17 and as implemented in Multiflash 4.4 to available SFE data. Figure 5.3 depicts 

the logic flow developed in this work to tune the kij parameter inherent to the PRA EOS to SFE data. 
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Figure 5.3. Logic flow for comparing and tuning measured SFE data to the combined EOS-based 

SFE model output from Multiflash 4.4. Here P is pressure, T is temperature, Tmelt is the melting 

temperature (measured and predicted), Tguess is the guess input temperature, z is the overall molar 

composition, si is the amount of component i solid present, l is the amount of liquid present, v is the 

amount of vapour present, and kij is the binary interaction parameter. 
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Comparisons between the SFE data and predictions are initially made using Multiflash 4.4’s 

compatibility with Microsoft Excel 2013 through a software add-in. This enables its functionality 

suite to be utilised in conjunction with Excel’s analytical tools. A flash at each measured data point 

using the known pressure and overall composition is set up to output the predicted SFE temperatures.  

The root mean square deviation (RMS) of the residual between the measured and predicted SFE 

temperatures is calculated across the entire dataset using Equation 5.1. 

       
( ) ( ) ( )2 2 2

exp exp exp1 2
...erimental calculated erimental calculated erimental calculated n

T T T T T T
RMS

n

− + − + + −
=           (5.1) 

Where n is the number of data points, and Texperimental and Tcalculated are the measured and predicted 

SFE temperatures, respectively. The optimisation objective of tuning is to minimise this RMS 

deviation for a given mixture by adjusting the kij value. Upon convergence to the global minima 

(Figure 5.4) the corresponding kij value can be input into Multiflash 4.4 to improve SFE predictions 

across the pressure and compositional range of the data used. 

 

Figure 5.4. Global minimisation of the RMS with respect to kij for the methane + benzene mixture. 

The global minimum is found when the first derivative of the RMS with respect to kij is set to zero 

and solved for RMS. , kij values that have been run through the logic flow (see Figure 5.3), —, 
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parabolic trend when approaching the global minimum, ---, tangent line corresponding to a zero 

derivative (slope). 

Figure 5.5 shows that multiple flash solutions (temperatures) may exist at a given pressure and overall 

composition, where a solid phase is in equilibrium with one or more fluid phases. This is most 

prevalent with SLVE data and poses an issue when flashing at a known pressure and overall 

composition, which only converges to the highest temperature where solid coexists with a fluid phase, 

while the measured phase equilibrium may have been one at a lower temperature. To avoid this issue, 

a flash calculation using the experimental pressure and an initial guess temperature can be employed 

to output the mole fraction of each phase present. An iterative search can then be performed by 

flashing at incremental temperature intervals across the realistic range in which all solutions will 

occur. The true flash solution is identified where the change in phase equilibria is consistent with the 

experimental measurement. 

 

Figure 5.5. P, T phase diagram of the SLVE locus for the methane + hexane mixture illustrating the 

discrepancies between experimental data [69, 75, 124] and  Multiflash 4.4 predictions when (a) 

flashing at known pressure and overall composition (z), and (b) flashing at known pressure and 

temperature. 

5.3 Tuning solid-fluid equilibrium models to binary mixture data 

To demonstrate this approach to tuning and its capacity to significantly improve SFE predictions, 

Table 5.2 summarises and compares the RMS deviations resulting from application of both the default 

and SFE-tuned kij values for all binary mixtures with solutes from those listed in Table 5.1 and their 

available data. Discussion of selected mixtures following Table 5.2 were chosen to 1) illustrate the 
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degree of improvement, 2) highlight unique insights, and 3) discuss those most susceptible to freeze-

out in the MCHE. Table 5.2 summarises the results for these binary mixtures stating the default and 

SFE-tuned kij values and corresponding RMS deviation, the measured datasets used in the analysis, 

and their temperature, pressure and solute composition ranges. Erroneous datasets and data points 

without complete PTx recordings were excluded from these comparisons. Erroneous data was 

identified by performing a consistency check against the trend of independently measured datasets. 

However, this was only possible for mixtures with multiple datasets measured within similar PTx 

ranges, which was limited due to the scarcity of data available. A flash calculation could in certain 

cases be used to determine the bubble point pressure at a measured SLVE temperature and 

composition to identify where along the SLVE locus the data point was measured for points with no 

stated pressure.
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Table 5.2. Summary of Multiflash 4.4 predictions for binary hydrocarbon mixtures comparing default and SFE-tuned kij values. 

Mixture Default Tuned T Range P Range xsolute fraction 
Literature Sources 

xsolute xsolvent kij RMS (K) kij RMS (K) K MPa mol/mol 

C4 C1 0.0247 1.30 0.0288 0.772 106 – 129 0.094 – 0.177 0.1098 – 0.8115 [124, 125] 

C5 
C1 0.02861 2.11 0.0330 0.34 92 – 143 0.230 – 10.420 0.002 – 0.674 [54, 69, 124-126] 

iC5 0 3.52 -0.0110 2.57 113 – 140 0.101 0 - 1 [127] 

C6 
C1 0.03203 3.02 0.0424 0.79 94 – 177 0.164 – 13.200 0.0000349 – 0.944 [54, 66, 69, 75, 124] 

iC5 0 1.31 -0.0033 1.08 113 – 179 0.101 0 - 1 [128] 

cycloC6 

C1 0.03156 5.21 0.0540 1.80 154 – 280 0.942 – 7.598 0.0031 - 1 [42] 

C2 0.03111 23.78 0.0485 8.63 145 – 225 0.096 – 0.210 0.097 – 0.9335 [43] 

C3 0.03014 9.35 0.0381 6.76 157 – 245 0.047 – 0.076 0.1745 – 0.864 [129] 

C4 0.0274 13.55 0.0372 9.32 156 – 263 0.046 0.1872 – 0.9799 [129] 

C6 0 6.32 0.0090 4.43 171 – 280 0.101 0 - 1 [130] 



Chapter 5 

108 | P a g e  
 

C8 0 0.40 0.0009 0.35 200 – 280 0.101 0 – 1 [131, 132] 

Bz 0 8.99 0.0340 3.56 104 – 394 0.101 – 323.200 0 - 1 [131, 133-137] 

Tol 0 15.11 0.0354 4.94 168 – 279 0.101 0 - 1 [138] 

C7 C1 0.03507 4.86 0.0481 0.89 
94 – 181 

172 – 174 

0.370 – 9.580 

30.14 – 30.21 

0.0000091 – 0.903 

0.7492 & 0.8968 

[54, 65, 72] 

Chapter 4 

C8 

C1 0.037762 0.43 0.0497 0.266 156 – 216 0.101 – 7.143 0.000214 – 1 [42, 67, 124, 139] 

C2 0.03731 5.80 0.0288 5.58 150 – 210 0.073 – 0.165 0.00553 – 0.701 [44] 

C6 0 1.04 0.0054 0.71 198 – 213 0.101 0.1370 – 0.6848 [110] 

C7 0 2.25 -0.0103 0.77 180 – 215 0.101 0 - 1 [140] 

C9 C1 0.04016 2.30 0.0819 0.77 162 – 219 0.101 – 10.133 0.0003 - 1 [68, 124] 

C10 

C1 0.0423 0.19 0.0483 0.06 237 – 244 0.101 – 7.093 0.595 – 1 [141] 

C2 0.04185 2.49 0.0110 1.27 165 – 235 0.086 – 0.483 0.000938 – 0.5953 [44] 

C3 0.04087 5.59 0.0054 0.28 177 – 240 0.031 – 0.069 0.1941 – 0.99494 [142] 
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C4 0.0381 16.21 0.0006 0.40 166 – 239 0.046 0.002153 – 0.7477 [129] 

C7 0 8.14 -0.0261 1.03 182 – 243 0.101 0 - 1 [140] 

C8 0 3.30 -0.0240 1.22 212 – 243 0.101 0 - 1 [140] 

Bz 

C1 0.03011 10.95 0.0723 1.56 90 – 290 0.101 – 78.095 0.00000039 – 0.9815 [54, 75, 77, 143] 

C2 0.02966 10.56 0.0520 0.97 97 – 275 0.075 – 0.988 0.00002 – 0.95 [43, 143] 

C3 0.0287 5.26 0.0408 0.93 96 – 277 0.025 – 0.159 0.000042 – 0.9831 [129, 143, 144] 

C4 0 17.76 0.0331 2.42 139 – 272 0.048 – 0.101 0.00263 – 0.901 [129, 143] 

C6 0 4.61 0.0072 3.57 179 – 279 0.101 0 - 1 [143] 

C7 0 3.99 0.0143 1.22 182 – 279 0.101 0 - 1 [145] 

C8 0 3.03 0.0102 1.32 214 – 279 0.101 0 - 1 [131] 

Tol 0 9.81 -0.0200 5.22 170 – 279 0.101 0 - 1 [136, 146] 

ethylBz 0 5.17 -0.0095 2.13 175 – 279 0.101 0 - 1 [147] 

m-xyl 0 3.09 -0.0085 1.59 213 – 279 0.101 0 - 1 [136] 
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o-xyl 0 1.20 -0.0002 1.20 230 – 279 0.101 0 - 1 [147] 

ethylBz 
C7 0 1.59 0.0160 0.14 173 – 183 0.101 0 - 1 [148] 

Tol 0 0.73 0.0016 0.62 157 – 179 0.101 0 - 1 [147] 

Tol 

C1 0.03337 30.65 0.0844 1.625 92 – 166 0.390 – 13.410 0.99733 – 0.999996 [54, 149] 

C3 0.03194 6.45 0.0390 0.64 110 – 160 0.101 0.00519 – 0.2723 [150] 

C7 0 1.02 0.0153 0.14 173 – 183 0.101 0 - 1 [148] 

m-xyl Tol 0 5.30 -0.0165 2.21 168 – 223 0.101 0 - 1 [146] 

o-xyl 
Tol 0 1.06 0.0007 1.02 176 – 248 0.101 0 - 1 [147] 

m-xyl 0 1.22 -0.0009 1.21 208 – 248 0.101 0 - 1 [151] 

p-xyl 

C1 0.03625 2.44 0.0926 0.41 277 – 286 0.100 – 28.100 0.4833 – 1 [152] 

Bz 0 0.55 -0.0016 0.52 251 – 286 0.101 0 - 1 [130, 136, 147] 

ethylBz 0 0.70 -0.0024 0.35 178 – 286 0.101 0 - 1 [153] 

Tol 0 1.96 -0.0023 1.72 177 – 286 0.101 0 - 1 [147, 153, 154] 
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m-xyl 0 1.84 -0.0006 1.83 216 – 298 0.101 – 177.000 0 - 1 [151, 155] 

o-xyl 0 1.3 -0.0015 1.25 236 – 286 0.101 0 - 1 [151] 
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Table 5.2 shows that significant RMS improvements are achieved by tuning the kij parameter to SFE 

data in comparison to predictions with the default kij values. These improvements range from 0 % for 

the o-xylene + benzene mixture to 98 % for the butane + decane mixture with an average improvement 

of 52 %. The greatest absolute improvement was for the methane + toluene mixture where the RMS 

deviation reduced from (30.7 to 1.6) K. Mixtures composed of similar compounds (i.e. cyclohexane 

+ hexane) required minimal tuning to optimise the RMS deviation. Molecular size and property 

differences between interacting compounds are often accounted for in cubic EOS predictions by 

regressing the kij parameter. Hence, the most significant improvements are seen between compounds 

with the largest differences in molecular size and properties (i.e. methane + toluene). However, this 

is not the sole factor attributing to the RMS improvements as seen with the binary decane mixtures, 

where butane + decane improved by 98 % and methane + decane by 68 %. This is likely due to the 

PTx range and SFE phase equilibria studied. The methane + decane data were measured over a very 

limited range relative to butane + decane. Although the datasets for both binary mixtures were 

measured along SLVE loci,, Multiflash 4.4’s ability to predict SLVE temperatures can vary widely. 

Therefore, this further emphasises the need for additional data. The T, x phase diagrams that follow 

in this section illustrate key results from Table 5.2. While convention dictates that model predictions 

be represented by smoothed lines, the diagrams show the predicted values (corresponding to the 

measured data points) as points along the line. Unlike traditional T, x phase diagrams which are 

isobaric, the pressure is different for each data point, and (short of illustrating as a 3-dimensional PTx 

diagram), this format was considered the most appropriate for clarity when visually comparing 

individual data points as well as trends between the measured, default kij and SFE-tuned kij 

predictions. 

Comparisons for the methane + hexane and methane + heptane binary mixtures are shown in Figure 

5.6 (a-b) and (c-d), respectively. The measurements for the methane + hexane mixture were acquired 

at pressures from (0.2 to 13.2) MPa along both the SLVE locus and SLE line. Multiflash 4.4 can 

capture the pressure dependence of the data across the entire compositional range using its default kij 
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with a RMS deviation of 3 K. Using the tuning method described above, the RMS was reduced to 0.8 

K without comprising the pressure dependence. Additionally, with the default kij, Multiflash 4.4 was 

unable to converge to the measured phase equilibria at xC7 = 0.0075, 0.064 and 0.195 along the SLVE 

locus suggesting the underlying model did not detect its existence. After tuning to the measured data, 

not only did Multiflash 4.4 predict the existence of these data points, but it also agreed with them to 

within 0.5 K. 

 

Figure 5.6. Solubility curves for methane + hexane at (a) xC6 < 0.01 and (b) xC6 ≥ 0.01, and methane 

+ heptane at (c) xC7 = 0 to 1 and (d) xC7 > 0.1, comparing Multiflash 4.4 with — default kij and — 

tuned kij against experimental data [54, 66, 69, 72, 75, 124]. 

The tuning results for this mixture were compared with Zhang et al. (2011) [35], who used the same 

EOS-based SFE model, but with the Soave-Redlich-Kwong (SRK) EOS. Therefore, to mitigate 

indirect deviations, the tuning results shown in Figure 5.6 have been analysed using the SRK EOS 

with the same measured datasets. The comparison shows that the two sets of tuned results disagree 
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with each other. Upon further evaluation, it was found that Zhang smoothed the results by using an 

average pressure input across all the predictions. However, this assumes pressure has an insignificant 

effect on the solid-fluid phase equilibria, which is not the case for SLVE. Additionally, Zhang failed 

to identify the potential for multiple solutions within a specified PTx space. For such points this will 

have resulted in convergence of the flash calculation to the highest melting temperature despite not 

corresponding to the actual phase equilibrium temperature measured. 

The measurements for the methane + heptane mixture were acquired at pressures from (0.4 to 9.6) 

MPa along both the SLVE locus and SLE line. Using the default kij, Multiflash 4.4 can capture the 

pressure dependence of the data at xC7 < 0.1 as shown in Figure 5.6 c, but diverges from xC7 = 0.9 to 

0.54 with a significant local deviation at xC7 ≈ 0.54 as shown in Figure 5.6 d. This divergence 

increases as the apex of the SLVE locus is approached. This means that the two melting temperature 

solutions (one each side of the locus) become closer and more sensitive to changes in pressure and 

composition, which can be difficult to capture within the model. The RMS deviation for the default 

kij across all datasets is 4.8 K. By applying the tuning method, the RMS was minimised to 0.63 K. 

This resolved the divergence issue and captured the pressure dependence across the entire 

compositional range. 

Figure 5.7 shows tuning comparisons for a series of binary mixtures with benzene. The mixtures 

presented include methane + benzene (a-b), ethane + benzene (c) and propane + benzene (d). The 

measurements for the methane + benzene mixture were acquired at pressures from (0.1 to 78.1) MPa 

along both the SLVE locus and SLE line. Multiflash 4.4 can capture the pressure dependence of the 

data across the entire compositional range using its default kij. However, divergence from the 

measured data is seen from xC1 = (0.48 to 0.92) and (0.028 to 0.28). Across all datasets, the RMS 

deviation with the default kij is 11 K. With the tuning method, these divergences were removed and 

the RMS was reduced to 1.6 K without compromising the pressure dependence. At xC1 = 0.99892, the 

tuned prediction overshoots the measured SLE point by 22 K and deviates from the trend of the 
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measured data, while the default prediction could match the trend. This is due to a shift in the SLVE 

locus with tuning, which resulted in the presence of SLVE point approximately 5 K above the 

predicted SLE point that did not previously exist. This did not occur with any other data point in the 

set and within this general PTx space. Consequently, the appearance of the SLV at this pressure and 

composition has adversely affected the SLE point at a lower temperature. 

 

Figure 5.7. Solubility curves for methane + benzene at (a) xC1 < 0.99 and (b) xC1 > 0.99, ethane + 

benzene at (c) xC2 > 0.2, and propane + benzene at (d) 0 ≤ xC3 ≤ 1, comparing Multiflash 4.4 with — 

default kij and — tuned kij against experimental data [43, 54, 75, 77, 129]. 

The measurements for the ethane + benzene and propane + benzene mixtures were acquired at 

pressures from (0.07 to 0.10) MPa and (0.02 to 0.18) MPa, respectively, both along both the SLVE 

locus. Multiflash 4.4 can capture the pressure dependence of the data across the entire compositional 

range using its default kij. However, it diverges as the composition of ethane and propane increase. 

Across all datasets, the RMS deviations with the default kij with ethane and propane are (10.6 and 
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5.3) K, respectively. With the tuning method, these divergences were minimised for both the ethane 

and propane mixtures with an RMS of (1 and 0.9) K, respectively. Across all three mixtures a trend 

exists where the RMS decreases with increasing solvent hydrocarbon number, or more specifically, 

as the molecularity of the solvent and solute hydrocarbons become more similar. 

 

Figure 5.8. Solubility curve for methane + toluene comparing Multiflash 4.4 with — default kij and 

— tuned kij against experimental data [54]. 

Figure 5.8 shows tuning comparisons for the methane + toluene mixture, which showed the largest 

absolute RMS improvement upon tuning. The SLE measurements for the methane + toluene mixture 

were acquired at pressures from (5.8 to 13.4) MPa. Multiflash 4.4 is unable to capture the pressure 

dependence using the default kij as can be seen between xC1 = 0.99925 and 0.99945 where the 

measured data are flat. At xC1 = 0.999826 the eutectic point is predicted despite the measured data 

showing that it occurs at a composition much leaner in toluene. Additionally, a much larger deviation 

than other mixtures can generally be seen below the predicted eutectic composition. The combined 

effect of these two attributes resulted in the significant improvement. Across all datasets, the RMS 

deviation with the default kij is 30.7 K. Upon tuning the eutectic point shifted towards the measured 

data and the RMS was reduced to 1.6 K without compromising the pressure dependence. 



Chapter 5 

117 | P a g e  
 

 

Figure 5.9. Solubility curves for propane + toluene at (a) xC3 > 0.7 and, heptane + toluene at (b) 0.2 

> xC7 > 0.45 comparing Multiflash 4.4 with, —, default kij and, —, tuned kij against experimental data 

[148, 150]. 

Figure 5.9 shows tuning comparisons for two additional toluene binary mixtures with (a) propane and 

(b) heptane. The SLE measurements for both mixtures were acquired at atmospheric pressure. For 

the propane + toluene mixture, the RMS difference between Multiflash 4.4 and the measured data 

increases with increasing propane composition. Figure 5.9a shows that this RMS difference is 

minimized with tuning from (6.6 to 0.64) K. The heptane + toluene mixture is shown to have a eutectic 

composition much richer in toluene estimated at xC7 ≈ 0.35. This is due to the molecular size similarity 

between heptane and toluene (despite their structural differences). The RMS difference between 

Multiflash 4.4 and the measured data increases using the default kij as the heptane composition 

approaches the eutectic point. Tuning minimises this RMS difference from (1 to 0.1) K. 

5.4 Effect of tuning to solid-fluid equilibrium data on VLE EOS predictions 

The binary tuning results discussed in Section 5.3 show significant improvement in Multiflash 4.4’s 

efficacy to predict SFE phase behaviour and are promising for application in freeze-out prevention 

within natural gas processing and LNG production. However, just as SFE predictions were poor in 

part due to the default kij values (commonly VLE-tuned) or in some cases no tuning (kij = 0), a similar 

consequence may exist for VLE predictions with application of the SFE-tuned kij values. The simplest 

solution is to incorporate two kij subsets into Multiflash 4.4 - one each for SFE and VLE tuning. 
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Irrespective this section explores the impact of the SFE-tuned kij parameters on VLE predictions 

relative to VLE-tuned kij values. The methane + toluene system is assessed as it showed the greatest 

RMS improvement and, subsequently, the largest change in the kij value to best illustrate the impact. 

 

Figure 5.10. Deviations of the measured C1 liquid mole fraction (xexperimental) [156-158] from values 

calculated with the PRA EOS using Multiflash 4.4 (xMultiflash) as a function of C1 liquid mole fraction 

(xC1) for the methane + toluene system. , default kij and , SFE-tuned kij. 

Figure 5.10 shows a deviation plot comparison of measured and predicted methane liquid 

compositions in the VLE phase region for the methane + toluene binary. An independent tuning to 

VLE data was performed, which resulted in a similar kij to that used in Multiflash 4.4 indicating that 

the default kij is VLE-tuned. The distribution of the deviations exhibits a positive divergence of the 

data from the PRA EOS with increasing liquid methane mole fraction for both kij sets. This divergence 

occurs due to degradation of the cubic EOS predictions as the critical point is approached and is a 

known limitation of these models [32, 60]. The use of the SFE-tuned kij value amplifies this near-

critical divergence. However, given this inherent limitation of the cubic EOS, consideration is 

prioritised to its impact where the model is reliable, in this case, for xC1 ≤ 0.41. The RMS deviation 

for the data using the default kij value is 0.0332 mole fraction. This is only slightly worsened using 

the SFE-tuned kij value with an RMS deviation of 0.0379 mole fraction. Therefore, the significant 
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change in the kij value from 0.03337 to 0.0844 upon tuning to SFE data is shown to only have a minor 

negative effect on the PRA EOS efficacy to reliably predict PTxy in the VLE region. 

5.5 Effect of binary tuning on multicomponent solid-fluid equilibrium predictions 

Processed natural gas entering the MCHE is a complex, multicomponent system with varying feed 

composition dependent on the changing operational conditions and efficiency in upstream unit 

operations. Ideally, the EOS-based SFE model should be benchmarked against high quality measured 

data across the entire PTx range based on the feed composition and MCHE operating conditions. The 

following available data and range of relevant multicomponent mixtures measured as stated in Table 

5.3, although limited, is sufficient to analyse the impact from applying the new SFE-tuned kij values 

on the model performance. Thus, it will determine whether this approach can help address the MCHE 

C5+ freeze-out issue. The scope of mixture solutes searched in the literature was confined to the 

components listed in Table 5.1 with the solvent only comprising light hydrocarbons (carbon number 

less than 4) and/or components also listed in Table 5.1. The SFE-tuned kij values from Table 5.2 for 

all solvent-solute binary pairings in each multicomponent mixture are applied as a set. For example, 

for the methane + ethane + propane + cyclohexane mixture, the kij set will include the SFE-tuned kij 

values for methane + cyclohexane, ethane + cyclohexane and propane + cyclohexane. No changes 

are made to the solvent-solvent (or untuned solvent-solute) binary pairings and their default kij values 

are retained. Table 5.3 compares the RMS deviations corresponding to predictions using the default 

and SFE-tuned kij sets. It also states the measured datasets included, and their temperature, pressure 

and solute composition ranges. 
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Table 5.3. Summary of Multiflash 4.4 predictions for multicomponent hydrocarbon mixtures comparing default and SFE-tuned kij values. 

Mixture Default Tuned T Range P Range xsolute fraction Range Literature 

Sources xsolute xsolvent RMS (K) RMS (K) K MPa mol/mol 

C6 

C1 + C2 2.39 2.01 115 – 155 0.12 – 0.85 0.0018 – 0.2039 [124] 

C1 + C3 1.99 1.97 120 – 153 0.16 – 0.61 0.0065 – 0.1578 [124] 

C1 + C2 + C3 + C4 2.40 4.95 155 24.50 0.0977 Chapter 4 

cycloC6 

C1 + C2 64.80 48.05 136 – 178 0.38 – 2.35 0.00388 – 0.1035 [73] 

C1 + C2 + C3 31.50 11.72 160 – 256 1.29 – 3.17 0.03474 – 0.88781 [159] 

C1 + C2 + C3 + C4 + iC4 18.89 7.82 161 – 258 0.82 – 1.56 0.1359 – 0.8992 [159] 

C3 + Bz 7.83 3.41 226 – 262 0.01 – 0.10 0.11472 – 0.85680 [144] 

C7 

C1 + C2 2.18 1.00 146 – 174 0.78 – 2.58 0.0061 – 0.5861 [41, 70] 

C1 + C3 1.85 0.29 
150 – 168 

165 & 167 

0.99 – 1.93 

11.12 & 31.20 

0.0083 – 0.3519 

0.1000 

[70] 

Chapter 4 
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C1 + C4 1.30 0.34 151 – 171 1.02 – 1.84 0.0164 – 0.4336 [70] 

C8 

C1 + C2 2.55 2.81 159 – 193 0.59 – 4.00 0.000838 – 0.023900 [41, 70, 73] 

C1 + C3 0.53 0.82 168 – 199 2.04 – 5.06 0.00116 – 0.10810 [70] 

C1 + C4 0.61 0.67 167 – 190 1.93 – 4.02 0.00206 – 0.02070 [70] 

C1 + C2 + C3 0.68 0.59 157 – 195 1.24 – 4.64 0.000431 – 0.158159 [71, 159] 

C1 + C2 + C6 2.17 3.69 178 – 186 2.81 – 3.33 0.00313 – 0.01336 [41] 

C1 + C3 + C6 0.82 0.79 178  – 188 2.62 – 3.71 0.00479 – 0.02150 [70] 

C1 + C4 + C6 0.62 0.54 173 – 192 2.31 – 4.33 0.00387 – 0.05680 [70] 

C1 + C2 + C3 + C4 0.22 0.23 158 – 196 1.35 – 4.64 0.00079 – 0.01735 [71] 

C1 + C2 + C6 + C7 2.75 4.12 166 – 181 1.75 – 3.05 0.00242 – 0.09388 [41] 

C1 + C2 + C3 + C4 + iC4 1.74 1.93 167 – 196 0.93 – 1.85 0.021084 – 0.251702 [159] 

C1 + C2 + C3 + C4 + C6 0.56 0.37 158 – 193 1.35 – 4.26 0.0010 – 0.0207 [71] 

C10 C7 + C8 5.72 2.79 179 – 238 0.10 0.01500 – 0.75730 [140] 
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Bz 

C1 + C2 39.23 0.89 156 – 191 1.07 – 3.95 0.000474 – 0.003900 [73] 

C1 + C2 + C3 2.46 2.68 201 – 274 1.53 – 16.04 0.011091 – 0.930830 [159] 

C1 + C2 + C3 + C4 9.40 1.35 257 17.70 0.1509 Chapter 4 

C1 + C2 + C3 + C4 + iC4 3.63 5.87 178 – 261 1.32 – 3.18 0.016450 – 0.809463 [159] 

p-xyl 

C1 + C2 + C3 2.97 6.87 205 – 283 1.90 – 16.28 0.00386 – 0.87932 [159] 

C1 + C2 + C3 + C4 21.50 11.25 277.49 34.50 0.1199 Chapter 4 

C1 + C2 + C3 + C4 + iC4 0.86 1.39 190 – 230 1.73 – 3.55 0.00464 – 0.03593 [159] 
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Table 5.3 shows that RMS improvements for multicomponent mixtures are variable, but with notable 

amelioration in certain mixtures, when replacing the default kij values for all solvent-solute pairings 

with the SFE-tuned kij values. Half of the mixtures show insignificant (RMS less than 1 K) changes 

(worsen or betterment) when comparing predictions between both kij sets. The RMS of five mixtures 

worsen, but remain within 4 K of the measured data. Double (10 mixtures) show improvements, many 

which are significant by up to 38 K. The greatest improvement was seen in the methane + ethane + 

benzene mixture where the RMS decreased from (39.2 to 0.9) K. There are no clear patterns 

associated with the type of mixture components for those that worsened. However, all mixtures that 

showed significant improvement had either a cyclic or aromatic solute. Most notably, all cyclic 

mixtures were shown to significantly improve. Multiflash 4.4 could reasonably predict SFE using the 

default kij values for mixtures with aliphatic solutes. Thus, only marginal RMS changes between (-

2.6 and 2.9) K were observed for these mixtures. These results indicate that the EOS-based SFE 

model is not adequately robust to consistently predict SFE for multicomponent mixtures containing 

aromatic or cyclic solutes. Additionally, this approach of tuning the model to SFE data is capable of 

significantly improving model efficacy for such mixtures. Although significant improvements were 

observed for binary mixtures with aliphatic solutes, the model can reasonably predict SFE for 

multicomponent equivalent mixtures using the default kij values. The tuning approach is unable to 

reliably improve the model performance for such mixtures. However, the use of kij subsets tuned to 

specific PTx regions relevant to the MCHE could refine predictions within this region and should be 

tested. The following will highlight and discuss multicomponent mixtures with interesting 

observations. 
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Figure 5.11. Solubility curves for (a) methane + ethane + heptane, (b) methane + propane + heptane 

and (c) methane + butane + heptane, comparing Multiflash 4.4 with, —, default (C1 + C7) kij and, —

, tuned (C1 + C7) kij against experimental data [41, 70]. 

Figure 5.11 shows tuning comparisons for a series of multicomponent mixtures where heptane as the 

solute. The mixtures presented include (a) methane + ethane + heptane, (b) methane + propane + 

heptane and (c) methane + butane + heptane. The SLVE measurements for the methane + ethane + 

heptane mixture were acquired at pressures from (0.8 to 2.6) MPa. Multiflash 4.4 is unable to predict 

the SLVE across all datasets using its default kij despite the consistency of measurements above xC7 

= 0.0046. This is due to the presence of a single liquid phase between VLE and SLE. The size of this 

liquid region within the PTx space is small and relatively constant above xC7 = 0.0046. However, 

below this composition this liquid region is large explaining the significant deviation between 

measured data and Multiflash 4.4. Omitting data points below this composition, the RMS deviation 

with the default kij is 2.2 K. By substituting the default kij for the SFE-tuned value, the predictions 

improve above xC7 = 0.0046, but continue to follow the same inconsistent trend below this 
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composition as seen with the default kij. Above this composition, the single liquid phase has been 

replaced with the SLVE consistent with measurements. However, it remains (albeit decreased in size) 

below this composition. 

 

Figure 5.12. Solubility curves for (a) methane + ethane + cyclohexane and (b) methane + ethane 

(and/or + propane + butane + isobutane) + cyclohexane, comparing Multiflash 4.4 with, —, default 

(Cn + CcycloC6) kij and, —, tuned (Cn + C cycloC6) kij against experimental data [73, 159], where n = 1, 

2, 3 and 4. 

Figure 5.12 shows the tuning comparisons for a series of multicomponent mixtures where 

cyclohexane is the solute. The mixtures presented include (1) methane + ethane + cyclohexane 

(Figure 5.12 a), (2) methane + ethane + propane + cyclohexane (Figure 5.12 b) and (3) methane + 

ethane + propane + butane + isobutane + cyclohexane (Figure 5.12 b). The SLVE measurements were 

acquired at pressures from (0.4 to 3.2) MPa. For the Jasperson et al. (2011) dataset it is not explicitly 

stated whether SLE or SLVE data was measured, but a separate Multiflash 4.4 comparison indicates 

that it is likely SLVE data. Multiflash 4.4 predictions are shown to be consistent above xcycloC6 > 0.6 

when using the default kij set. However, below this mole fraction Multiflash 4.4 underpredicts the 

SFE with deviations diverging from 0.15 < xcycloC6 < 0.6, and significant deviations between (50 and 

75) K for xcycloC6 < 0.15. This is due to a predicted VLE region between the liquid phase and SLVE 

locus. This retrograde condensation as the temperature decreases was not stated in the literature. 

Application of the SFE-tuned kij set, minimised this VLE region significantly decreasing the 

deviations to between (10 and 20) K. For trace mole fractions of xcycloC6 < 0.016, a significantly higher 
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cyclohexane solubility is predicted compared to that measured with deviations between (50 and 75) 

K. This is only partially minimised by on average 10 K upon application of the SFE-tuned kij set. 

Given the relevance of this PTx region to MCHE conditions, a subset of kij values tuned only to binary 

data measured in this region may further improve these predictions. Table 5.3 shows that the RMS 

deviations decrease with increasing number of solvent components. This was also observed in the 

multicomponent DSC measurements discussed in Chapter 4 for hexane and heptane solutes. 

However, for cyclohexane this is partly attributed to the different composition range measured for 

each mixture. As previously stated the higher the solute mole fraction, the greater the ideality of the 

mixture, which Multiflash 4.4 is able to capture. This can be seen in Figure 5.12 for xcycloC6 > 0.6 by 

the consistency of the predictions using the default kij with measured data for mixtures methane + 

ethane + propane (and + butane + isobutane) + cyclohexane, which is also retained with application 

of the tuned kij values. Whereas the methane + ethane + cyclohexane mixture was measured for 0.04 

< xcycloC6 < 0.11, a region with greater non-ideality and prevalence of complex phase behaviour. To 

verify that the addition of solvent components help to stabilise mixture ideality, data must be collected 

within the same PTx region for mixtures containing additional components. However, in general, the 

SFE-tuned kij set significantly improved predictions by (25 to 63) % across all multicomponent 

mixtures with cyclohexane solute. 

 

Figure 5.13. Solubility curves for (a) methane + ethane + benzene and (b) methane + ethane + 

propane (and/or + butane + isobutane) + benzene, comparing Multiflash 4.4 with, —, default (Cn + 

CBz) kij and, —, tuned (Cn + CBz) kij against experimental data [73, 159], where n = 1, 2, 3 and 4. 
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Figure 5.13 shows the tuning comparisons for a series of multicomponent mixtures where benzene is 

the solute. The mixtures presented include (1) methane + ethane + benzene (Figure 5.13 a), (2) 

methane + ethane + propane + benzene (Figure 5.13 b), (3) methane + ethane + propane + butane + 

benzene (Figure 5.13 b), and (4) methane + ethane + propane + butane + isobutane + benzene (Figure 

5.13 b). The measurements were acquired at pressures from (1.1 to as high as 17.7) MPa along both 

the SLVE locus and SLE line. For the Jasperson et al. (2011) dataset (mixtures 2 and 4) it is not 

explicitly stated whether SLE or SLVE data was measured, but a separate Multiflash 4.4 comparison 

indicates that it is SLVE data. Figure 5.13 shows that predictions using the default kij set are within 

an RMS of 4 K for this dataset where xBenzene > 0.01. However, the SLE data point measured in Chapter 

4 (defined as mixture 3 here), which is within the same composition range but at a slightly higher 

pressure, deviates by 9.4 K. This deviation significantly decreased by 8.1 K using the SFE-tuned kij 

values, while RMS deviations from the Jasperson et al. (2011) dataset increased, but only by (0.2 and 

2.2) K for mixtures 2 and 4, respectively. Like that seen in Figure 5.12 with trace cyclohexane solute, 

for trace benzene mole fractions relevant to MCHE conditions, in this case, xBenzene < 0.005, a 

significantly higher benzene solubility is predicted compared to that measured with a RMS deviation 

of 39.2 K. Here, the deviation is due to predicted retrograde solubility, where Multiflash 4.4 predicted 

the following series of isobaric phase transitions as temperature decreased: SLVE – VLE – L – SLE. 

The measured phase transition by Tiffin et al. (1979) was SLVE – SLE and the occurrence of 

retrograde solubility was not recorded. However, predictions with the SFE-tuned kij set eliminated 

this effect, which resulted in the direct convergence of SLVE - SLE and, significantly improved the 

predictions in this region to within 0.9 K. Overall, the SFE-tuned kij set significantly improved 

predictions with a RMS deviation across all datasets of 30.3 K. 
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Figure 5.14. Solubility curve for methane + ethane + propane + butane + isobutane + p-xylene, 

comparing Multiflash 4.4 with, —, default (C1 + Cp-xyl) kij and, —, tuned (C1 + Cp-xyl) kij against 

experimental data [159]. 

Figure 5.14 shows tuning comparisons for multicomponent mixtures where p-xylene as the solute. 

The data includes mixtures consisting of methane, ethane, propane, butane, (and/or isobutane) and p-

xylene. The measurements obtained by Jasperson et al. (2011) were acquired at pressures from (0.1 

to 16.3) MPa. It is not explicitly stated whether SLE or SLVE data was measured, but a separate 

Multiflash 4.4 comparison suggests that it is most likely SLVE data. Multiflash 4.4 is consistent with 

the measured data using its default kij with larger deviations of up to 6 K only seen below xp-xyl = 0.01. 

The data point at xp-xyl = 0.12 and 34.5 MPa measured in Chapter 4 is shown to significantly deviate 

from Multiflash 4.4 by 20.9 K. By substituting the default kij for the SFE-tuned value, the predictions 

worsen for all compositions below xp-xyl = 0.7 in the Jasperson et al. (2011) dataset. However, the 

deviation between the Multiflash 4.4 prediction and measured data point from Chapter 4 effectively 

halves deviating by 11.3 K.  

5.6 Conclusion 

This chapter benchmarked the current state-of-the-art EOS-based SFE model as implemented in 

Multiflash 4.4 against a comprehensive database collated from an exhaustive literature search in 
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addition to the newly measured SFE data in Chapter 4. The scope of this literature search was bound 

by the range of components susceptible to freeze-out in the MCHE and prevalent at trace 

concentrations in the feed composition as listed in Table 5.1. Relevant SFE data was scarce due to 

the difficulty associated with obtaining high quality measurements in the PTx region corresponding 

to the extreme operating conditions of the MCHE. This benchmark revealed discrepancies of on 

average (5.6 and 8.1) K for the binary and multicomponent mixtures, respectively, with the largest 

deviations (up to 64 K) seen in mixtures containing cyclic or aromatic solutes. The RMS deviations 

for mixtures with aliphatic solutes were not as significant as those with cyclic or aromatic solutes. 

The average RMS deviation for the aliphatic mixtures was 2.7 K, whereas it was (17.1 and 6.6) K for 

the cyclic and aromatic solutes, respectively. 

The approach explored in this research to improve the efficacy of the EOS-based SFE model was 

binary interaction parameter (kij) regression to SFE data. Traditionally, the kij parameter is tuned to 

either binary VLE data or determined via correlations. Table 5.2 states the default kij values used in 

Multiflash 4.4, many which are not tuned at all. A novel method was developed in this research to 

tune the kij parameter to SFE data. This method addresses the multiple SFE solutions that can occur 

at a specified pressure and composition due to the presence of SLE and SLVE at different 

temperatures. This ensures the EOS-based SFE model converges to the correct SFE temperature 

solution corresponding to the measured data. Additionally, this method captures the impact tuning 

can often have on flash calculations resulting in the appearance and disappearance of phase equilibria, 

which can significantly affect SFE temperatures. 

Table 5.2 showed the significant RMS deviation improvements realised upon tuning to binary mixture 

SFE data. Mixtures with components of similar size and properties showed negligible improvements, 

while mixtures with components of distinctly different molecular sizes and properties showed vast 

improvements. The average RMS deviation was halved for the aliphatic mixtures to 1.3 K. For 

mixtures with cyclic and aromatic solutes the RMS deviations significantly improved by (46 and 69) 
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% to (9.2 and 2.1) K, respectively. The greatest improvement was seen for the methane + toluene 

mixture where the RMS deviation decreased from (30.7 to 1.6) K. The impact of the SFE-tuned kij 

parameter on VLE predictions was assessed using VLE data for the methane + toluene system because 

it displayed the largest kij value change. The deviations between measured and predicted methane 

liquid mole fractions in the VLE phase region exhibited a positive divergence as the critical point was 

approached using the default kij value, which increased when switched to the SFE-tuned kij value. 

Since this near-critical divergence is a limitation of the cubic EOS, the focus of the impact was 

observed for xC1 ≤ 0.41, where the RMS deviation marginally increased by 0.005 mole fraction. This 

indicates that tuning the kij to SFE data has only a minor impact on VLE predictions. 

The SFE-tuned kij values were then applied as a set to all solvent-solute pairings in the 

multicomponent mixtures. Table 5.3 showed that only negligible changes to the RMS deviations 

resulted for half of the multicomponent mixtures, while it worsened for five mixtures but all within 4 

K of predictions using the default kij set. Since Multiflash 4.4 could predict SFE in mixtures with 

aliphatic solutes reasonably well, the SFE-tuned kij set had a generally negligible impact with the 

RMS deviation changing by only 0.06 K on average across these mixtures. However, the RMS 

deviation improved for twice as many mixtures, which were primarily those with cyclic and aromatic 

solutes. The greatest improvement was seen in the methane + ethane + benzene mixture with an RMS 

deviation decrease from (39.2 to 0.9) K. Most notably, all cyclic mixtures were shown to significantly 

improve with RMS deviation improvements between (4.4 and 16.8) K. The current capability of the 

EOS-based SFE model is not able to reliably predict SFE in mixtures with cyclic or aromatic solutes. 

However, by tuning to SFE data, the model’s efficacy for such mixtures significantly improved. 

Additional data collection in PTx regions relevant to the MCHE and building subsets of kij values 

specific to these regions is a viable future step towards further improving the model. These 

improvements and the model development approach tested represent a significant step forward 

towards mitigating the freeze-out of heavy hydrocarbons in the LNG plant’s MCHE. 
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Chapter 6. Conclusions and Future Research 

This chapter presents the key conclusions pertaining to the original premise and motivation for this 

research. It highlights the novel contributions made by this research and discusses the most pertinent 

future directions for its continuation. 

6.1 Conclusion 

The research presented in this thesis targeted two issues critical to the oil and gas industry detailed in 

Chapter 1: 

1) The over-engineering of LNG plant process equipment due to uncertainties in thermodynamic 

property prediction with focus given to heat capacities, and 

2) Freeze-out of heavy hydrocarbons (C5+) in the LNG plant’s MCHE - a crucial, ongoing threat 

to the LNG supply chain. 

The primary objective to address both issues was to improve the performance of the current state-of-

the-art models used for predicting isobaric heat capacities (cp) and solid-fluid equilibria (SFE) in 

hydrocarbon mixtures at conditions relevant to natural gas processing and LNG production. The 

GERG-2008 EOS, as implemented in NIST’s REFPROP version 9.1, was used for cp predictions. 

High quality experimental cp data was required to benchmark the current efficacy of the GERG-2008 

EOS for relevant hydrocarbon mixtures and conditions. However, no cp literature data existed for the 

methane (C1) + propane (C3) + heptane (C7) mixtures requested by the Gas Processors Association. 

To address this data gap a commercial Differential Scanning Calorimeter (DSC) – Setaram BT 2.15 

– capable of measuring cryogenic temperatures down to 77 K was employed. New supercritical and 

near-critical point cp data were reported for three C1 + C3 + C7 mixtures at x7 ≈ 0, 0.05 and 0.10 with 

normalised C1 + C3 compositions at pressures between (10 and 32) MPa and (200 and 255) K. A new 

high pressure DSC sample cell was constructed to extend the measurable pressure range to 35 MPa. 

The inclusion of high heptane fractions presented a key challenge: vapour-liquid phase splitting under 
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ambient conditions to preclude reliable mixture compositions upon loading into the DSC. A novel 

method was developed to ensure a homogeneous, single phase mixture was prepared and loaded at 

constant pressure by employing high-pressure syringe pumps to pressurise above the predicted 

cricondenbar thus circumventing the vapour-liquid region. Deviations manifested between the 

GERG-2008 EOS and measured cp near the critical point and with increasing heptane content. For x7 

≈ 0 and 0.05, the measured cp at 200 K agreed with the GERG-2008 EOS across the pressure range, 

while for x7 ≈ 0.10 it agreed only above 22 MPa and deviated by up to 0.065·cp below this pressure. 

At 255 K, x7 ≈ 0 diverged below 25 MPa where deviations increased from (0.030 to 0.038) ·cp as 

pressure decreased from (24.0 to 21.0) MPa. At the same temperature, deviations increased from 

(0.041 to 0.077) ·cp as pressure decreased from (31.6 to 20.7) MPa for x7 ≈ 0.05, and from (0.048 to 

0.095) ·cp from (32.0 to 20.6) MPa for x7 ≈ 0.10. The divergent trend with decreasing pressure seen 

across all three mixtures was due to the increasing proximity of the critical point and vapour-liquid 

region where LNG plant process equipment often operate. This was increasingly amplified with the 

addition of heptane verifying that the GERG-2008 EOS is unable to reliably predict cp in this 

operating region for mixtures containing C5+ such as heptane. 

The threat of C5+ freeze-out in the LNG plant’s MCHE encompassed by issue 2 was addressed by 

improving the EOS-based solid-fluid equilibrium (SFE) model using the Peng-Robinson Advanced 

EOS as implemented in KBC Advanced Technologies’ Multiflash version 4.4. This required 

regressing the binary interaction parameter (kij) to available experimental data. However, an extensive 

review revealed limited available literature data and a significant SFE data gap for hydrocarbon 

mixtures analogous to natural gas at equivalent conditions to the MCHE. To help address this gap the 

Setaram BT 2.15 DSC was utilised due to its potential as an alternate, automated method to the 

commonly used visual method for measuring wide-ranging SFE. Two challenges were resolved to 

validate the use of the DSC scanning method for SFE measurements: 1) the potential for de-mixing 

upon solid freezing/melting to preclude repeatable measurements, and 2) the lack of consistency in 
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the literature on the most reliable technique for analysing the thermograms recorded by the DSC to 

determine the melting temperature (Tmelt) in a hydrocarbon mixture which corresponds to its SFE. 

These were resolved by performing measurements and comparing commonly used analytical 

techniques for a series of mixtures comprised of hydrocarbons unrelated to natural gas, but form 

solid-liquid equilibria (SLE) at near-ambient conditions. This avoids conditions and phase behaviour 

that may impose additional difficulties towards addressing these challenges. The mixtures were C7 + 

hexadecane (C16), hexane (C6) + C16 and C6 + para-xylene + C16 over a temperature range from 

(260.80 to 279.17) K at ambient pressure. The endset temperature technique was found to be 

consistent with literature measurements of the same mixture obtained visually, while the alternative 

peak temperature technique produced inconsistent results, and unlike the endset, it could often not be 

extrapolated linearly to zero scan rate to determine the equilibrium Tmelt. The impact of any sample 

de-mixing that may have occurred over multiple freeze-melt cycles was negligible as demonstrated 

by the consistency of the total heat absorbed between different scan rates as well as the repeatability 

of the measured Tmelt at the same scan rate and with different samples. New SLE data was reported, 

while concurrently resolving the above challenges. For mixtures where 0.32 ≤ x16 ≤ 0.36, the 

measured Tmelt differed from both the literature data and the predicted value by less than 1 K, while 

for x16 = 0.0963 and 0.0960, the deviations from the predictions increased in magnitude by (-2.82 and 

-4.78) K, respectively. This is likely due to smearing in the thermogram from increased sensitivity of 

Tmelt on composition as the solute fraction decreases. This same sensitivity also affects DSC 

measurements negatively reducing the signal-to-noise ratio. The addition of para-xylene in the 

ternary mixture showed that the EOS-based SFE model does not adequately capture the interactions 

associated with the addition of an aromatic component. 

The now standardised endset temperature technique for interpreting DSC thermograms to determine 

Tmelt (and by extension SFE) in mixtures was subsequently applied to natural gas analogues under 

high pressure at cryogenic temperatures. Heavy hydrocarbons susceptible to freeze-out in the MCHE 

were chosen as the mixtures’ solute differing only by higher solute fractions, which was necessary to 
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avoid the thermogram smearing and signal-to-noise limitations of the DSC scanning method. 

However, the higher solute fractions presented the same challenge seen for the cp measurements: 

vapour-liquid phase splitting under ambient conditions to preclude reliable mixture compositions 

upon loading into the DSC. Mixtures were pressurised above their cricondenbars between (11.12 and 

34.50) MPa to avoid this splitting but, consequently, were well above the relevant MCHE operating 

pressure range of (3 – 5) MPa. The mixtures’ pressure could have been lowered to within this range 

once cooled below their cricondentherms. However, multiple SFE often occur across a small 

temperature window within this pressure range affecting the DSC signal quality when attempting to 

accurately measure a single solid phase transition. The measured Tmelt for the two C1 + C7 mixtures 

where x7 ≈ 0.25 and 0.10 differed from the predicted values by (4.1 and 5.7) K, respectively. The two 

C1 + C3 + C7 mixtures also showed increased absolute deviations from (3.4 to -4.4) K for x7 ≈ 0.10 

and 0.05, respectively. For both pairs of mixtures, this is likely due to the increasing sensitivity of 

Tmelt on composition as the solute mole fraction decreases. This same sensitivity also affects DSC 

measurements both negatively reducing and smearing the signal to noise ratio; however, for the binary 

mixtures the measured Tmelt in this chapter were consistent with the trend of the literature data 

observed for x7 ≤ 0.0237. A comparison of the binary and ternary mixtures with x7 ≈ 0.10, shows that 

the addition of C3 reduced the deviation from Multiflash 4.4 by 2.3 K. This is likely due to the C3 

acting to stabilise the non-ideality between the C1 and C7 components. The three multicomponent 

mixtures studied contained the same C1 + C2 + C3 + C4 solvent components with different molar ratios 

and solute components. The mixture containing C6 as the solute where x6 ≈ 0.10, differed from the 

predicted value by -2.4 K. A comparison with the ternary C1 + C3 + C7 mixture where the C6 and C7 

solutes have similar properties showed that additional intermediate components further reduce the 

absolute deviation, in this case, by 1 K. The two multicomponent mixtures with aromatic solutes 

benzene and para-xylene, showed deviations of (9.4 and 21.5) K, respectively, suggesting that the 

EOS-based SFE model does not adequately capture the interactions associated with the addition of 

an aromatic solute. 
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The EOS-based SFE model was subsequently benchmarked against SFE data collected from a 

comprehensive literature search of components susceptible to freeze-out in the MCHE combined with 

the newly measured data presented in Chapter 4. Mixtures were revealed to deviate by on average 

(5.6 and 8.1) K for the binary and multicomponent mixtures, respectively, with the largest deviations 

(up to 64 K) seen in mixtures containing cyclic or aromatic solutes. The average RMS deviation for 

the aliphatic mixtures was 2.7 K, whereas it was (17.1 and 6.6) K for the cyclic and aromatic solutes, 

respectively. To improve the model’s performance, a novel method was developed to tune the kij 

fitting parameter to binary SFE data. For mixtures with aliphatic solutes, the RMS deviation showed 

minor improvements after applying the SFE-tuned kij values decreasing by (2.7 and 0.1) K for the 

binary and multicomponent mixtures, respectively. For mixtures with aromatic and cyclic solutes, 

much greater improvements were observed. The RMS deviation for the aromatics improved by (3.9 

and 7.1) K and for the cyclics by (5.4 and 13.0) K for the binary and multicomponent mixtures, 

respectively. The methane + toluene mixture showed the greatest improvement in the binaries where 

the RMS deviation decreased from (30.7 to 1.6) K. While for the multicomponent mixtures, methane 

+ ethane + benzene was the greatest decreasing from (39.2 to 0.9) K. The impact from tuning to SFE 

data on VLE predictions was also assessed by comparing predictions using the default and SFE-tuned 

kij values against measured liquid methane mole fraction in the VLE region for the methane + toluene 

system. The RMS deviation only marginally increased by 0.005 mole fraction when switching from 

default to SFE-tuned kij values indicating that the impact is minimal. This research revealed that the 

EOS-based SFE model is unable to adequately predict SFE in mixtures containing cyclic and aromatic 

solutes, but can be significantly improved by tuning to SFE data. Subsequently, a kij table has been 

developed which can be directly integrated into thermodynamic or process simulation software to 

realise these improvements. This represents a significant step towards mitigating the freeze-out of 

heavy hydrocarbons in the LNG plant’s MCHE. 
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6.2 Recommendations for future research 

The research presented in this work benchmarked the current efficacy of the GERG-2008 EOS to 

predict cp for hydrocarbon mixtures and conditions relevant to LNG plant process equipment. The 

divergence between experimental and predicted cp deviations as the critical point and vapour-liquid 

region were approached, particularly in mixtures with higher heptane content, is likely to contribute 

to the over-engineering of the equipment. Therefore, continued research should focus on improving 

the performance of the GERG-2008 EOS to predict cp in this region. A key limitation in this work 

was the dependency of the measured cp on density predictions since there is a lack of measured density 

data for the studied mixtures. However, the accuracy of these predictions for these mixtures, 

particularly at conditions approaching the critical point and vapour-liquid region, must be measured 

and benchmarked in future work. The newly measured density data can then replace the predicted 

values providing a more accurate representation of the GERG-2008 EOS ability to predict cp. 

Improvements to performance can then potentially be achieved by regressing the EOS to the 

measured density data, and quantified by comparing the newly refitted GERG-2008 EOS cp 

predictions against the measured cp data in this work. 

To further improve cp models, future work should also include cp measurements for binary C1 + C7 

mixtures. This data can be used to identify whether the deviations in the measured ternary mixtures 

in this work stem from binary discrepancies. If so, the GERG-2008 EOS can be refitted to describe 

this binary system with improved accuracy within the supercritical region particularly near the critical 

point and vapour-liquid region. Another approach could involve the development of a binary-specific 

departure function for C1 + C7 as opposed to the generalised departure function that is currently used 

for binary systems due to the limited availability of high quality data. Methane-dominant binary 

mixtures comprising other C5+ constituents of natural gas such as hexane, octane and BTEX 

compounds should also be measured. To ensure a robust cp model for natural gas-like mixtures, it is 

important to benchmark the GERG-2008 EOS performance with other relevant mixtures. 
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The research presented in this work improved the performance of the current state-of-the-art EOS-

based SFE model by acquiring newly measured high-quality SFE data, identifying high-quality 

literature SFE data and regressing the model to the combined data. However, the data collected in 

this work was limited to solute mole fractions approximately greater than 5 mol% due to the reduced 

signal-to-noise ratio and signal smearing upon melting at lower concentrations. While SFE data at 

these higher concentrations was vastly useful towards improving the robustness of the EOS-based 

SFE model across a wider range of conditions, a data gap still exists at concentrations directly relevant 

to the MCHE feed composition range. Therefore, to overcome this DSC limitation, visual 

measurement is required in future work to target this composition range. The development of a 

specialised visual apparatus occurred concurrently with this research, and high-quality data is already 

being measured such as that seen for the methane + para-xylene mixture included in Table 5.2. 

Continued melting temperature measurements with DSC should focus on repeating measurements 

previously measured both in the literature and in this work to define the high-quality data by 

validating and omitting those that show inconsistencies. Focus should also be given to systems with 

scarce or no data at all as identified in Table 5.1 – particularly, systems whose solutes have high 

normal melting points such as neopentane and para-xylene. The effect of compounds other than 

hydrocarbons on SFE phase behaviour should also be investigated, such as nitrogen and carbon 

dioxide, which are present in the MCHE feed at (1.1 and 0.01) mol%, respectively (see Table 1.1). 

Particularly, carbon dioxide itself may be susceptible to freeze-out due to its high normal melting 

point. Future research should also explore the prevalence of retrograde solubility in hydrocarbon 

systems, which is a phenomenon that can influence SFE phase behaviour and may lead to novel 

methods of mitigating inadvertent solids formation in LNG plants. 

The ability to extract more information from a DSC measurement may also be explored. This will be 

highly useful given the large amount of time required to measure the melting temperature for a single 

composition. The correlation between DSC curves and isobaric phase diagrams for solid phase 

transitions has been previously studied [160-162]. Efforts have also been made towards constructing 
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a system’s entire phase diagram from a single solid-liquid transition DSC curve, but compromises 

the accuracy of the resulting SFE temperatures [163, 164]. 

The novel application of DSC demonstrated in this work for natural gas processing and LNG 

production may also be applicable to other cryogenic systems. One such application of current 

research interest is in understanding the thermodynamic nature of Saturn’s moon Titan. Titan’s 

atmosphere is known to be composed predominantly of methane with liquid bodies assumed through 

modelling to contain a mixture of methane, ethane, nitrogen and numerous dissolved minor species 

such as benzene [165-167]. Current research employs ultraviolet absorption to measure the solid 

solubility of these minor species in liquid methane or ethane with the enthalpy and entropy of solution 

calculated from the experimental data [165]. These thermodynamic properties are important for 

simulation of the chemical composition of Titan lakes. DSC could be utilised to not only measure 

solubility data, but also additional calorific data such as enthalpies of solution. This research is stated 

to be relevant in preparation of a possible space investigation of Titan [165].
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Appendix A. Temperature Characteristics of the Mixtures Studied 

in Chapter 3 

Table A.1. Endset and peak temperatures characteristic of solid-liquid thermal transition peaks at 

various scan rates and their corresponding uncertainties for the mixtures studied in Chapter 3. The 

uncertainty of the temperature measurements was  ± 0.25 K. 

Mixture 
β 

/K.min-1 

Endset T  

/K 

Peak T  

/K 

Total Heat Absorbed  

/J 

1: (C7 + C16) 0.10 282.04 278.40 -1054* 

 0.08 281.66 278.28 -1002 

 0.05 280.59 278.07 -1015 

2: (0.67C6 + 0.33C16) 0.09 283.55 279.19 -2422* 

 0.07 282.10 278.42 -2377 

 0.05 280.65 278.03 -2386 

3: (0.9C6 + 0.1C16) 0.13 268.58 261.28 -591* 

 0.11 267.85 261.62 -536 

 0.09 266.40 261.41 -537 

4: (C6 + Cp-xyl + C16) 0.10 264.38 261.11 -603 

0.10 264.28 261.61 -606 

0.08 263.86 260.56 -597 

0.06 262.85 261.02 -610 

* Scan not included in the total heat absorbed comparison due to different starting and/or finishing 

temperatures. 
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