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Abstract 

The upgrading of a model sub-quality natural gas mixture containing 40 mol% CH4 and 60 mol% N2 by dual 

reflux-pressure swing adsorption (DR PSA) was studied numerically. A separation target of > 93 mol% CH4 in 

the heavy product and < 1 mol% CH4 in the light product was adopted for the purpose of evaluating the viability 

of the upgrading process. Two different CH4-selective adsorbents were considered: (i) a commercial activated 

carbon (AC1) and (ii) a novel ionic liquidic zeolite (ILZ), which has twice the selectivity of activated carbon. Key 

process parameters such as the heavy product to feed ratio, the feed step time, and the light reflux ratio were 

varied iteratively to maximize the separation performance and minimize the energy consumption in each of 

four DR PSA cycle configurations (PL-A, PH-A, PL-B and PH-B). The simulation results showed that the 

separation performance of A cycles was superior to that of B cycles for both of the adsorbents studied. The 

ILZ adsorbent was able to achieve the separation target and in general performed substantially better under 

the conditions investigated than AC1, which did not meet the product specifications for any of the cycles tested. 

The best-performing DR PSA cycle (PL-A) with ILZ achieved 94 mol% CH4 in the heavy product and 1 mol% CH4 

in the light product with a compressor duty of 19.1 kJ mol-1. The corresponding cycle with AC1 as the adsorbent 

only delivered 87 mol% CH4 in the heavy product and 6.1 mol% CH4 in the light product. This result shows that 

a DR PSA process using ILZ can effectively upgrade sub-quality natural gas while keeping associated methane 

emissions low. 
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1. Introduction 

Methane is one of the major greenhouse gases and its global warming potential is 28 times higher than that 

of CO2 over a 100-year period [1]. Currently, around two-thirds of global methane emissions are caused by 

human activities, including fossil fuels production and transportation [2]. Meanwhile, the combustion of 

methane produces fewer CO2 emissions than that of other hydrocarbon fuels per unit energy produced and is 

thus more environmentally friendly in this respect [3], which has led to the continuing rise of natural gas 

consumption in the global energy mix [4]. The high demand for natural gas has driven its production from 

small-scale and sub-quality reservoirs, which often contain high percentages of CO2 and N2 that need to be 

removed. The upgrading of natural gas from these sources poses a significant challenge with regards to 

balancing the economic benefit with the environmental footprint of the production process.  

The separation of N2 from CH4 is especially challenging because of their molecular similarities [5]. For large-

scale (> 25 MMscfd) natural gas processing, cryogenic distillation is the most widely adopted technology for 

nitrogen removal in industrial applications [6]. To upgrade CH4 from small-scale production (< 15 MMscfd), 

where the source natural gas contains significant amounts of N2, conventional pressure swing adsorption (PSA) 

has been used as an alternative technology [5]. Although PSA processes with several beds and advanced 

configurations [7-10] are capable of producing a highly purified CH4 stream, the N2-rich gas contains a 

significant amount of CH4, limiting the methane recovery achievable. To overcome this limitation, a process 

capable of simultaneously producing two highly purified product streams is required. The Dual Reflux-Pressure 

Swing Adsorption (DR PSA) process is theoretically capable of achieving two pure component product streams 

from a binary feed in a single step because it simultaneously combines the stripping and enriching steps of the 

PSA process [11-13]. Therefore, DR PSA offers the possibility to deliver a CH4-rich product meeting pipeline 

grid specifications, while reducing the CH4 lost to the N2 vent stream thereby meeting emission regulations.  

In DR PSA processes, the feed inlet is located at an intermediate position of the adsorption bed and both heavy 

and light products are partially refluxed. Kearns et al. [13, 14] identified four basic DR PSA cycle configurations, 

which are distinguished by the feed inlet column and the gas used for pressure reversal: feed to the high- (PH) 

or low-pressure (PL) bed and pressure reversal with the heavy (A) or light (B) component. The four basic 

configurations are thus PH-A, PL-A, PH-B and PL-B, which are schematically shown in Figure 1. 
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Figure 1. DR PSA basic cycle configurations: feed to the high-pressure (PH) or low-pressure (PL) bed using 

heavy (A) or light (B) adsorbate for pressure reversal step. 

Experimental results for several gas separations using DR PSA have been reported in the literature. Diagne et 

al. [11, 15] first reported the experimental demonstration of the DR PSA process for the separation of a 20 

mol% CO2 + 80 mol% N2 mixture. The separation performance exceeded conventional PSA by achieving a light 

product containing < 4 mol% CO2 and a heavy product containing 94 mol% CO2, which showcased the 

advantage of DR PSA over PSA processes. McIntyre et al. [16, 17] reported the separation of dilute ethane 

from a N2 stream achieving an ethane enrichment of up to 90-fold with a recovery of 99.6 %. Tian et al. [18] 

investigated air separation using a laboratory DR PSA apparatus and achieved 99.1 mol% O2 in the light product 

with a recovery of 98.0 % and a heavy product containing 99.0 mol% N2 with a recovery of 99.3 %. The same 

group [19, 20] reported the CO2 capture from dry flue gas (15 mol% CO2 + 85 mol% N2) using silica gel as 

adsorbent. Certain operating parameters were investigated and under optimal conditions, the CO2-enriched 

product contained 95.55 mol% CO2 with 96.81 % CO2 recovery. Several research groups have investigated the 

separation of CH4 and N2 at various compositions due to its economic importance and environmental impact. 

Bhatt et al. [21] conducted DR PSA experiments enriching a 5 mol% CH4 + 95 mol% N2 feed to a 55 mol% CH4 

heavy product with 1.5 mol% CH4 remaining in the light product. Saleman et al. [22] reported the capture of 

low-grade methane from liquefied natural gas (LNG) production and ventilation air from coal mines. A range 

of feed gas compositions was experimentally investigated and a 15-fold CH4 enrichment was achieved for feed 

streams containing only 2.5 mol% CH4. At the same time, the N2 vent stream only contained 3000 ppmv CH4. 

May et al. [23] first demonstrated the four basic DR PSA cycle configurations PL-A, PH-A, PL-B and PH-B using 

CH4 selective activated carbon as adsorbent and suggested an iterative optimization method based on a 

parameter variation procedure. Most recently, Xiao et al. [24] reported the N2 rejection from a 75 mol% CH4 

feed using a kinetically N2 selective adsorbent. A numerical model was employed to study the impact of the 

process conditions beyond the experimentally accessible conditions. The results showed that PH-B cycle could 
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achieve a separation performance of 90 mol% CH4 in the light product with 90 % CH4 recovery operating the 

desorption column at 40 kPa. 

Process simulations are powerful tools to optimize energy requirements and the process performance as well 

as to reduce the degree of experimental work required. For the DR PSA process, simplified analytical models 

based on equilibrium theory [12-14, 25-28] have been reported and provided important insights evaluating 

the impact of different DR PSA operational parameters on the process performance. The main simplifications 

include perfect separation and linear coupled isotherms, which limits their application. Therefore, rigorous 

numerical models were developed considering coupled energy and material balance equations. Bhatt et al. 

[21, 29] were able to predict their experimental results with an isothermal model developed in Aspen 

Adsorption. The simulated product compositions deviated by between (-2 and +8) mol% from their 

experimental results. In addition, they benchmarked the model against the experimental data from McIntyre 

et al. [16, 17], which showed reasonable agreement. Zhang et al. [30] proposed a non-isothermal dynamic DR 

PSA model implemented in Aspen Adsorption to model CH4 + N2 separations, which was benchmarked against 

the experimental data by Saleman et al. [22]. The root mean square deviations of the CH4 concentrations were 

(0.3 and 2.4) mol% for the light and heavy product, respectively. Zou et al. [31] reported a similar model 

employing two different pressure control schemes to account for constant or continuously changing bed 

pressure during the feed and purge steps. This corresponds to the experimental pressure profiles of Saleman 

[22] et al. and McIntyre et al. [16, 17], respectively. The modelling results were in excellent agreement with 

the experiments. Rossi et al. [32, 33] developed a detailed single-bed model using the Finite Volume 

discretization method (FVM). The FVM model was found to be in good agreement with literature data despite 

the fact that it assumed isothermal conditions and neglected axial dispersion. Overall, the fidelity of predicting 

experimental DR PSA results by using rigorous numerical simulations has been improving, which is crucial to 

the ability to optimize DR PSA processes.  

In this work, a non-isothermal numerical DR PSA simulation model, previously described by our group [23, 24, 

30, 31], was used to simulate the separation of a 40 mol% CH4 + 60 mol% N2 gas mixture. The four basic DR 

PSA cycle configurations (PL-A, PH-A, PL-B, PH-B) were investigated using two different adsorbents: a 

commercially available activated carbon AC1 and a novel ionic liquid zeolite (ILZ) both of which are methane 

selective materials with ILZ having twice the CH4/N2 selectivity as that of AC1. The impacts of the heavy reflux 

to feed ratio, light reflux flow rate and feed step time were studied and used to optimise the separation 

performance and cycle work.  
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2. Simulation and Optimization 

2.1 Pressure Flow Network 

The numerical DR PSA model used in this work was constructed using the Aspen Adsorption platform and has 

been described and benchmarked against experiments previously [23, 24, 30, 31]. A snapshot of the process 

flow network is shown in Figure 2. The intermediate position of the feed entering the column is modelled by 

using two adsorption beds, each representing half of the actual column. The half-beds and the feed inlet are 

connected with a void tank. A back-pressure regulator (BPR1) controls the pressure of the high-pressure 

column during the adsorption step by using a proportional-integral-derivative (PID) controller (C1) to adjust 

the valve coefficient and therefore the valve opening. The light product gas is stored in a hold-up vessel 

(LightSurge) to buffer the pressure and the fluctuating product composition. Part of the light product is 

refluxed at a constant flow rate specified by a mass flow controller (MFC4) and the light product is drawn 

through BPR2. To reflect the experimental apparatus setup and method being emulated [22, 23] the gas in the 

“LightSurge” was not used during the pressurization and blowdown steps of the simulated B-cycles. Instead, 

gas from an additional void tank (T7) was used with the compressor (CompTop) for such transfers. The dashed 

lines indicate that this set-up is only used for B cycles and can be bypassed in A cycles by closing the 

corresponding valves TB1 and TB2. The heavy reflux requires a compressor (CompBot) because the heavy gas 

is partially refluxed from the low-pressure to the high-pressure column. A controller (C2) is employed to adjust 

the compressor’s volumetric discharge flow rate to keep the pressure in the low-pressure column constant 

while it undergoes desorption. The heavy product flow rate is specified using a mass flow controller (MFC5) 

and the remaining gas is refluxed. As with the light product stream, a buffer vessel (HeavySurge) is employed 

to stabilise the pressure and composition of the heavy product. 

 
Figure 2. Screenshot of the DR PSA flowsheet constructed on the Aspen Adsorption software platform. 



6 
 

2.2 Model Equations and Simulation Parameters 

The simulation incorporates full mass and energy balances and the governing equations were previously 

presented by Zhang et al. [30]. The main assumptions are summarized below. 

- Momentum and material balance: 

o Pressure drop described by Ergun equation 

o Convection in gas phase with axial dispersion using a fixed axial dispersion coefficient 

o Ideal gas law 

- Kinetics: linear driving force model with constant mass transfer coefficients 

- Rigorous energy balances with gas-phase and solid-phase convection 

- Extended Langmuir isotherm model accounting for competitive adsorption 

The material properties and isotherm data for AC1 were reported by Rufford et al. [34] and the corresponding 

pure component Langmuir isotherm parameters for CH4 and N2, reported by Zhang et al. [30], were used in 

this work. The novel ionic liquidic zeolite ILZ (available from Gas Capture Technologies Pty Ltd [35]) shows 

higher CH4/N2 selectivity than any commercially available adsorbent material. It was patented by Li et al. [36], 

who disclosed the material’s isotherm data. The Langmuir equation (Eq. 1) was used to regress those pure gas 

data and the resulting isotherm parameters used in this work are listed in Table 1. The single component 

isotherm parameters were then used in the extended Langmuir (Eq. 2) equation to account for the competitive 

adsorption effects in mixtures of CH4 and N2. 

𝑄 =
𝐼𝑃1,𝑖∙exp(𝐼𝑃2,𝑖 𝑇⁄ )∙𝑝

1+𝐼𝑃3,𝑖∙exp(𝐼𝑃4,𝑖 𝑇⁄ )∙𝑝
    Equation 1 

𝑄𝑖 =
𝐼𝑃1,𝑖∙𝑒𝑥𝑝(𝐼𝑃2,𝑖 𝑇⁄ )∙𝑝𝑖

1+∑ (𝐼𝑃3,𝑘∙𝑒𝑥𝑝(𝐼𝑃4,𝑖 𝑇⁄ )∙𝑝𝑘)𝑘
    Equation 2 

Here Q denotes the equilibrium adsorption capacity for a pure gas; IP1,i to IP4,i are single component isotherm 

parameters; T denotes the temperature, p is the pressure of the gas phase; Qi is the CH4 or N2 equilibrium 

adsorption capacity in a gas mixture; pi is the partial pressure of component i in the gas mixture and k is a 

summation index.  

 

Table 1. Langmuir isotherm regression parameters IPj,i for AC1 and ILZ. 

Parameter Component i AC1 ILZ 

IP1,i [kmol kg-1 bar-1] 
CH4 6.58 × 10-7 1.15 × 10-7 
N2 7.30 × 10-7 1.27 × 10-7 

IP2,i [K] 
CH4 2.08 × 103 2.53 × 103 
N2 1.72 × 103 1.99 × 103 

IP3,i [bar-1] 
CH4 1.19 × 10-4 3.44 × 10-5 
N2 1.75 × 10-4 4.45 × 10-5 

IP4,i [K] 
CH4 2.08 × 103 2.53 × 103 
N2 1.72 × 103 1.99 × 103 
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The adsorption isotherms of CH4 and N2 on AC1 and ILZ calculated using the parameters in Table 1 are shown 

in Figure 3. The comparison of both materials shows that although the CH4 capacity of AC1 is higher, the N2 

capacity of ILZ is significantly lower, leading to a significantly increased CH4/N2 selectivity for ILZ, which is 1.7 

times higher at p = 1 bar and T = 303 K. 

 

Figure 3. Single component CH4 and N2 adsorption isotherms calculated using the Langmuir model (Eq. 1) on 
activated carbon AC1 and ionic liquidic zeolite ILZ at T = 303 K. 

The simulation parameters used in this work are summarized in Table 2. This includes details about the column 

parameters and the adsorbent properties, including the isotherm parameters and the mass transfer 

coefficients. For AC1, these details were taken from Zhang et al. [30] while for ILZ the details were taken from 

Li et al. [23]. 

 

Table 2. DR PSA modelling parameters used in this work. 

Column Details Adsorbent Details 

Total length 0.98 m  AC1 ILZ 

Internal diameter 0.035 m Bulk density 435 kg m-3 700 kg m-3 
Wall thickness 0.0016 m Inter-particle porosity 0.42 0.62 
Heat transfer coefficient 10 W m-2 K-1 Intra-particle porosity 0.65 0.37 
Wall thermal conductivity 16 W m-1 K-1 Particle radius 0.0015 m 0.0015 m 
Wall specific heat capacity 500 J kg-1 K-1 Shape factor 0.752 0.752 
Axial dispersion coefficient 3.5×10-5 m2 s-1 Specific heat capacity 1000 J kg-1 K-1 960 J kg-1 K-1 

 
Heat conductivity 0.8 W m-1 K-1 0.8 W m-1 K-1 
 

Mass transfer coefficients Others 

 AC1 ILZ N2 heat capacity 29 kJ kmol-1 K-1 

CH4 1 s-1 1 s-1 CH4 heat capacity 35 kJ kmol-1 K-1 
N2 3 s-1 5 s-1 Gas phase heat conductivity 0.16 W m-1 K-1 

 

The operational costs of a DR PSA process depend on the energy requirements of the compressor. Therefore, 

the determination of the compression work W is essential. A polytropic compression model was implemented 



8 
 

using the Aspen Custom Modeler language within the software to calculate the compressor duty W more 

realistically. The polytropic efficiency of the compressor was assumed to be 0.77. Table 3 summarizes the 

polytropic compression model equations. 

 

Table 3. Summary of model equations for polytropic compression to calculate the duty W. 

Description Equation Equation No 

Outlet temperature, T2 𝑇2 = 𝑇1(𝑃1 𝑃2⁄ )
1−𝑘
𝑘  3 

Average temperature, Tm 𝑇𝑚 = (𝑇2 + 𝑇1) 2⁄  4 

Component molar heat capacity, Cp,i 𝐶𝑝,𝑖 =∑𝑎𝑗,𝑖(𝑇𝑚)
𝑗

3

𝑗=0

 5 

Mixture molar heat capacity, Cp,mix 𝐶𝑝,𝑚𝑖𝑥 =∑ 𝑥𝑖𝐶𝑝,𝑖
𝑖

 6 

Isentropic factor, k 𝑘 = (𝐶𝑝,𝑚𝑖𝑥 (𝐶𝑝,𝑚𝑖𝑥 − 𝑅)⁄ ) 7 

Polytropic exponent, n 𝑛 (𝑛 − 1)⁄ = (𝑘 (𝑘 − 1)⁄ )𝜂𝑐 8 

Compression ratio, Rp 𝑅𝑝 = 𝑁√𝑃2 𝑃1⁄  9 

Compressor duty, W 𝑊 = 𝑁𝜗𝑅𝑇1(𝑘 (𝑘 − 1)⁄ )[𝑅𝑝
𝑛 (𝑛−1)⁄ − 1] 10 

 

The numerical values aj,i for the polynomial description of the gas phase heat capacities Cp,i as a function of 

temperature are shown in Table 4. These are required to calculate the polytropic compressor duty W and were 

sourced from the literature [37]. 

Table 4. Constants aj,i for polynomial heat capacity Cp,i calculations. 

Component a0 a1 a2 a3 

CH4 3.43 × 10-2 5.47 × 10-5 3.66 × 10-9 -1.10 × 10-11 

N2 2.90 × 10-2 2.20 × 10-6 5.72 × 10-9 -2.87 × 10-12 

 

In this work, the partial differential equations of the DR PSA model were solved using the finite difference 

method (FDM). The MIXED discretisation method implemented in Aspen Adsorption was applied, which 

combines the stability of first-order Upwind Differencing Scheme 1 (UDS1) and the accuracy of third-order 

Quadratic Upwind Differencing Scheme (QDS). For each adsorption half-bed, 40 nodes were used, which leads 

to 80 nodes per column. Cyclic steady state (CSS) conditions were specified to be reached when the relative 

change of the solid temperature and total loading of two consecutive cycles was ≤ 10-5. This required 

approximately 3 to 10 hours of computational time on a multi-core machine with an Intel i7 chip (2.7 GHz, 8GB 

RAM) for each single parameter varied depending on which parameter was modified and the extent it was 

changed. Due to numerical fluctuations, the mass balance at CSS was not perfectly closed and on average, the 

overall mass balance error was -0.3 % while the N2 component balance error was 3.9 %. 
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2.3 Optimization Approach 

The primary separation objectives considered by these simulations were to (i) upgrade a 40 mol% CH4 + 60 

mol% N2 model natural gas mixture to a > 93 mol% CH4 heavy product able to meet regional pipeline 

specifications, while (ii) producing a light product containing > 99 mol% N2 to reduce CH4 emissions and also 

prevent CH4 loss. May et al. [23] suggested an iterative optimization workflow, which was applied in this work. 

The following steps are systematically repeated until convergence is achieved: 

1) Variation of heavy product to feed ratio H/F, which shifts the separation towards either increased 

heavy or light product CH4 composition.  

2) Feed time tF variation: Shorter tF to avoid breakthrough and improve product purity but larger tF for 

higher bed productivity. 

3) Light reflux RL variation: RL as high as necessary for optimized product compositions yH and yL but as 

low as possible to decrease compressor cycle work W. 

The parameters H/F, tF and RL were chosen as optimization parameters, whereas the pressure ratio, 

temperature, feed flow rate and location were kept constant during this procedure. The numerical values of 

these latter fixed parameters are listed in  

Table 5. 

 
Table 5. DR PSA operating parameters that were kept constant during the optimization approach. 

Parameter Value 

Low pressure [bar] 1.0 

High pressure [bar] 5.0 

Temperature [°C] 25 

Feed flow rate [SLPM] 1.25 

Axial feed location [-] 0.5 

 

3. Results and Discussion 

3.1 Heavy Product to Feed Ratio Analysis 

One of the advantages of DR PSA over conventional PSA is that its separation performance can be adjusted by 

manipulation of the material balance relations, which are shown in Eq. 11 and Eq. 12. 

𝐹 = 𝐻 + 𝐿     Equation 11 

𝐹 ∙ 𝑦𝐹 = 𝐻 ∙ 𝑦𝐻 + 𝐿 ∙ 𝑦𝐿      Equation 12 

Here F, H and L are the feed, heavy and light product flow rate and yF, yH and yL are the mole fractions of the 

heavy component in the corresponding stream. Perfect separation corresponds to yH = 1 and yL = 0. Therefore, 

the theoretical boundaries for the heavy (yH,b) and light product (yL,b) can be derived as a function of the heavy 

product to feed ratio H/F: 
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𝑦𝐻,𝑏 =
𝑦𝐹
𝐻

𝐹

      Equation 13 

𝑦𝐿,𝑏 =
𝑦𝐹−

𝐻

𝐹

1−
𝐻

𝐹

      Equation 14 

The separation boundaries and the simulation results are shown in Figure 4 for relevant H/F ratios. To achieve 

a target of 93 mol% CH4 in the heavy product and 1 mol% CH4 in the light product, the H/F ratio needs to be 

constrained between 0.39 and 0.43. Perfect separation is only possible when H/F = yF, which presumes an 

ideal separation process. As this is not achievable in reality, the separation performance can be shifted to 

achieve the higher priority production composition by varying H/F towards either increased heavy or light 

product purity depending on which separation target is more difficult to achieve. 

 

 

Figure 4. CH4 fractions in the a) light (yL) and b) heavy product (yH) for all four cycle configurations (PL-A, PH-
A, PL-B, PH-B) as function of the H/F ratio using AC1 (solid symbols) and ILZ (hollow symbols) at constant tF = 

90 s and RL = 1.5 SLPM. The arrows indicate the direction in which H/F should be varied to bias the 
separation in favour of one product’s purity at the expense of the other. 

Figure 4a shows that the light product CH4 fraction decreases with increasing H/F, which is consistent with the 

separation boundary trend derived from the material balance relations. This applies to all configurations 
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except for PH-B, where the trend seems to be constant when AC1 is the adsorbent. All four cycles perform 

differently in terms of their ability to produce a light product stream with low CH4 concentration. B cycles 

which use the light gas for pressure transfer show poorer performance than A cycles which use the heavy gas. 

For activated carbon AC1, the PL-A cycle achieves the highest CH4 recovery with 6 mol% CH4 remaining in the 

light product, which does not meet the desired 1 mol% CH4 separation target. The ILZ adsorbent performs 

considerably better and both the PL-A and PH-A cycles are able to produce a light product stream containing 

< 1 mol% CH4 at H/F = 0.43, which meets the requirements. 

The CH4 fraction in the heavy product yH decreases with increasing H/F ratio for both adsorbents, as displayed 

in Figure 4b. The PL-A cycle achieves the highest yH for both adsorbents reaching 85.4 mol% CH4 for AC1 and 

90.1 mol% CH4 for ILZ at H/F = 0.37. This underlines the superior performance of ILZ compared to AC1, which 

is also observed for the other cycle configurations. For AC1, both B cycles have the lowest yH with a significant 

improvement achieved for the PH-B cycle when ILZ is used. Neither of the adsorbents is able to reach the 

separation target of 93 mol% CH4. 

The main advantages of ILZ over AC1 are its increased CH4/N2 selectivity and packing density, which leads to 

its superior separation performance. The use of light gas B for the pressure reversal step clearly has a negative 

impact on the separation performance, especially on the light product CH4 fraction, when compared to the 

use of heavy gas A for pressure swing. This will be discussed further in the following section. 

 

3.2 Axial Bed Composition Profiles 

To further analyse the different separation performances achieved with the A- and B cycles, CH4 fraction 

profile plots are presented in Figure 5. The results were obtained for the PL-A, PH-A, PL-B and PH-B 

configurations using the ILZ adsorbent at the same process conditions and operational parameters. Figure 5a 

shows that PL-A and PH-A have a sharper separation front than PL-B and PH-B cycles at the top of the bed 

(fractional bed length zL = 1) near the end of the low-pressure feed/purge (FE/PU) step. In addition, both A 

cycles show lower CH4 concentrations in the upper section of the column because of the low CH4 mole fraction 

in the light reflux flow entering the bed at zL = 1. For PL cycles, the feed gas enters the adsorption bed during 

this step, which causes a discontinuity at zL = 0.5 due to mixing. 

In the next step of the cycle, the column is pressurized with either heavy (A) or light (B) gas, which leads to 

two completely different composition profiles, as shown in Figure 5b. For A cycles, the CH4 mole fraction 

increases up to 90 mol% CH4 in the lower part of the bed and strongly decreases at zL = 0.75 showing a steep 

separation front. This is caused by the accumulation of N2 which gets pushed into the top end of the bed during 

pressurization. Using light gas B for pressurization causes N2 enriched gas to be pushed into the bed, reducing 

the overall CH4 composition as the pressure builds. Light gas B dilutes the CH4 separation front in the bed 
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because N2 is the less strongly adsorbed component, and is thus only poorly retained by the adsorbent. 

Consequently, N2 intrudes into the whole bed and does not push back the CH4 during pressurization, which 

would be necessary for the formation of a sharp separation front. 

In the cycle’s third step, the column operates at high pressure and is fed with feed gas at zL = 0.5 for PH cycles 

and with heavy reflux RH for all cycles at zL = 0, as shown in Figure 5c. Analogous to the first step (Figure 5a), 

the injection of the feed gas into the middle of the column causes a discontinuity in the gas-phase composition 

profile. Both A cycles show a steep drop in CH4 mole concentration very close to the top end (zL = 1) of the 

adsorption bed, which indicates a good separation performance. For B cycles, the adsorption front only 

propagates to zL = 0.3 and is less steep compared to the A cycles. Additionally, the CH4 mole fraction is lower 

at zL = 0 and higher at zL = 1 for B cycles, which explains their poorer separation performance. 

Figure 5d displays the composition profiles at the end of the blowdown step. For B cycles, the gas flows 

through the top end (zL = 1) of the bed and therefore, most of the N2 is removed from the column. For the PH-

B cycle, a certain amount of N2 remains in the upper part of the column. This is due to the injection of the feed 

gas into the bed during in the previous step, which increased the amount of N2 in the column. For A cycles, 

the gas used for pressure transfer flows through the bottom end of the bed and mainly contains CH4. Hence, 

the CH4 mole fraction is increased in the region near zL = 0 relative to the case of the B cycles. 

 

 

Figure 5. Axial bed composition profile plots for PL-A, PH-A, PL-B and PH-B configurations using adsorbent ILZ 
(H/F = 0.4, tF = 90 s, RL = 1.5 SLPM) at the end of the a) low-pressure feed/purge (FE/PU) step with t = 90 s, b) 

pressurization (PR) step with t = 150 s, c) high-pressure feed/purge (FE/PU) step with t = 240 s, and d) 
blowdown (BD) step with t = 300 s. Arrows indicate the flow direction during the step. 
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3.3 Feed Step Time and Productivity 

The control of the feed step time tF is essential in adsorption processes to avoid breakthrough and to maximize 

productivity. Figure 6 shows the influence of tF (varied from 45 s to 120 s) on the separation performance at a 

constant light reflux rate of 1.5 SLPM and H/F ratio of 0.4. The target CH4 fraction in the light product yL (< 1 

mol%) was not achievable with the chosen parameter combinations, as shown in Figure 6a. The PL-A and PH-

A cycles with ILZ as adsorbent reached minima with yL of 0.017 and 0.012 CH4 mole fraction, respectively, at tF 

= 75 s. The trends show that further reduction of tF did not reduce yL and the increase of tF beyond 75 s resulted 

in higher yL which is not desirable in terms of CH4 recovery. Thus for the purpose of optimisation, tF was varied 

between 45 s and 75 s. The B cycle configurations are not competitive in terms of the yL value attained.  

Figure 6b shows the effect of tF on yH for all of the four configurations. The variation trend of yH is not the same 

for all cycles, but in general PL cycles seem to be more affected than the PH configurations. The yH values of 

ILZ are clearly superior to AC1. None of the cycle configurations using AC1 was able to upgrade the 40 mol% 

CH4 feed to a heavy product containing > 93 mol% CH4 while this was achievable by the PL-A cycle using ILZ at 

tF = 45 s. Further reduction of tF could potentially have had a positive effect on the resulting yH and this was 

further explored during the optimisation procedure. 

 
Figure 6. Influence of feed step time tF on the a) light (yL) and b) heavy (yH) product CH4 fraction for PL-A, PH-
A, PL-B and PH-B cycles using AC1 (full symbols) and ILZ (hollow symbols) at constant RL = 1.5 SLPM and H/F = 

0.4. 
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The required adsorbent amount for a given adsorption process is inversely proportional to the adsorbent 

productivity Zp as shown in Eq. 15: 

𝑍𝑝 =
𝑦𝐻∙𝐻∙𝑡𝐹

(𝑡𝑃+𝑡𝐹)∙𝑚𝑎𝑑𝑠
    Equation 15 

Here tP denotes the time for the pressure transfer step and mads the mass of the adsorbent.  

In Figure 7, the bed productivity Zp is shown at varying feed times tF with RL and H/F being held constant. For 

AC1, Zp ranges from (0.9 to 1.6) mol kg-1 h-1, which is higher than for ILZ whose productivity ranges from (0.6 

to 1.1) mol kg-1 h-1. Different packing densities of AC1 and ILZ are the cause as they lead to different values for 

mads (see Eq. 15) while the amount of CH4 produced from the beds containing the two adsorbents is similar. 

For either adsorbent, the PL-A and PH-A cycles achieve the highest Zp due to their superior performance in 

terms of the heavy product CH4 fraction yH when compared to the B cycles. In general, the productivity Zp 

increases with increasing values of tF because more heavy product is produced. Such higher tF values also lead 

to poorer yH, revealing the usual trade-off between product purity and bed productivity. 

 

Figure 7. Productivity Zp versus feed time tF at constant RL = 1.5 SLPM and H/F = 0.4 for AC1 (full symbols) 
and ILZ (hollow symbols). 

3.4 Capacity Ratio Analysis and Cycle Work 

The light reflux RL has a major impact on the separation performance of DR PSA processes. The amount of the 

refluxed material, together with the amount of feed gas, determines the usage of the adsorption bed. May et 

al. [23] suggested an advanced definition of the bed capacity ratio ℂ to take into account the main operational 

parameters such as the feed step time tF and the heavy reflux RH (and therefore RL). ℂ describes the utilization 

of the available adsorbent capacity in the high-pressure bed during the FE/PU step. We use here a slightly 

modified definition of the bed capacity to ratio: 

ℂ =
𝑦𝐻∙𝑅𝐻∙𝑡𝐹

𝑛𝐴
𝑔𝑎𝑠

+𝑛𝐴
𝑎𝑑𝑠 +

𝑦𝐹∙𝐹∙𝑡𝐹

𝑛𝐴
𝑔𝑎𝑠

+𝑛𝐴
𝑎𝑑𝑠    Equation 16 

with 

𝑛𝐴
𝑔𝑎𝑠

= (𝑦𝐻 − 𝑦𝐻
′ ) (

𝑃𝐻𝑉𝑏𝑒𝑑𝜀

𝑅𝑇
)    Equation 17 
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𝑛𝐴
𝑎𝑑𝑠 = 𝑚𝑎𝑑𝑠(𝑄𝐴 − 𝑄𝐴

′ )     Equation 18 

Here yF denotes the heavy component fraction in the feed, PH the high pressure, Vbed the bed’s volume, ε the 

bed void, R the ideal gas constant, T the bed temperature and QA the adsorbent capacity. Note that for 

parameters that vary over a cycle, such as RH, the cycle’s average value was used to compute ℂ. Equation (16) 

differs from the definition proposed by May et al. [23] through the omission of the (1 – zF) factor in the second 

term on the right hand side. This has been removed because the calculation of the column’s capacity for the 

adsorbate A in the gas and adsorbed phase (𝑛𝐴
𝑔𝑎𝑠

 + 𝑛𝐴
𝑎𝑑𝑠) is not influenced by the feed location. Comparing 

with the definition proposed by May et al. [23], removing the (1 – zF) term will not affect the ℂ factor value for 

PL cycles, but will lead to lower ℂ values for PH cycles. 

 

 

Figure 8. Influence of bed capacity ratio ℂ on a) light (yL) and b) heavy (yH) product CH4 fraction using AC1 
(full symbols) and ILZ (hollow symbols) by varying RL from 0.5 SLPM to 2.5 SLPM at constant tF = 90 s and H/F 

= 0.4 for all four cycles (PL-A, PH-A, PL-B, PH-B). 

Figure 8a shows the light product CH4 fraction at varying bed capacity ratio ℂ for all cycles and both adsorbents. 

ℂ was varied by increasing RL from (0.5 to 3.0) SLPM with tF and H/F being held constant. In general the A 

cycles achieved lower yL values than the B cycles for each of the two adsorbents, and the variation of RL could 
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not improve the yL achieved by the B cycles to the degree necessary to be competitive with A cycles. None of 

the cycles using either ILZ or AC1 was able to reach the target light product CH4 mole fraction of 0.01. 

Nevertheless, the results for PH-A and PL-A using ILZ (yL = 0.014 and 0.019, respectively) seem promising as 

they are much closer to the desired yL value than those shown by cycles using AC1.  

Figure 8b shows the variation of the heavy product CH4 fraction yH versus the bed capacity ratio ℂ. The trends 

for AC1 are similar to that for ILZ but at a lower CH4 fraction. For each adsorbent, the A cycles achieved higher 

yH values than the B cycles. The highest yH achieved by the A cycles was 0.906 for a PL-A configuration using 

the ILZ zeolite, while the highest yH achieved by the B cycles was 0.85 for a PH-B cycle using ILZ. Overall, the 

CH4 enrichment to the target of 93 mol% CH4 is challenging and could not be achieved by varying the reflux 

flow only.  

 

Figure 9. Heavy product CH4 fraction yH vs polytropic compression duty achieved by varying RL from 0.5 to 
2.5 SLPM with constant tF = 90 s and H/F = 0.4 for AC1 (full symbols) and ILZ (hollow symbols). 

Figure 9 shows the correlation between yH and the compression duty required for one cycle. The data were 

generated by increasing the light reflux flow RL, which in turn increased the heavy reflux flow rate RH as more 

material was recycled and retained in the system at a fixed H/F ratio. The flowrate of RH dominated the 

required compressor duty: thus, the RH (and therefore RL) should not be further increased once the maximum 

of yH for each configuration is achieved. For both adsorbents, the PH-B and PL-B cycles required between (6.1 

and 8.2) kJ mol-1 and the PL-A and PH-A cycles required between (8.1 and 9.2) kJ mol-1 to achieve their 

corresponding yH maxima. The slightly higher energy consumption of the A cycles is due to the fact that they 

need to transfer more gas than the B cycles during the pressure reversal step. Both adsorbents are methane 

selective so more of the CH4-rich transfer gas is adsorbed during the pressurisation step of an A-cycle than is 

the case for the N2-rich transfer gas during the pressurisation step of a B-cycle. Thus, to reach the same final 

pressure, more gas must be transferred in A-cycles. This higher energy consumption results in the better 
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separation performance of the A cycles in terms of heavy product CH4 fraction yH and CH4 recovery. The highest 

yH value of 90.6 mol% CH4 was achieved using ILZ with the PL-A configuration and required 9.1 kJ mol-1. 

3.5 Optimization Results 

The operational parameters H/F, tF and RL were iteratively varied to optimize the separation performance and 

hopefully meet the product specifications. The results presented in Figure 4, Figure 6 and Figure 8 indicate 

that separating the 40 mol% CH4 + 60 mol% N2 feed gas mixture into a > 93 mol% CH4 heavy product stream 

and a < 1 mol% CH4 light product stream was not readily achievable with the specified bed size. The parameters 

that delivered the optimised performance together with the maximum yH and yL achieved, and the 

corresponding power consumption W and bed productivity Zp are summarized in Table 6. For AC1 as the 

adsorbent, the PL-A cycle showed the best results with yH = 0.864 and yL = 0.067 at a power consumption of 

11.6 kJ mol-1. For ILZ as the adsorbent, PL-A cycle produced the best separation performance with yH = 0.916 

and yL = 0.010 with a corresponding compressor duty and adsorbent productivity of 16.7 kJ mol-1 and 0.814 

mol h-1 kg-1, respectively. None of these cases satisfied the heavy product specification of yH > 93 mol% yet. 

Although the yH can be boosted by shifting H/F or tF, this approach will inevitably breach the specification of < 

1 mol% CH4 in the light product.  

 

Table 6. Optimized operational parameters and results for AC1 and ILZ. 

 F [SLPM] H/F RL [SLPM] tF [s] yH (CH4) yL (CH4) W [kJ mol-1] Zp [mol h-1 kg-1] 

AC1 

PL-A 1.25 0.40 2.5 30 0.864 0.067 11.6 0.861 

PH-A 1.25 0.40 3.0 30 0.838 0.078 10.8 0.835 

PL-B 1.25 0.40 2.0 45 0.769 0.170 9.7 0.986 

PH-B 1.25 0.40 3.0 45 0.752 0.191 9.6 0.964 

PL-A 1.00 0.40 2.5 30 0.871 0.061 14.27 0.694 

ILZ 

PL-A 1.25 0.41 2.0 55 0.916 0.010 16.7 0.814 

PH-A 1.25 0.39 2.0 60 0.897 0.010 14.1 0.833 

PL-B 1.25 0.40 1.5 30 0.867 0.124 8.0 0.483 

PH-B 1.25 0.40 2.0 60 0.871 0.203 7.6 0.747 

PL-A 1.00 0.39 2.5 35 0.940 0.010 19.1 0.450 

 
Nevertheless, the performance achieved by the optimized PL-A cycle using ILZ was sufficiently close to the 

target specifications, that we subsequently investigated under what condition they might be satisfied. 

Retaining the optimised cycle parameters, the feed flow rate was simply reduced from 1.25 SLPM to 1.0 SLPM 

for the PL-A cycle with ILZ. This reduction of the feed flow rate was followed by a second iterative optimisation 

procedure and led to the final optimised results as indicated in the final row of Table 6. The separation target 

of > 93 % CH4 in the heavy product could be reached without compromising the light product constraint of < 

1 mol% CH4 in the light product. This separation requires a compressor duty of 19.1 kJ mol-1. Due to the lower 
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feed flow rate and therefore lower heavy product flow, together with the short feed time of tF = 35 s, the 

productivity of the optimized case is comparatively low at Zp = 0.45 mol h-1 kg-1. For the purposes of 

comparison, the PL-A cycle with AC1 was also tested at a reduced feed flow rate of 1.0 SLPM. The improvement 

in separation performance was minor relative to the original feed flow rate and thus further optimization was 

not pursued. Preliminary studies investigating the effect of varying the feed location were also carried out but 

none achieved the specific separation target. However, a more extensive investigation into the impact of feed 

locations together with cycle optimisation could potentially reveal the settings needed to meet the separation 

goal. This is being considered for investigation in future work. 

 

4. Conclusions  

The upgrade of a model sub-quality natural gas mixture containing 40 mol% CH4 + 60 mol% N2 by DR PSA was 

studied numerically. A dynamic non-isothermal model was constructed using the Aspen Adsorption software 

package. The commercial activated carbon AC1 and the recently developed ionic liquidic zeolite ILZ were 

studied as the adsorbents and the separation performance of the four different DR PSA cycle configurations 

was investigated. An iterative optimization approach was applied varying the H/F ratio, the feed step time tF 

and the light reflux flow RL leading to optimized separation performance for a given set of fixed parameters. 

Bed productivity and the compressor duties were obtained for each cycle at optimized conditions. In terms of 

the heavy and light product CH4 fraction, A configurations were far superior to B cycles. The PL-A cycle using 

ILZ as adsorbent achieved the best separation performance with 91.6 mol% CH4 in the heavy product and 1 

mol% CH4 in the light product for a compressor duty of 16.7 kJ mol-1. To achieve a notional objective of more 

than 93 mol% CH4 in the heavy product and 1 mol% CH4 in the light product, the feed flow rate F was reduced 

by 20 % from (1.25 to 1.0) SLPM and the optimization approach was re-applied. The resulting optimized 

scenario was the PL-A cycle with the ILZ adsorbent, which delivered a heavy product stream containing 94 mol% 

CH4 and 1 mol% CH4 in the light product for a compression duty of 19.1 kJ mol-1. These results demonstrate 

how effective DR PSA processes can be at simultaneously producing two useful and high-purity product 

streams in natural gas upgrading processes, particularly when used with a highly selective adsorbent such as 

ILZ.  
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